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Abstract 
Organic solvent nanofiltration (OSN) is currently a promising technology for 
nanometre scale separations involving solvent based processes, such as refining, fine 
chemical and pharmaceutical manufacturing. With recent improvements of solvent 
resistant materials and membrane preparation techniques, some innovative applications 
of OSN have been proposed and experimentally tested in the laboratory. However, OSN 
processes are still far from widespread and are not able to fulfil industrial requirements, 
e.g. high yields and purity. For single stage membrane processes, it is difficult to 
achieve aforementioned industrial objectives. Therefore, a multistage OSN cascade was 
developed and studied here. Two typical but critical problems from pharmaceutical 
processing are introduced below to demonstrate the feasibility of the OSN cascade on 
these applications through experimental testing. Additionally, theoretical analysis and 
models to predict system performances are also developed. 
The first industrial problem tackled in this thesis is solvent exchange, which is a key 
unit operation in sequential organic synthesis. A multistage membrane cascade 
comprising a series of tailor-made flowthrough stirred cells was set up to continuously 
exchange thermally-sensitive solutes from a high boiling point solvent (HBS) to a lower 
boiling point solvent (LBS), which was a major hurdle in conventional distillation 
methods. In addition to the experimental and simulation works of the continuous 
counter-current cascade, two batch membrane solvent exchange (MSE) configurations, 
i.e. discontinuous and continuous diafiltration (DD and CD), were set up in a dead-end 
cell with the same membrane area as the flowthrough stirred cell for ease of comparison 
with each other. Since organic solvent use is one of the main concerns during chemical 
manufacturing due to both economic and environmental issues, it is also important to 
consider solvent consumption by process alternatives. As a result, a new green metrics 
namely solvent exchange efficiency was proposed to evaluate the three MSE schemes. 
The second industrial problem tackled in this thesis is the separation of pharmaceutical 
process-related impurities, which can critically affect end-product quality and 
apparently (e.g. potential toxic substance and coloured impurity) with only tiny amounts. 
Thus, it is very important to prevent and control impurities, such as reaction 
intermediates and by-products, during early-stage development. Also, it is highly 
desirable in the manufacturing of pharmaceuticals and fine chemicals to recycle 
valuable species, such as catalysts or unreacted raw materials, from the downstream 
mixtures. Therefore, the effectiveness of OSN at controlling minor components was 
tested in the single-stage cell and three-stage cascade under different model mixtures, 
conditions and membranes. Four diafiltration schemes were proposed and 
experimentally tested the possibility of process intensification for OSN. 
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i 	any specie in a mixture 
j impurity or minor component in a mixture 
k 	product or major component in a mixture 
n instantaneous sample or number of stage 
D fresh diafiltration solvent 
P permeate 
Q flowrate 
R 	retentate 
t total 
Supscripts 
average 
instantaneous 
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Chapter 1 
Introduction 
"To (earn 'without thinking is fahor in vain, 
to thinkwithout (earning is desolation. 
- Confucius (c. 551 BC-479 BC) 
1.1 Background and motivation 
Organic solvent nanofiltration (OSN) is currently a promising technology for nanometre 
scale separations involving industrial solvent utilizing processes, such as: refining'' 21, 
fine chemicals13' 43, pharmaceutical manufacturingt5' 6] and food processing' 8]. Several 
innovative applications of OSN have been proposed and tested, accompanying recent 
advances in solvent resistant materials and membrane preparation techniques. Aside from 
vigorous research activities in laboratories, the potential for OSN is gradually being 
realized by industry. The advantages of membrane processes include easy packaging or 
easy integration with other processes, good thermal stability, lower energy consumption, 
and lower environmental impact. Yet OSN processes are still far from widespread and are 
not able to simultaneously fulfil all industrial requirements. For current single stage 
membrane operation, it is difficult to achieve industrial expectations in one unit operation. 
Since membrane materials have been chosen and fabricated, the performances of the 
process (i.e. rejections and flux) are coinstantaneously pre-determined. Further 
development of OSN, such as the applications to complex fluid separation, are therefore 
limited by the intrinsic membrane properties (e.g. pore size and flux). As a result, there is 
a gap between material and process development of OSN membranes. 
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From a process engineering point of view, there is a lot of room to improve OSN 
operation. Cascading individual separation units is a good method to deal with the need 
for higher purity of process stream. Multistage systems provide design flexibility and also 
expand the scope of applications. The more parameters and variables involved in OSN 
membrane systems, the higher the degree of freedom provided for the process. Therefore, 
the separation ability is not confined to single species, and can be applied for either 
solvent mixtures or multiple solutes. One example is swapping solutes from one carrier 
solvent to another, and another is separation of product or impurity from mixtures. These 
proposed schemes of the cascade fulfilled the imagination for more applications, such as 
raw material in-process recovery and fractionation of a multiple solutes system. In 
addition to the design of multistage systems, a single stage OSN membrane can be 
operated in several different modes by additional streams to enhance the separations of 
multicomponent mixtures. To sum up the above concerns, the search for efficient and 
cost-effective separation methods is a longstanding target in chemical process 
engineering; meanwhile it gives the author a huge motivation to continue the study of this 
field. 
1.2 Overview and scope 
It is delightful to see a recent report about OSN processes that have been successfully 
applied to refining processes at industrial scaler"". The applications of OSN to 
pharmaceutical and fine chemical manufacturing are still in their infancy although many 
of the concepts have been demonstrated in laboratories[3, 4, 17, 40, 48, 202]. One of the 
bottlenecks is that most of the current OSN studies were performed in batch, single-stage, 
units. To further develop OSN into manufacturing requires consideration of a broader 
extent, such as flexibility and continuous operation, cost effectiveness and the impact on 
the environment. For a single stage membrane process, it is not easy to achieve all 
industrial expectations simultaneously. Moreover, the real separation problems in 
industry are normally more complex, e.g. multi-solute system or solvent mixtures, and 
have different aspects of concerns, e.g. economics and regulations. Two typical but 
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critical problems (i.e. solvent exchange and purification) in pharmaceutical processing 
are dealt with in this study. The two case studies are used to demonstrate the feasibility of 
the OSN membrane cascade for these applications, and to test the effectiveness of process 
configurations. 
The first industrial problem to be tackled is solvent exchange, a key unit operation for 
organic synthesis in pharmaceutical manufacturing. For active pharmaceutical ingredient 
(API) synthesis, many sequential reactions are usually required, and often each must be 
carried out in a different organic solvent. In conventional solvent exchange via distillation, 
it is difficult to swap target compounds from a high boiling point solvent (HBS) to a lower 
boiling point solvent (LBS). This operation is identifiable as a major consumer of organic 
solvents and hence a key area in which solvent wastage can be reduced. Furthermore, 
subsequent pollution problems and health risks are of great concern. Thus, a 
counter-current membrane cascade was set up to continuously exchange target solutes 
from a HBS to a LBS. In addition, continuous and discontinuous diafiltration for solvent 
exchange were tested in an OSN membrane cell to compare with the performance of the 
cascade. 
The second industrial problem to be tackled is separating process-related impurities that 
occur during API manufacturing. Controlling these impurities and preventing them from 
entering pharmaceutical products has become an extremely critical issue for the 
pharmaceutical industry, especially due to strict regulations introduced by international 
86 185, 1] health organizations. [ Even tiny amounts of impurities existing in the total drug 
substance (< O. 1 wt.%) could affect the quality of drug products apparently (e.g. coloured 
impurities)[zoo, 1901. The high level of similarity in chemical structure of these impurities 
causes great difficulties in their selective removal, while many API are thermally labile 
and not suitable to normal temperature-dependent separation methods. Two model 
solutes were selected to represent API and colour impurity, respectively. By comparing 
different configurations and operating schemes, it has been shown that OSN membrane 
cascades offer a promising, robust solution for the purification of API product streams. 
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1.2 Objectives and study strategy 
This study aims to develop a multistage OSN system, i.e. membrane cascade, which can 
be tested for different operations and using different configurations to develop various 
applications of OSN in the chemical industries. Three tasks under the main objectives 
are listed below: 
Task 1. Design and setup a multistage OSN membrane cascade 
Task 2. Demonstrate that a multistage OSN membrane cascade can offer significant 
benefits in different applications 
Task 3. Evaluating overall performance and variant configurations of the cascade 
experimentally and theoretically 
The corresponding studying strategies for each task are presented below: 
The first task in this project can be separated into two parts. The first part is to develop 
and set up a membrane cascade system which possesses flexibility of configuration and 
operational parameters. The second part under this task is to develop a model which is 
able to predict the performance of OSN membrane cascade. 
The second task is to expand the range of applications of OSN membrane cascade to 
other processes. Two separation hurdles (solvent exchange and process-related 
impurities) in pharmaceutical manufacturing are selected to represent practical problems 
in the industries. 
The last task is executed through developing adequate metrics to evaluate the 
performance of a range of configurations and operation of single-stage OSN units and 
the multistage cascade. Several parameters, e.g. solvent consumption, yields and 
purities, are considered, to both fulfil industrial requirements and to measure the 
greenness of the process. 
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1.4 Structure and presentation 
This thesis is divided in six chapters. Chapter 2 provides a comprehensive review of the 
development of OSN technology from two aspects: membranes and processes. The 
former starts from a brief introduction to organic solvent resistant polymers and currently 
commercial available OSN membranes. Types of membranes and fundamentals are then 
introduced with the fabrication techniques. The governing mechanisms of aqueous and 
OSN membrane mass transport are interpreted with the help of related physicochemical 
models. The second part of this chapter highlights OSN membranes from a process aspect. 
The configuration of multistage and the membrane cascade theoretical calculations and 
applications. Specific literature reviews for different processes and individual 
applications are reviewed at the beginning of each chapter. 
Chapter 3 develops a counter-current cascade (CCC) for solvent exchange, and Chapter 4 
tests and compares membrane solvent exchange (MSE) in CCC with two other 
diafiltration modes (continuous and discontinuous diafiltration, CD &DD) in a single unit. 
The former experimentally investigates the feasibility of a continuous solvent exchange 
and the effects of number of stages and flowrate ratios on the performance. The latter 
compares the solvent exchange performance of two batch systems, and evaluates the 
processes from a green separation technology perspective. Both chapters develop process 
models to predict the solvent exchange efficiency. 
In contrary to the last two chapters, chapter 5 deals with separation of minor components 
in a mixture, as impurities removal is one of the main challenges in pharmaceutical 
manufacturing. The feasibility of OSN to control process-related impurities is 
demonstrated in this chapter. The last part of the thesis, Chapter 6, provides a concluding 
discussion and highlights areas for future research. 
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Chapter 2 
Literature Review 
Outline 
This review is divided in two parts: material aspects and process aspects of OSN 
membranes. The first part includes solvent resistant polymers, current commercially 
available OSN membranes, transport mechanisms and models of nanofiltration 
membranes, and present applications. The second part introduces different 
configurations and operation modes for multistage separation cascades. The former 
provides a fundamental view of OSN, while the latter presents important references 
regarding the design of new OSN processes for applications in chemical manufacturing. 
2.1 The need for OSN membrane development 
Membrane technology has been widely applied to various fields of daily life and 
chemical industries.11°1 A number of examples can be found in the literature, such as 
desalination1111, food and beverage processing1121, potable and ultra-pure water 
productionr13' 181  wastewater and contaminated groundwater treatment1141, target species 
removal (e.g. impurities and byproducts) in various manufacturing process1151, valuable 
and product recovery from waste streams14' 16, 17] The diversity and intensity of these 
applications are still rapidly increasing. Compared to other traditional separation 
technologies (e.g. distillation or chromatography), membrane technology offers an 
attractive alternative as it has lower energy consumption, less environmental impact, 
simpler operation and easier maintenance. [10, 11, 15]  
Among all types of pressure-driven membranes, nanofiltration (NF) undoubtedly 
attracts high interest since there is an increasing demand for separation of species at 
nanometer scale1181. As shown in Table 2.1, the applied pressure and pore size of NF 
membranes lie between those of ultrafiltration (UF) and reverse osmosis (RO) 
membranes1101. Initial developments of NF membranes were mainly for the separation of 
salts, sugars, mono- and bivalent ions in aqueous solutions. Typical applications of NF 
membranes include water softening (hardness removal)113' 19], reduction of organic 
carcinogenic precursors (e.g. disinfection by-products)1131, water demineralization, heavy 
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metals removal from effluents, and other chemical manufacturing processes, such as 
yeast production, textile production, electrolysis copper plating, cheese whey 
productiont201. However, many industrial chemical reactions are carried out in a 
non-aqueous environment. Therefore, organic solvent nanofiltration (OSN), which 
requires organic solvent resistant materials, could play an active role in those processes 
involving organic solvents, especially for synthesis of fine chemicals and 
pharmaceuticals. 
Table 2.1 Pressure-driven membrane processeslt01  
Membranes Structure Pore size range Thickness 
Mechanism 
of separation 
Pressure 
[bar] 
Flux 
[Lin-211-1  bar-i]  
Microfiltration 
(MF) 
(a)symmetric 
porous 0.05-10 gm 10-150 gm Sieve 0.1 — 2.0 > 50 
Ultrafiltration 
(UF) 
asymmetric 
porous 1-100 nm 150 gm Sieve 1.0 — 5.0 10- 50 
Nanofiltration 
(NF) composite ' <2 nm 
sublayer# 150 	u
IT toplayer# 1 gm 
Sieve+ (solution-
diffusion+ 
exclusion) 
5.0 — 50 1.4 -12 
Reverse 
Osmosis (RO) 
composite or <2  
symmetric 
nm sublayer# 150 	gm 
toplayerL7 1 gm 
Solution-diffusion 
+ exclusion 10 -100 
0.05 
1.4 
As more and more nanostructured materials are proposed and new fabrication methods 
are developed to synthesize OSN membranes 121, 22], applying tailored porous thin films 
to separate specific molecular weight solutes is getting more reality1231. However, there 
is another bottleneck for OSN membranes development as the multiple industrial goals 
of separation (such as high yields and purity) are not easy to achieve simultaneously in 
single unit operation of membrane separation. Multiple roles of membrane technology 
could be played (e.g. purification, concentration and fractionation) at different 
manufacturing stages. Besides, it can be easily integrated with other separation 
techniques. As a result, cascading membranes and/or modifying the configurations and 
operations were more immediate strategies to meet the multiple separation objectives in 
the industries. A quote from a new version textbookt241 is used to elucidate the 
bottlenecks and the needs of OSN membranes development here: "The extent to which 
a feed mixture can be separated in a single stage is limited and is determined by the 
separation factor. To achieve a higher degree of separation than possible with a single 
stage, a countercurrent cascade of membrane stages or a hybrid process can be applied." 
As it is a critical step to further proceed OSN developments and extend the applications 
in variant chemical manufacturing, this study aimed to complement the gaps between 
laboratory research and industrial process development. 
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For providing an overview of OSN membranes and process, this review is structured in 
two parts. The first part is an introduction to OSN membranes from material aspects, 
including: (1) a short review of solvent resistant polymers and current commercial 
available OSN membranes; (2) a comprehensive review of transport mechanisms and 
models for OSN; (3) a summary of these developments. In contrast, the second part of 
this review is wroted from a process point of view, i.e. multistage cascade, configurations 
and operations. Although separation performance of single membrane are mostly 
governed by their material properties, cascading and process modifications can 
overcome some intrinsic limitations of membrane properties, and eventually increase 
the overall efficiency and achieve multiple separation objectives. 
2.2 Material aspects of OSN membrane 
2.2.1 Membrane types and solvent resistant polymeric materials 
OSN membranes are one of the NF membranes, which can be defined as those are able to 
separate solute dimension down to few nanometers (stokes diameter <2 nm)1901 and have 
distinguished stability performance in organic solvents. Some groups called OSN as 
`solvent resistant nanofiltration' (SRNF)[8, 25-29], while some called `organophilic 
nanofiltration'E30I, 'non-aqueous nanofiltration' [31' 321 or 'hydrophobic solvent stable 
membranes' [331. The pore size and the applied pressure of OSN are in the range of NF 
membranes as shown in Table 2.1. One major distinction between NF and OSN was 
noted by Whitet9J: "water treatment systems use NF to define separation between charged 
ions and micro pollutants in aqueous phase, while OSN looks at separations in 
organic/organic mixtures." 
Integrally skinned membrane structure 	Thin-film composite membrane structure 
Figure 2.1 Schematic representation of two types of asymmetric membranes 
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In general, the structure of membranes is either symmetric or asymmetric. The 
asymmetric membranes, which consist of two or more structural planes of non-identical 
morphologiesr341, are superior to the symmetric membranes in terms of better intrinsic 
separation properties. The thickness of the ultra-thin dense top layer in asymmetric 
membranes is usually less than 0.5 gm, while the one for the supported porous layer is 
around 50-200 gm. Two types of asymmetric OSN membranes are illustrated in Figure 
2.1. The left one is integrally skinned and the right one is thin-film composite (TFC). 
Integrally skinned membranes are made from the one material. In contrast to integrally 
skinned membranes, each individual layer of composite membranes can be designed 
individually, giving them high selectivity for specific solutes in the ultra-thin barrier layer 
and compression resistance in the porous support layer. In addition, there are more 
choices for chemical composition (both linear and crosslinked polymers) in TFC, while 
integrally skinned membranes are limited to linear, soluble polymers only. 
However, the majority of commercial dense polymeric membranes (i.e. NF and RO) are 
prepared by interfacial polymerization of cellulose acetate (CA) and polyamide (PA), 
which are not stable in non-aqueous environment[351. Recent progress on solvent resistant 
polymers that can be used as OSN top layer, including polyacrylnitrile (PAN), polyimide 
(PI), polyetherimide (PEI), polyamide (PA), polyamidehydrazide (PAH), 
polyethersulfone (PES), poly(ether ether ketone) (PEEK), Sulfonated PEEK (SPEEK), 
poly(phthalazinone ether sulfone ketone) (PPESK), Sulfonated SPPESK (SPPESK), 
polydimethylsiloxanes (PDMS) and CA, as comprising good thermal and chemical 
stabile properties.123' 26]  Polymers candidates for support layers in composite OSN 
membranes include PAN, poly(vinylidene fluoride) (PVDF), PI, polysulfone (PSO, PES 
and polybenzyimidazole (PBI).1371 Polydimethylsiloxanes (PDMS) is one of the common 
polymers used as a top layer for composite OSN membranes. PDMS is a kind of 
polysiloxane, which is illustrated in Figure 2.2, wherein two R groups are methyl ones. 
PDMS can be made by polycondensation initiated by the hydrolysis of 
dimethyldichlorosilane.E381  
- R 
Si —0 — 
R 	- n 
Figure 2.2 Structure of polysiloxanes 
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Commercial polyimides, e.g. Lenzing P84 and Matrimid®, for OSN membranes were 
studied by See-Toh et a1.1391 and Desrocher[40I. The former tested the effects of several 
membrane formation parameters (e.g. polymer concentration, evaporation time and post 
casting annealing) on OSN performance (molecular weight cut-off and transport), while 
the latter studied the effect of parameters, such as annealing and blending ratio of 
crosslinking agents, on sorption and swelling behaviour of OSN membranes. 
Table 2.2 Commercially available nolvimides 
Polymer 	 Chemical structure 
P 84 (Lenzing) 
BTDA-TDI/MDI 
soluble in amides 
U 
N 
0 
r 
0 
I 	I Z' 
N.,..  
I 	I 
11 II . 
*.) 
„,—,,----,,,--\ ._. 	) 3-;,.. 
o 
I 
0 
ANII 
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N 	..„ 
0 
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I 
c.,. 
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Matrimid 5218 
(Ciba Geigy) 
soluble in amides, 
BTDA-AAPTMI  
1 	 o  
\ 
N 	 N 	` 
•-• 
chloroform, THE 
IS 	 I 	 i ....-- 
1 
0 	o 
Sixef-44 (Hoechst Celanese) 
6FDA-6FipDA 
chloroform, acetone 
soluble in amides, THF CF. 
0 
0 
CF, 
C JO"  I 
0 
N 	
I 
)— C —(0)— 
0 	 CF, 
r 
BTDA: benzophenone-3,3',4,4'-tetracarboxylic dianhydride 
TDI: 	toluene diisocyanate 
MDI: 	4,4'-methylene bis(phenyl isocyanate) 
AAPTMI: 5(6)-amino- 1-(4' -aminophenyI)-1,3-trimethylindane 
6FDA: 	5,5- [2,2,2-trifluoro-1-(trifluoromethyl)-ethylidenej-bis-1,3-isobenzofuranedione 
6FipDA: hexafluoro-2,2-bis(4-aminophenyl)propane 
Ulbrichtr231 listed polymers as materials for industrially established separation 
membranes, classified as nonporous, mesoporous and macroporous. A radiation 
cross-linked PDMS-PAN composite OSN membrane (GKSS Forschungszentrum) was 
prepared by Robinson et a1.1411 to study flux in different solvents. Siloxanes, are normally 
regarded as hydrophobic polymeric materials, with a low surface energy (14-18x10-3  
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N•m-1) than many other materials (e.g. aromatic polyamide has a relatively higher surface 
energy as 38-43x10-3 N-m-1). Recently, Volkov et al.1421 reported another new solvent 
resistant polymer, i.e. poly[1-(trimethylsily1)-1- propyne] (PTMSP) as an OSN material. 
Polymers used to prepare TFC OSN membranes via solvent casting include PDMS, 
poly(ethylene imine) PEi, poly(2,6-dimethy1-1,4-phenylene oxide) (PPO), sulfonated 
PPO (SPPO), bromomethylated PPO (PPO-Br, R=Br), poly(vinyl alcohol) (PVA), 
chitosan, poly(ether-b-amide) (PEBAX), polyacrylic acid (PAA), polyphosphazene 
(PPz), poly(aliphatic terpene), PTMSP and polyurethane (PU).1371 These polymers have 
a close/direct relationship with the intrinsic properties of the membrane fabrication 
materials chosen, especially the one used for coating the top layer. For example, the first 
key parameter affecting diffusion of a solvent molecule through a polymeric network is 
the polymer type as it was appointed by Bhanushali et al.1251. 
The molecular weight cut-off (MWCO) of commercial OSN membranes are between 
200 and 1,000 g•mol-1  (see Table 2.3). The STARMEM1'm series, which are 
manufactured by W.R. Grace & Co.E2' 431, is one of the common commercially available 
OSN membranes. These integrally skinned membranes, which are prepared from 
polyimides (e.g. Matrimid 5218 or Lenzing P84), have good fluxes rates and high 
rejection of soluteei. The backing material can be either nylon fabric or non-woven 
polyester fabric. This family of OSN membranes is prepared from phase inversion of 
polyimide. Table 2.2 depicts the chemical structure of commercial polyimides, and 
Figure 2.3 shows scanning electron microscope (SEM) pictures of STARMEMTM 122 
OSN membranes at a magnification of 500x and 10,000x. 
1. 0 k V 	x500...e.010.,.:rn 
• 
Figure 2.3 STARMEM 122 polyimide integral membrane cast on a nonwoven 
backing at 500x (right) and 10,000x (left) magnification. 
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Other commercial composite OSN membranes, Se1ROTM series (as shown in Table 2.3), 
are made by Koch Membrane System Co. These silicon-derived solvent stable 
membranes are made through three steps: (1) insolubilizing the polymer by crosslinking; 
(2) coating with a silicon layer; and (3) crosslinking the silicon layer.1451 Figure 2.4 shows 
a SEM picture of MPF50 composite OSN membrane. 
Figure 2.4 MPF-50 composite OSN membrane, MWCO = 700 g•rno1-1 cast on a non 
woven backing; polyacrylonitrile (PAN) support; PDMS (silicone rubber) top layer 
Table 2.3 Current commercial avalable polymeric OSN membranes 
Manufacturer Product name MWCO [g•mol 1] 
Top layer
- polymers Property 
W.R. Grace & Co. STARMEMThi 120 200 PI-based Hydrophobic 
STARMEM'm 122 220 PI-based Hydrophobic 
STARMEMTm 228 280 PI-based Hydrophobic 
STARMENI'm 240 400 PI-based Hydrophobic 
Koch Membrane System Se1R01m 
series 
MPF-44 250 PDMS-based Hydrophilic' 
MPF-50 700 PDMS-based Hydrophobic 
Hydrophobic MPF-60 400 PDMS-based 
Osmonics membrane D 900 PDMS-based Hydrophobic 
YK membrane N/A PA-based Hydrophilic 
Desal-5 350 PSf-backing Hydrophilic,' 
DL/DK 220 N/A Hydrophilic 
Desal-HL-51 150-300 PA-based 
PSf-backing 
Hydrophilic,' 
Celgard N3OF 400 PES-based Hydrophilic 
NF-PES-10 1000 PES-based Hydrophilic 
GKSS Forschungszentrum N/A N/A PDMS-based Hydrophobic 
Note. PI:polyimide; PDMS:polydimethylsilicoxane; PA:polyaromatic; PSf:polysulfone; PES: polyethersulfone 
<--->: strongly negative charged; <-->: mild negatively charged; <->: slightly negative charged. 
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Some OSN membranes are synthesized in laboratories with the purpose of comparing 
them with commercial ones and for further understanding of their transport mechanisms. 
To avoid repeated and redundant interpretations, the expression for the materials of 
composite membranes (A/B) is used to represent the polymers of the selective top layer 
(A) and the polymers of the support layer (B) thereafter. For example, Vankelecom et 
al. 461  used PDMS to coat on a PAN (PDMS/PAN) and polyester (PDMS/PE) support. 
Aerts et al.t471 also reported one labortatory-made PDMS-based OSN membrane which 
was treated by plasma on PAN/PE support. 
Stafie[48) also used a dip-coating method to prepare an OSN membrane, which comprises 
a PDMS top layer and a PAN support. Although both of them were prepared by PDMS in 
hexane, the former used 10 wt.% while the latter claimed 7 wt.% is the best weight 
percentage of PDMS. Stafie1491 also fabricated OSN membranes by dip-coating of a 
cross-linkable polyethylene oxide(PEO)-PDMS triblock copolymer on a PAN support. 
Stamatialis et al.t501 then compared the permeation performances of the two OSN 
membranes containing different properties, i.e. hydrophobic one (PDMS/PAN) with a 
more hydrophilic one (PEO-PDMS-PEO/ PAN). Addition of fillers, such as silica, 
carbon filters and zeolites, were investigated by Gevers et al.1271 to reinforce PDMS 
polymers in order to prevent membrane swelling. The zeolite-filled PDMS gave the 
most significant of swelling decrease of the three as zeolites induce an increased 
cross-linking density. Also, Robinson et al.t511 investigated the effect of cross-linking 
degree on the swelling of PDMS-based OSN membranes. In addition, Han et al.E521  
compared the overall mass transfer coefficients and partition coefficients of a silicon 
rubber to a commercial OSN membrane (MPF-50). The former is a dense membrane, 
composed by 30wt % fumed silica and 70 wt% PDMS, and the latter one has a top layer 
with the same material (i.e. PDMS) and a PAN support. These studies, which compared 
the commercial OSN membranes with the self-prepared membranes or available 
materials, contribute to a further understanding of the relationship between materials 
(polymer) and membrane performance. 
In addition to silicon-based OSN TFC membranes, a hydrophobic polymer, poly[1-
trimethylsily1]-1-propyne] (PTMSP), was used as a solvent resistant material for OSN 
membrane preparation.t421 However, the data for this new polymer type of OSN 
membranes were only shown its rejections of three dyes in ethanol. Longer term stability 
testing in different solvents and solutes are necessary. 
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2.2.2 Membrane separation mechanisms 
The performance of membrane processes in principle is dominated by two main issues: 
selectivity and productivity. The first is quantified by rejection (sometimes called 
retention) of target solutes, which is the main criteria to evaluate the feasibility of the 
separation process; the second key concern of membrane performance is solvent flux, 
which determines the efficiency of the process. To develop OSN membrane processes 
for non-aqueous solvent applications, it is necessary to understand the underlying 
transport mechanisms through the membranes, as the rejection and flux are governed by 
these mechanisms. 
To elucidate the membrane transport mechanisms, the development of transport models 
has to be introduced firstly. The modelling of membrane transport can be regarded as a 
physical or chemical quantitative interpretation of the solute behaviour through the 
membrane. The former, such as size exclusion, is believed to be the main separation 
mechanism for porous membranes (e.g. UF and MF membranes). On the other hand, the 
latter approach, such as diffusion and/or sorption, is regarded as the main separation 
mechanism for dense membranes (e.g. RO membranes). As the scale for NF membrane 
places it between UF and RO, the transport mechanisms of NF membranes could be size 
exclusion (with inherent pores) or diffusion/sorption (nonporous), and resolving which 
of these is the dominant mechanism is the subject of an ongoing debate. Details of 
membrane transport will be discussed in next section. Despite of the main suspended 
issues, various mechanisms, such as charge exclusion, dielectric exclusion and hydration 
mechanisms[53' 54],  have been observed and considered in the majority of aqueous NF 
membrane transport models. 
Some complex mathematical models based on the above assumptions and experimental 
observations have also been proposed. For example, Pontalier et al.t551  have developed a 
model comparing convective-diffusive flux in the pores and a diffusive flux in NF 
membrane materials. In addition, Bowen and his colleagues[56-611 have proposed a series 
of hydrodynamic models and electrokinetic space-charge models (Donnan-steric pore 
model, i.e. DSPM) for interpreting NF membrane transport mechanisms. An overview of 
aqueous NF modelling has been given in a NF textbook (Chapter 6)[18]. However, these 
models are not suitable for OSN membranes as they only considered solute-membrane 
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interactions in the aqueous environment. Solvents effects are much fewer addressed the 
attention in these models as less significant in the aqueous phase in comparing to which 
in the organic solvent phase.. The reason is due to the assumption of solvent diffusion is 
comparatively smaller than solute diffusion in aqueous solutions.[55]  Unlike aqueous NF 
membranes, the organic solvent plays an important role in the transport through OSN 
membranes. The characteristics of solvents and their interaction with membranes 
strongly affect the performance of the OSN process. In addition, concentration 
polarization on the membrane surface is also an important factor responsible for flux 
decline of membrane processes. This phenomenon needs to be addressed with more 
attention since it is not only critical to membrane performance but also affects OSN 
process development in its infancy. This section starts from basic membrane transport 
theories, followed by a review of recently developed models for OSN membranes, and 
ends with a brief introduction of concentration polarization. 
2.2.2.1 Mass transport for aqueous nanofiltration membranes 
Most of the transport models for nanofiltration membranes are originally adopted from 
RO membranes, since both of them are characterized as dense membranes. In general, 
dense membrane transport models162' 63]  can be divided into three types: (1) irreversible 
thermodynamics models, such as Kedem-Katchalsky (K-K) model and Spiegler-Kedem 
(S-K) model; (2) non-porous or homogeneous models (such as solution-diffusion, 
solution-diffusion-imperfection, and extended solution-diffusion models); and (3) 
hydrodynamic pore models (such as finely-porous, preferential sorption-capillary flow, 
and surface force-pore flow models). The first type is regarded as phenomenological 
models or so called 'black-box' models, while the last two consider the driving force 
(chemical potential, pressure and solvent activity) and mass transport through the 
membrane section. Although there is a long debate as to whether dense membranes 
contain physical pores or not[641, both solution diffusion (SD) and pore flow (PF) models 
provide good starting points for understanding transport mechanisms of OSN membranes. 
In this section, the differences between these two assumptions are compared and 
discussed, followed by an introduction to irreversible thermodynamics models. These 
models are helpful to fundamentally understand the underlining separation mechanisms 
of OSN membranes. Moreover, they can be integrated into process models of various 
applications in chemical industries. 
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To present an overview of the fundamental differences of two most frequently used 
models (or two concepts), a table and a figure were used for comparison. Table 2.4 gives 
a summary of assumptions used in SD and PF model. Figure 2.5 portraits the 
corresponding gradients through the membranes section. 
Table 2.4 Basic assumptions for solution-diffusion and ore-flow model 
Model Pressure (P) Chemical potential gradient ( it ) Solvent activity (a) 
Solution-diffusion 
(SD) model 
Uniform within a 
membrane 
Decreasing through a membrane Decreasing through a 
membrane 
Pore-flow (PF) 
model 
Decreasing through 
a membrane 
Uniform within a membrane Uniform within a 
membrane 
(a) Feed A 
side 
p 
P  
Permeate 	(b) Feed 
side 	 side 
P 
Permeate 
side 
a 
	► z 
Solution-diffusion model 
	► Z 
Pore-flow model 
Figure 2.5 Schematic membrane section for (a) solution-diffusion model and (b) 
pore-flow model 
The starting point of the SD model is based on thermodynamics, i.e. the flux of 
component i (4) is proportional to the gradient of chemical potential (du;/dz). The basic 
equations of SD model can be expressed as 
• = —Li 
 dz 
	 (2.1) 
where Li is a proportionality factor linking the chemical potential driving force with flux 
and is not necessary a constant. When the driving force is restricted in concentration and 
pressure gradient only (neglecting temperature and electromotive force), the chemical 
potential can be written as: 
• =91TdIn(aiC ) + v, dP 	 (2.2) 
where ai is activity coefficient, Ci is molar concentration, vi is molar volume of 
component i, 99 is gas constant and T is absolute temperature. Since the pressure is 
assumed as a constant in the SD model, combining Equation (2.1) and (2.2) get the 
9ITL,  dC D dC 
	
fluxt281: J = 	 (2.3) 
dz 	dz 
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If the term (91 TL;/C,) is replaced by the diffusion coefficient, Di, this equation has the 
same form as Fick's law. Further integrating the thickness of the membrane, 1, and the 
folloing equation results: 
—C ) 
(2.4) 
Similarity, the way of PF model describing the flux is to assume the flux is proportional 
to the gradient of pressure potential (dP/dz) as shown below: 
dP 
J,=—Lv dz 
	
(2.5), 
where L, is also a proportionality factor. So the PF model can be integrated across the 
membrane and gives Darcy's law as shown below: 
	
k,(Pf — Pp ) 	k, • AP J, = 	
1 	1 	
(2.6), 
where IcE, is the Darcy's law coefficient equal to the proportional coefficient (Lv) used in 
the Equation (2.5), and (Pf - Pp ) or AP represent the pressure difference between the feed 
and permeate side. If osmotic pressure difference across the membrane, All, is 
considered[181, then AP could be modified as AP, (AP,=AP-A17). Van Hoff's equation 
could be applied to calculate osmotic pressure difference between the permeate and 
retentate, All = 91T (Cif - Cip ).1941 
Since the physical or hydraulic transport through the hypothetic porous structure is 
normally regarded as pressure driven (PF model), Equation (2.6) can be rewritten as the 
well-known Hagen-Poisseuille (H-P) equation, i.e. 
	j(AP, J. 
— (g ,u • r 	1 
where r is average pore radius, ,u is solvent viscosity, 1 is membrane thickness (some 
textbookiwi and papers1921 used Ax) and r is tortuosity factor. For cylindrical 
perpendicular pores, the tortuosity is equal to unity. The quantity c is the surface 
porosity, which is fractional pore ares. The H-P model shows that the flux is 
proportional to the applied pressure and solvent viscosity, and was commonly used for 
aqueous systems permeating through porous media, such as MF and OF membranes.[I°1  
The SD model divides the transport into three parts: (1) the permeating component is 
firstly sorbed into the membrane, (2) followed by diffusion of the component through 
the membrane, and (3) the component desorbed from the membrane. As a result, a 
(2.7), 
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sorption/partition coefficient (Ice) is introduced into Equation (2.4). The flux of 
membranes can be expressed as below, which is a general form of the SD models. 
D k 	 —V • AP  )1 
J; = 	1 [C — 	
91T 
exp( 	 (2.8) 
In practical terms, (Dikill ) is often combined as a new parameter called permeability, P,. 
The primary assumption made the SD model treating the solute and solvent flux 
independently. For the case of pure solvent and by incorporation of the osmotic pressure, 
Equation (2.8) becomes 
• 
J = 	[1 — expr V
91 
 e )1 (2.9) 
T 
AP 
 
When the exponential term is small, Equation (2.9) can be simplified by a Taylor series 
approximation to 
= A • AP, 	 (2.10) 
where A= Ds k'C'Vl.  
1917' 
(2.11), 
and A is usually called the water permeability constant in the RO literature. 
Subscript i is used to represent the solvent and j the solute in a solution, an similar 
(-17., • Ape,1 . 
expression for solute flux can be interpreted by Equation (2.8). If is 
small, the exponential term in Equation (2.8) is close to 1. Then the solute flux can be 
simplified as 
Ji =B(Cif  —Cip ) 	 (2.12), 
D .K 
where B = 	 (2.13) 
and B is usually called the salt permeability constant. This approach was also massively 
used for OSN transport models in the next section. 
Another approach to describe the membrane transport mechanism is the 
phenomenological interpretation from an irreversible thermodynamical point of view. 
The initial model based on irreversible thermodynamics was developed by Kedem and 
Katchalsky (1962)1633. They proposed an equation (i.e. K-K model) to describe total 
volume flux, Jv, including solvent and solute, across the membrane as shown below: 
J v =J,V,+.1.,Vi =L p(AP- °All) 	 (2.14), 
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where a- and Lp represent osmotic reflection coefficientm and pure water (or pure solvent) 
permeability, respectively. 
They also derived an equation to predict the solute flux, Jj, which can be described as, 
J j = 	— 	+ (1— a- )J v 	 (2.15), 
where C jp and gin, are concentration of solutes in the permeate and on the membrane 
surface, respectively. This interprets that the solute flux is proportional to the logarithmic 
mean of the solute concentration across the membrane and to the total volume flux. 
A disadvantage of the above modelt621 is the dependence of the reflection coefficient on 
concentration. Therefore, Spiegler and Kedem (1966) modified Equations (2.14) and 
(2.15) to a concentration independent equation (S-K model). 
dP dll 
j'LP(—dz -cr—dz )  
And the solute flux, Jj, can be described as, 
— dCin, 
J j =—P — + (1— a),I, 
dz 
where 0-, P , and 4, represent reflection coefficient, solute permeability, and pure water 
permeability, respectively. Thus, the rejection of uncharged molecules (Rej.) in aqueous 
solution can be calculated as 
Rej. = 	 6(1— F) 
1-6F 
	
F = exp( 	
c  
1 
 P
a .1) 
with 
(2.18) 
(2.19). 
The represent reflection coefficient ( o) of a given component is the maximum possible 
rejection for the component.1311 
Because the K-K model and S-K model treat the membrane as a black box, it can be 
used to interpret all types of membranes. These phenomenological interpretations 
cannot be used to predict the solvent and solute flux from their physical parameters. 
Although some researchers were still using K-K model or S-K model to fit their 
experimental data, it is less theoretical sound when they are comparing with SD and PF 
models. However, these models considered the total flux as a combination of diffusion 
and convection. Thus, the two terms can be used to identify the contribution of 
solvent-coupled solute transport. 
The SD model is traditionally regarded as a diffusion-dominated process (activity 
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gradient), while in the PF model it is believed that membrane pores play an important role 
in membrane transport mechanisms (e.g. membrane morphology/structure parameters). 
Thus, the theoretical basis of the two models meet in the intermediate range — NF 
membranes. Both SD model and PF model can be used to interpret NF transport 
mechanism. In conclusion, either physiochemical (such as SD or PF model) or 
phenomenological models can be a good starting point for understanding the underlying 
transport mechanisms of OSN membranes. The following section extends the above 
fundamentals derived for aqueous NF and RO membranes, and has an insight into dense 
membranes transport (OSN) in non-aqueous environments, i.e. organic solvents. 
2.2.2.2 Mass transport for organic solvent nanofiltration membranes 
Mass transport of the Organic Solvent Nanofiltration (OSN) membranes is much more 
difficult to interpret than aqueous nanofiltration (NF) due to the following interactions 
occurring simultaneously in different organic solvents: (1) solvent-membrane (polymer) 
interactions, i.e. polymeric membranes sorption and swelling in organic solvents, which 
increases the free space between polymeric network (or say, enlarge the average size of 
nanopores); (2) solvent-solute interactions, which need to taking into account the 
coupling effects on the transport through OSN if it is too strong it cannot be neglected; 
(3) solute-membrane surface interactions, which cause a concentration polarization layer 
during high concentration of solutes in the feeds; (4) solute-solute interactions, which 
need to be considered as a multicomponent system. These interactions significantly affect 
the two main performance indicators of OSN membranes, i.e. rejection and flux. The 
relationship between these interactions and the factors affect the performance of OSN 
are schematically shown in Figure 2.6. For given an overview of OSN membrane 
processes, this section is focused reviewing the transport models and physicochemical 
parameters or factors used to interpret the transport through OSN membranes. 
For simplified modeling or for some easy cases (e.g. single pure solvent is used instead 
of solvent mixtures and weak solvent-solute interactions), assumptions of SD model are 
made to neglect solvent-solute friction and the solvent-solute coupling effects. However, 
in the case of solvent mixtures or strong interactions between solvent and solute, these 
assumptions cause imprecision of the SD models. Therefore, the first step is to check 
these assumptions, modify to adopt the practical cases (variant organic solvent phase) 
and then test the validity of models. 
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Interactions between solvent and solute 
Solvent-solute coupling 
effects 
1. Viscosity 
2. Polarity 
3. Solubility parameter 
4. Contact angle 
and surface tension 
5. Dielectric constant 
Rejection 
External factors 
(e.g. driving force): 
1. Pressure 
2. Temperature 
3. Flows 
Solute aspect 
1. Molecular weight 
2. Solute charge 
3. Solute geometry (size, length, height) 
4. Solute concentration 
(concentration polariazation phenomna) 
5. Solvent composition 
(multi-components) 
6. Solubility parameter 
Flux 
Factors affect transport 
through OSN membranes 
Membrane aspect 
1. Polymer type (materials of top layer and support layer, copolymer—) 
2. Formulated structure (pore size, pore size distribution, porosity, MWCO) 
3. Surface character (hydrophobic/hydrophilic, charge, roughness) 
4. Cross-linking degree (degree of swelling, swelling tendency) 
5. Compaction 
6. Thickness 
7. Membrane formation parameters 
(polymer concentration, evaporation time, post casting annealing, 
annealing and blending ratio of crosslinking agents) 
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Figure 2.6 Interactions between solvent, solute and membrane for interpretation the 
factors affect transport through OSN membranes 
Historically, Sourirajan et al. (1968) and Paul et al. (1970)[651 have used cellulose acetate 
or natural rubber membranes, respectively, to study non-aqueous solvent transport.[291  
Adam et al.1661 also used asymmetric PAN and cellulose membranes to study permeation 
of organic solvents in polymers. They used the SD model to describe solvent transport 
mechanism in hyperfiltration, which they defined as a process of forcing a liquid mixture 
through a non-porous membrane by the application of pressure at the upstream side. After 
asymmetric OSN membranes were fabricated in the last decade, it became possible to 
study the transport mechanisms through the membranes and the interactions between 
solvent, solute and polymer (membrane). 
Solvent permeation through OSN and solvent-membrane interactions 
Initial studies of solvent-membrane interactions during OSN permeation focused on 
investigating key parameters affecting the solvent flux and attempted to find a 
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reasonable correlation between experimental data (solvent flux) and the solvent 
properties. The study of effects of different external driving force (e.g. temperature and 
pressure) on the solvent flux were firstly carried out by experimentally and then 
observed the solvent-membrane interactions. For example, Yang et a1.E671 compared the 
membrane stability, flux and retention in water and different organic solvents (methanol, 
ethyl acetate, toluene), while Whu et a1.r701 investigated OSN membranes in methanol. 
The former tested three OSN membranes (MPF-44, MPF-50, MPF-60) with other three 
aqueous NF membranes (UTC-20, Desal-5, Desal-DK) while the later used MPF series. 
Gibbins et al.1681 also observed solvent flux and solute rejections differences at different 
pressures by using three different membranes (STARMEMerm 122, MPF-50 and 
Desal-DL). The early studies identified the importance of a pre-conditioning step for 
OSN membranes permeation'681. The effects of pre-conditioning on the performance of 
OSN membranes (Desal-DK, STARMEMTM 228 and MPF-50) were later investigated 
by Zhao et al.E1961  
Several empirical models were proposed after experiment works in different organic 
solvents passing through the commercially available OSN membranes being carried out. 
Machado et al.1691 compared permeability of pure and mixed solvents in a silicone-based 
OSN membrane (MPF-50) and discussed the primary parameters affect the solvent flux. 
Two approaches adopted from UF membranes were introduced to understand the 
transport mechanisms of OSN. The first is viscous approach, which introduced an 
empirical parameter (a) to characterize the ratio of membrane solvent permeability, 19, 
to membrane water permeability, Pi, is expressed as 
= 
 P/
, 	 (2.20), 
k 
so that flux 
AP 
J,— a • rk  - . 	 (2.21) 
The second approach is solubility approach, which considered flow resistance as a result 
of solubility difference between aqueous solution and the membrane. Through a 
systematic study of the effects of solvent properties on permeate flow, Machado et al.r69' 871  
obtained an insight into the interactions between solvents and membranes. They took into 
account solvent-membrane interactions and developed their generalized approach, i.e. 
resistance-in series model, which is based on the OSN membrane's structure, including 
(1) an NF top skin, (2) an intermediate UF layer, and (3) a base support layer. 
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Corresponding resistances can be categorized as: (1) surface resistance RS at the pore 
entrance, (2) viscous resistance R' during flow through the NF portion of the pore, and (3) 
viscous resistance R 2 during flow through the OF portion of the pore. So, solvent viscous 
flux through this composite porous nanofiltration membrane was described as: 
AP 	AP  jig 	— 
R, 	Rs0  + Rn + R2  
According to the experimental rejection data of pure solvents and mixed solvent, theyr69' 
87]  examined and analyzed the effect of several solvent properties (e.g. polarity, viscosity, 
dielectric constant, molecular size, dipole moment and Hildebrand solubility parameter) 
in the solvent-membrane interaction (e.g. contact angle and surface tension, and 
membrane process activation energy). They also compared other previous studies on 
temperature and pressure effects in aqueous solution with their data in organic solvents. 
J 	r 
11 	Oh/critical — 70+ fid+ 1217 
where fj is a solvent-independent factor characterizing the first NF layer, f2 is a 
solvent-independent parameter characterizing the second OF layer and 0 is a solvent 
parameter. 
Machado et al.'s resistance-in series modelt691 considered two parameters in solvent 
permeation through OSN, i.e. viscosity and the difference in surface tension between 
the solid membrane material and the liquid solvent, as shown in the Equation (2.16). 
Although this model was innovative to take the latter parameters into account, this 
model is not valid for all types of OSN membranes (hydrophilic one only). This was 
observed by Yang et a1.E671, where the difference of fluxes for the same membrane 
(MPF-50) and solvent (methanol) measured between Machado et al.t691 and Whu et a1.1" 
was reported. 
van der Bruggen et a1.171] experimentally tested Machado's model. They used N3OF 
(MWCO = 400 g•morl ), NF-PES-10 (MWCO = 1000 g.mo1-1), MPF-44 (MWCO = 250 
g•morl) and MPF-50 (MWCO = 700 g•mo1-1) for three solvents (water, ethanol, n-hexane) 
and four solutes, i.e. maltose(Mw =342 g•morl), raffinose(Mw=504 g•mol-1), DL-a-
tocopherol hydrogen succinate (Mw =531 &mai) and 2,2'-methylenebis-(6- tert-
butyl-4-methyl phenol) (Mw =340.5 g•morl ). 
White[441 used the SD model, as shown in Equation (2.8), to examine transport properties 
of six different solutes in toluene for polyimide-based OSN membranes. These solutes, 
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including n-Decane (C10), 1-Methyl-naphthalene (C11), n-Hexadecane (C16), 
1-Phenylundecane (C17), Pristane (C19) and n-Docosane (C22) covered from straight 
chain to branched alkanes, and from aromatic to non-aromatic compounds. The rejections 
of branched and unbranched alkanes were compared in this six marker's method. 
Williams et al.1721 proposed two models, i.e. modified solution-diffusion (MSD) and 
diffusion-adsorption (DA) model to respectively describe the mechanisms in the 
steady-state and unsteady-state organic-membrane interfaces. They concluded that the 
DA model is more suitable, in the case of polyamide-based NF membranes (Desal HL) 
and thin-film composite RO membranes (FT30-BW, FilmTech Corp.), than the former 
SD model. For some reason, the solvent fluxes reached a steady-state much faster while 
the organic solutes were adsorbed in the membrane pores (or wall). 
Bhanushali et a1.[251 tested one hydrophobic OSN membrane (DS 11 AG, Osmonics) and 
two hydrophilic (MPF-50, Koch and membrane D, Osmonics) in polar (methanol, ethanol, 
and iso-propanol) and non-polar (pentane, hexane, and octane) solvents. They considered 
surface energy (ysv) and derived a correlation model to predict the pure solvent 
permeability of OSN membranes based on their physical properties, i.e. viscosity (y), 
molar volume (Vm) and surface tension. 
«A N11-1 
P Anti 	 (2.24) 
where A is the pure solvent permeability coefficient (analogous to the pure water 
permeability constant A in Equation (2.10)). Moreover, Bhanushali et al.E281 used the 
S-K model to include both the convective and diffusive transport of the transport 
through the membrane. A surface force-pore flow (SF-PF) model, which considers 
solute-solvent-membrane interactions and types of solvent, was used to form a 
dimensionless potential function 9(x): 
(ON 	BSFPF I d 3  pw  v(x)= 	= 
3 	
(2.25), 
I(d P ldPw )- xl  
where x is the dimensionless pore distance, co( r) is the potential function, BSFPF  is the, 
proportionality constant in potential function and dp„, and dp are the effective radius of the 
membrane pore after preferential solvent wetting and radius of the membrane pore. This 
potential function 9(x) is aimed to obtain a relation between the solute and the 
membrane material. Also, parameter BSFPF can be used as a measure of the 
solute-membrane interaction. 
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Geens et al.t921 compared the four existing models: (1) Hagen-Poisseuille model, (2) 
Jonsson and Boesen, (3) Machado's resistance-in series modelt691,  (4) Bhanushali's 
modelt251,  and used the qualitative elements from them to develop a semi-empirical 
model for interpretation the solvent permeation through OSN. Original H-P model, as 
shown in Equation (2.7), considered the viscosity as the first solvent parameter. Then, 
Jonsson and Boesen modified the H-P model and considered another solvent parameter, 
i.e. molecular size of the solvent, as shown below 
1  
1? X,,,,•C)  
M 
AP T•1) 
(2.26), 
   
where XSM is a friction factor between the solvent molecules and the pore wall, and M is 
the molecular weight of the solvent. The friction parameter is determined 
experimentally for each solvent-membrane combinations. 
Geens et a1.[921 proposed a modified PF model with three parameters, i.e. momentum 
transport, molecular size effects, and membrane-solvent interactions. This new 
semi-empirical model is based on Bhanushali's two-parameter model, which modified 
Bhanushali's model and introduced another factor (i.e. the difference in surface tension 
between the membrane and the solvent). 
Although the majority of the approaches to study the transport mechanisms of OSN are 
either SD or PF models, the phenomenological models are useful to interpret from a 
broader view and a more neutral angle. Since the two type models have already fixed 
(or limited) themselves in their initial assumptions, phenomenological models (e.g. K-K 
model) provide a more neutral angle among them. For instance, Gevers et al.t261  used 
K-K model (shown on Equation 2.15) to identify the contribution of diffusion and 
convection during permeation through PDMS-based OSN membranes in different 
solvents. 
Pault861 reformulated the solution-diffusion model from ternary Maxwell-Stefan (M-S) 
equations, which considered membrane as a third party involved in mass transport. 
However, Pault861  used M-S equations to interpret the composition in the upstream side 
(feed and retentate) and downstream (permeate) side of membrane as M-S equations were 
originally developed for multicomponent diffusion in gases at low density. 
Vankelecom et al.t461  used a commercial (MPF-50) and a laboratory-made (PDMS/ PAN/ 
PE) OSN membranes to study the transport behavior of solvents. They simplified Paul's 
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reformulated solution-diffusion model (by neglecting frictional coupling effect of the 
solute transport on the solvent transport) and interpreted the mass transport: 
D, k C V Op —Az) 
J, _ 	Lo 
CO2/ )-F 
co. (e j  
(2.27) 
(2.28) 
(2.29) 
(2.30) 
1 	RT 
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Pontalier et al.155' 741 proposed one model taking into account five parameters, including 
membrane permeability, pore size, charge and size of the molecule. This model 
considered that mass transfer through nanofiltration membranes is a combination of 
convective-diffusive flux in the pores and a diffusive flux in the membrane material. 
Solvent permeation of OSN membranes has been theoretically discussed by several 
groups. 
Solute rejections and transport through OSN membranes 
The solute rejection of OSN in non-aqueous solvents is affected by a number of 
membrane-solvent-component interactions. Gibbins et a/. [681 characterized commercial 
OSN membranes (STARMEMTm 122, MPF-50 and Desal-DL) in methanol by five 
different size quaternary alkyl ammonium bromide salts (Mw range = 322 — 547 
g•mo1-1). Three PF models (SHP model, Ferry model, Verniory model) were firstly used 
to interpret the experiment results, and it was concluded that the simpler numerical PF 
models (in terms of equivalent and uniform pore size assumed) were not capable of 
precisely interpreting the transport in OSN membranes. However, average pore sizes of 
STARMEMTm 122, MPF-50 and Desal-DL as respectively 0.58 ±0.07 nm, 0.61±0.11 
nm and 0.64±0.13 nm were obtained in their study. Three factors affected solute 
transport through OSN (MPF-50 and Desal-5-DK) were later on concluded by Geens et 
al.r9°1. They are: (1) solvent-solute interactions: effective solute diameter; (2) 
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membrane-solute interactions: polarity difference and chage effect, and (3) 
solvent-membrane interactions: effective pore diameter. Triple interactions between 
solutes, solvent (methanol and ethanol) and OSN membranes have also been studied.19°1 
The diffusion coefficients and Stokes diameters of solutes, including: usolex, 2,2,-
vethylenebis-(6-tert-butyl-4-methyl-phenol), victoria blue, DL-a-Tocopherol hydrogen 
succinate, bromothymol blue, and erythrosine B, were calculated in their study. 
In terms of elucidating solute transport through OSN membranes, the analysis of data 
from permeation experiments with different molecular size of solutes (or maximum 
length of solutes) in different solvents (and operation conditions, e.g. pressures) and 
their rejections (or MWCO) is normally a good starting point for discussing the 
mechanisms of mass transport. Meanwhile, these analyses can provide important 
information for modelling. To make a plot of rejections vs. molecular size of solutes (or 
maximum length of solutes, Stoke's radius etc.) is often a common method in the 
studies of solute transport of membranes and can make the relationship between these 
complicated interactions more clear. For example, See-Toh et al.1391 used a wide 
molecular weight distribution mixture (i.e. oligostyrene, m.w. range between 236 and 
1,050 g•mol-1) to characterize the MWCO of commercial OSN membranes 
(STARMEMTM 122 and 240) in four different solvents. 
Silva et al.1731 compared the SD model, one-parameter and two-parameter 
Hagen-Poiseuille (pore-flow) models for STARMEMTM 122 in methanol/toluene and 
toluene/ethyl acetate solvent mixtures. And they concluded the latter fits better than the 
former. However, Geens et al.1311 followed Gibbins et al.1681 point and considered 
effective pores and solute diameters. They proposed a new semi-empirical model, which 
is based on other four transport models, i.e. SHP model, Ferry model, Verniory model and 
Lognormal model, to interpret solute transport of OSN membranes. 
In a similar approach, Tarleton et al.1851 used organometallic and poly-nuclear aromatic 
(PNA) compounds (Mw range= 84-612 g•mol-1) to study solute rejections of 
laboratory-made OSN membranes in low-polarity binary solvents. They found the 
MWCO of the laboratory-made PAN/PDMS membrane was between 350 and 400 
g•mol-1. In addition, they concluded three regimes of solute transport behaviors, which 
based on the observed rejections were mainly distributed in the three regions of the 
maximum length of solutes. The first regime can be applied by SD model, while the 
second is PF dominated, and the third is a transition between both mechanisms. 
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Wessling and his coworkers[481 also confirmed the same conclusion for the same single 
solute system (i.e. TOABr/ toluene) in a higher concentration (8 and 19 wt.%). However, 
it is more interesting to investigate the mechanism in their mixtures (i.e. TOABr/ 
docosane/ toluene). Santos et a1.12111 also discussed the effects of solute geometry (i.e. 
chain length, polarity, symmetry and functional group position) and orientation 
(orientation angle) on the rejection of uncharged compounds (glucose, glycerol, 
1-butanol, 1-hexanol, 1-octanol, 1,8-octanediol, 3-hexanol, 3-hexanone, 1,4-butanediol 
and 1,6-hexanediol) by OSN membranes (Decal 5-DK). 
Some work in our group also attempted to theoretically interpret OSN membrane 
transport mechanisms from different approaches. Han et a1.E521 has provided an insight 
about transport of OSN membranes, i.e. MPF-50. Based on the comparison of two 
different solvents, toluene as hydrophobic versus phenol as hydrophilic, they observed 
solute-membrane interaction plays an important role in the mass transport of OSN 
membranes, and concluded that the SD model is more suitable than PF model in the case 
of MPF-50. Peeva et al.1751 applied a similar method (a combined SD model and film 
theory) to elucidate transport mechanisms of OSN membranes. The role of activity 
coefficient in the mass transfer mechanism of OSN membranes was explored and a new 
interpretation of these mechanisms based on a thermodynamic point of view was 
revealed in their work. A model which can predict flux of solvent mixtures through OSN 
membranes based on pure solvent flux data was also proposed by Silva et al.E731 They used 
a crossflow rig to measure flux of three pure solvents (methanol, toluene, and ethyl 
acetate) of two OSN membranes (STARMEMTm 122 and MPF-50). 
The generalised Maxwell-Stefan (M-S) equation in combination with hydrodynamic 
theory is used to model membrane transport mechanisms. Two approaches are used for 
theoretical description of transport of large molecules through membranes with narrow 
pores by Noordman and Wesseling1761. The structure approach considers membranes that 
contain distributed and well-defined pores as the pore-flow model, while the overall 
approach sees the whole membrane as a pseudo-homogeneous phase. M-S equations are 
broadly used to describe multicomponent transport. The basis derives from friction 
balance of each component in a mixture. For aqueous NF membranes, one-dimensional 
M-S model for the multiple solutes has been developed by Ahmad et al.1771 
Maxwell-Stefan transport equation was also found to give more realistic values of 
estimated parameters in the OSN (laboratory-made PDMS/PAN membranes) than 
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Solution-Diffusion with imperfections model by Dijkstra et al. 301 Different types and 
amounts of solvent and solute systems (pentane-decane and pentane-dodecane mixtures) 
were used to examine the two transport models, both taking account of the diffusive and 
viscous flow. The percentage of viscous flow and diffusive flow contributing to transport 
of OSN membranes were therefore verified by their experiments. In addition, sorption of 
membranes was described by Flory-Huggins theory. Ebert et al. [33]  used equation of 
Hansen theory to interpret the importance of the interaction between the permeating 
components (solvent) and the membrane material (polymer) during the transport 
through OSN. 
Normally MWCO can be obtained from the membrane manufactures (as shown on 
Table 2.3), but it can not be used as the sole index of OSN membranes for selecting 
their applications. Since MWCO is highly depending on the tested solutes, especially 
OSN are varied a lot with the solvents used, more information about membrane 
structures, e.g. pore size and its distribution, are necessary to characterize prior using. 
Pore size distribution (PSD), which is another important index of membrane quality, has 
been studied by Bowen and Welfoot1961. The theortical PSD of Desal-DK have been 
calculated (i.e. mean pore size = 0.617 nm, distribution standard deviation = 0.136 nm) 
in aqueous solution and confirmed by atomic force microscopy analysis. However, 
effects of various organic solvents on PSD are not been reported yet. 
Swelling and Solvent-polymer interaction 
Polymer swelling in organic solvents is an important factor determining long-term 
performance of OSN membrane processes. The sorption and swelling of polymeric 
membrane matrix in different organic solvent and solvent mixtures may affect the 
permeation of solvent flux and retention of solutes. Attenuated Total Reflection Infrared 
(ATR-IR) spectroscopy can be used to quantify sorption and swelling of membrane 
simultaneously.i781 Although cellulose acetate membrane, PDMS, and six commercial 
NF membranes were characterized by ATR-FTIR (Fourier Transform Infrared 
spectroscopy), it can be applied to study polyimide membranes as well. Besides infrared 
instruments, an apparatus comprising a linear inductive probe and use electronic column 
gauge to determine the swelling of laboratory-made OSN membranes (cellulose 
fibre/PAN/PDMS). Tarleton et a1.r791 also developed an in-situ apparatus to measure the 
lateral expansion (swelling) of PDMS/PAN composite OSN membranes in a range of 
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alkane, aromatic and alcohol solvents. Although the degree of swelling can be estimated 
by the weight difference before and after sorption of organic solvents, these precise 
measurements of swelling are likely to be more accurate for modelling and would be 
useful to help us to understand the transport mechanisms of OSN membranes much 
better. 
However, the SD model failed to interpret the transport rate of solvent through highly 
swollen membrane materials (i.e. PDMS layer) according to Robinson et al's 
measurements[41,51,79,85]. Except the diffusive flow, the significance of viscous flow was 
realized. Transport through membranes can be divided into two parts (diffusive and 
viscous). 
= ui + v, 	 (2.31), 
where wb and vi are overall volume flux, diffusive volume flux and viscous volume 
flux. The unit are all in m•s-1. An additional viscous term as the second part of equation 
below was integrated the original SD model (Equation 2.8). This equation is so called 
`Solution Diffusion with Imperfection model' (SDI): 
D,k, f (61, An)  ± C Bo  AP 
/9IT 	 715, 
(2.32) 
Considering membrane swelling effects, more complex models are necessary to 
consider different types of swelling, such as delayed (viscous) volume swelling and 
longitudinal differential swelling stress.t80] The swelling degree of polyimides was 
studied through an ideal swelling curve, based on Kirchheim's free volume distribution 
theory. Shi et al.181i measured the swelling degree of two polyimides (HQDPA-DMMDA 
and ODPA-DMMDA) in four polar solvents (water, methanol, ethanol and i-propanol). 
Bhanushali et al.125] considered the Flory-Huggins parameter (x) and the Hildebrand 
solubility parameter (6) as key factors to interpret the effects of different organic solvent 
properties on OSN membrane transport. According to the calculations based on group 
contribution methods[82], the solubility parameters of Martrimid 5218 and Lenzing P84 
are 23.2 and 26.8 MPaa5 , respectively. 
In conclusion, the transport mechanisms of OSN membrane can be elucidated from 
different approaches. Table 2.5 reviewed several studies about this topic and summarized 
their major contributions. 
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Table 2.5 Transport mechanisms and models for OSN 
Major contributions to 
understanding transport 
mechanisms 
Model(s) 
applied 
Membranes studied 
(MWCO,g•mor') 
Solvents used Solutes (molecular weight, g•molr') Ref. 
1. Solvent characteristic testing 
2. Organic solvent stability 
verified and compared 
N/A UTC-20(180), 
MPF-44(250), 
MPF-50(700), 
MPF-60(400), 
Desal-5(N/A), 
Desal-DK(N/A) 
Water, methanol, ethyl acetate, 
toluene 
1. Orange II (350.33), 
2. Safranine 0 (350.85), 
3. Solvent blue 35 (350.46) 
[67]  
1. OSN membrane precondition Three pore flow STARMEMTm 122 Methanol Quats (quaternary alkyl ammonium [68]  
2. Transport model verification 
3. Equivalent membrane pore size 
estimated 
models: 
1. Ferry model 
2. Verniory model 
(220), MPF-50 (700), 
Desal DL (N/A) 
bromide salts) 
3. SHP model 
1. Effects of solute 
shapes/structures in OSN 
rejection 
2. Transport properties study 
solution-diffusion 
model 
a series of polyimide 
membranes/ 
a family of Lenzing P84 
SRNF (230-277) 
Toluene n-Decanol(142.29), 
1-methyl-naphthalene (142.20), 
n-hexadecane(226.42), 
1-phenylundecane (232.41), 
pristane(268.53), n-docosane (310.61) 
[44] 
1. Overall mass transfer 
coefficient of OSN 
2. OSN transport model 
resistances-in- 
series model 
Accurel MF (0.2 i.tm), 
MPF-50 (700), silicon 
rubber 
Phenol, toluene n-Decanol [52] 
examination 
3. Solute-membrane interaction 
observation 
1. Solvent-membrane interaction SD model MPF-50(700), 1. n-Alcohols (methanol, ethanol, N/A [69, 
observation 
2. OSN transport model modified 
MPF-60(400) propanol, butanol,& pentanol), 
2. Paraffins (pentane, hexane, 
heptane, octane, & decane) 
87] 
3. Acetates (methyl, ethyl, propyl, 
and butyl acetates) 
4. Ketones (acetone, methyl ethyl, 
methyl propyl, & methyl 
iso-butyl ketones), Water I 
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Major contributions to 
understanding transport 
mechanisms 
Model(s) 
applied 
Membranes studied 
(MWCO,g•mol-1) 
Solvents used Solutes (molecular weight, g•mal) Ref. 
1. Solvent-membrane material 
(polymer) interaction 
observation 
2. Transport model modified 
Investigating molecular size on 
the rejection behaviour with 
non-polar solvents 
SD model 
Surface 
force-pore 
flow(SFPF) 
model 
l.hydrophobic: DS 11 
AG, Osmonics 
hydrophilic: MPF-50 
(700), and membrane D 
(900) 
Polar (methanol, ethanol, and 
iso-propanol) 
Non-polar (pentane, hexane, 
and octane 
1. Organic solutes: 
sudan IV(384), hexaphenyl 
benzenen(534), fast green FCF(808) 
2. Triglycerides(TG): 
C10 tricaprin(554), C12 trilaurin(639), 
C14 trimyristin(723), C16 
tripalmitin(807), C18 tristearin(890) 
[28] 
OSN membrane stability testing 
Separation extent 
(MW=300-1000) scanned 
Porous model MPF-44(250), 
MPF-50(700), 
MPF-60(400) 
Methanol 1. Safranine 0 (351), 
2. Brilliant blue R(826) 
Vitamin B12(1355) 
[70] 
Model examination Machado's 
mode11691 
N30F(400), 
NF-PES-10(1000), 
MPF-44(250), 
MPF-50(700) 
Water, ethanol, n-hexane 1. Maltose(342) 
2. Raffinose(504) 
3. DL-ct-tocopherol hydrogen 
succinate (531) 
4. 2,2'-Methylenebis-(6- tert-
butyl-4-methyl phenol) (340.5) 
[71] 
Develop a model for prediction 
mixture solvent flux based on 
pure solvent flux 
SD model and 
PF model 
STARMEM 122 (220), 
MPF-50(700) 
Methanol, toluene and ethyl 
acetate 
Tetraoctylammonium bromide (TOABr, 
546) 
[73] 
Investigate effects of solute 
concentration (5-35 wt.%) and 
mass transfer limitations of 
`partially rejected solute' on OSN 
SD model and 
PF model plus 
film theory 
model 
STARMEM 122 (220), 
MPF-50 (700) and lab 
prepared composite 
(PDMS/PAN) OSN 
Methanol 'Fully rejected solute', i.e. 
tetraoctylammonium bromide (TOABr, 
546), and 'partially rejected solute', i.e. 
dimethyl methylsuccinate (DMMS, 
160.17) 
[88]  
Solvent-membrane interaction 
investigation 
N/A N30F(400), 
NF-PES-10(1000), 
MPF-44(250), 
MPF-50(700) 
Methyl chloride, acetone, 
ethyl acetate, ethanol, 
n-hexane 
Maltose(342) [89]  
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Major contributions to 
understanding transport 
mechanisms 
Model(s) 
applied 
Membranes studied 
(MWCO,g•morl ) 
Solvents used Solutes (molecular weight, g•morl) Ref. 
Physico-chemical interpreting 
transport mechanism of the 
solvents between commercial and 
self-prepared OSN membranes 
N/A Lab self-prepared OSN 
(PDMS on PAN/PE 
support), and MPF-50 
(700) 
Methanol 1. Methyl blue (374), 
2. Rose bengal(1017), 
3. Ru-BINAP(929) 
[46] 
1. Physico-chemical interpreting 
transport mechanism of the 
solutes 
2. Made a distinction between low 
and high molar volume solutes 
for the contribution of 
convective and viscous flow 
3. Measuring distribution 
coefficient 
Reformulated 
SD model (by 
D.R.Pau11861) 
and K-K model 
(see Equation 
2.11) 
Lab self-prepared OSN: 
polyimide (Madrid 
5218) and polypropylene 
non-woven FO 2471 and 
PDMS on PAN support 
Methanol and 2-propanol 1. Methyl blue (374), 
2. Dispersed red (314) 
3. Methyl orange (327.3) 
4. Anthraquinone sulfonic acid (328.3) 
5. Acid fuchsine (585.5) 
6. Crystal violet (407.9) 
7. Bromothymol blue (624.4) 
8. Rose bengal(1017), 
[26] 
1. Investigate solute-membrane 
interactions through polarity 
terms and charge effects 
2. Investigate solvent-membrane 
interactions through salvation 
3. Calculation diffusion coefficient 
and Stokes diameter 
Fick's diffusion 
law, 
Wilke-Change 
equation and 
Stockes-Einstei 
n equation 
MPF-50(700), 
Desal-5-DK (150-300) 
Methanol and ethanol Eusolex (228), 
2,2,-vethylenebis-(6-tert-butyl-4-methy 
1-phenol) (341), victoria blue (506), 
DL-a-Tocopherol hydrogen succinate 
(531), bromothymol blue (624), 
erythrosine B (880) 
[90] 
1. Making PAN/PDMS composite 
OSN membranes for comparing 
with commercial one 
2. Investigating effect of solute 
concentration and of 
transmembrane pressure upon 
the flux 
3. Investigating the retention of 
this tailor-made membrane 
SD model Lab self-prepared OSN: 
M5-30, M5-50, M7-30 and 
M7-50 
,where x is the cone. Mx.y
of rd coating solution (5 or 
7 % w/w) and y is the 
MWCO valu of the PAN 
support (30 or 50 KDa) 
1. Sunflower oil/hexane 
2. Polyisobutyele(PIB)/hexane 
Triglycerides (around 900) [29] 
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Major contributions to 
understanding transport 
mechanisms 
Model(s) 
applied 
Membranes studied 
(MWCO,g•mol-1) 
Solvents used Solutes (molecular weight, g•mol-1) Ref. 
1. Study solute-solvent-membrane 
interactions 
2. Measuring swelling of two lab 
prepared OSN membranes 
van't Hoff 
osmotic 
pressure model 
Lab self-prepared OSN: 
l.hydrophobic: PDMS/PAN, 
2.hydrophilic: 
PEO-PDMS-PEO/ PAN 
n-Hexane, n-heptane, toluene, 
isopropanol, ethanol , 
methanol, methylethylketone 
(MEK) 
1. Tetraoctylammonium bromide 
(TOABr, 546) 
 
2. sunflower oil (-900) 
[50] 
Develop membrane precondition 
protocol 
Darcy convective 
transport model 
NF45 (200), 
SW 30 (NaC1 rejection 
99.2%), 
MPF-44 (250), MPF-50 
(700), TFC-S (60%), 
TFC-SR1 (88%), TFC-SR2 
(95%), 
RTM-HC (N/A), 
RTM-PX (N/A), 
40-192-1074 (N/A), 
DK (300), G-5 (<1000) 
Ethanol 1. 	Sugars, e.g. 
(1) glucose (180), 
(2) maltose (342), 
(3) maltotriose (504), 
(4) maltotetraose (666); 
2. 	Glycols, e.g. 
(I) 	ethylene glycol (ECG 42), 
(2) 	polyethylene glycol (PEG, 200, 400, 
600), 
3. 	Free fatty acid (oleic acid, 282); 
4. 	Glycerides, e.g. 
(1) monoolein (356), 
(2) diolein (621), 
(3) triolein (885); 
5. 	Protein, e.g. Zein (an alcohol soluble 
protein) 
[91] 
1. Investigate concentration 
polarization phenomena of 
OSN (feed flowrate and 
concentration). 
2. Explore the role of activity 
coefficient in OSN mass 
transfer mechanism 
3. Investigate viscosity effect of 
solvent on mass transfer 
4. Estimate mass transfer 
coefficients of OSN membranes 
in a crossflow cell 
a model 
combined SD 
and film theory 
STARMEM 122 (220), 
Desal SE (Reverse 
Osmosis/ high rejection 
brackish water, NaC1 
rejection —99%) 
Toluene 1. Tetraoctylammonium bromide 
(TOABr, 546) 
2. Docosane (310) 
[75] 
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Major contributions to 
understanding transport 
mechanisms 
Model(s) 
applied 
Membranes studied 
(MWCO,g•morl) 
Solvents used Solutes (molecular weight, g•mol-t ) Ref. 
1. Both diffusive and viscous flow 
need to be taken into account in 
OSN modelling 
2. Multicomponent diffusivities 
from the free volume theory to 
study 
3. OSN swelling is minimum in 
alcohols, and significant in 
alkanes 
4. Increasing the pentane 
concentration reduced the 
percentage of diffusive flow as 
the increasing the swelling of 
OSN 
Solution-diffusi 
on with 
imperfections 
model (SDI) 
and 
Maxwell-Stefan 
(MS) equation 
lab prepared composite 
(PDMS/PAN) OSN 
1. Pure solvent flux 
measurements: ethanol, 
1-propanol, 2-propanol, 
1-butanol, 2-butanol, acetone, 
methylethylketone (MEK), 
diethylketone (DEK), 
methyl-i-butylketone 
(MIBK), n-pentane, n-hexane, 
n-heptane, n-octane, 
n-nonane, n-decane, 
n-dodecane. 
2. Solvent mixture (0, 25, 50, 
75, 100wt.%): 
n-pentane/ n-decane, 
n-pentane/ n-dodecane 
Decane, dodecane [30]  
Comparing four solute transport 
models for OSN 
SHP model 
Ferry model 
Verniory model 
Lognormal 
model 
MPF-44 (250), MPF-50 
(700), Desal-5-DK 
(150-300), 
SolSep-169 (N/A), 
FSTi-128 (420), 
HITK-T1 (220) 
methanol, ethanol, acetone, 
ethyl acetate, n-hexane 
Eusolex (228), 
2,2,-vethylenebis-(6-tert-buty1-4-methy 
1-phenol) (341), victoria blue (506)„ 
bromothymol blue (624), erythrosine B 
(880) 
[31]  
1. Comparing four solvent 
transport models for NF 
2. Present a new semi-empirical 
model for description OSN 
transport in polar solvents 
Hagen-Poisseuille 
model, 
Jonsson & Boesen, 
Machado's 
mode11691, 
Bhanushali's 
mode11251 
Desal-5-DK (150-300), 
Desal-5-DL (180-300), 
N30F(400), 
NF-PES-10(1000),MPF-
44 (250), MPF-50 (700), 
SolSep-169 (N/A) 
water, methanol and/or ethanol N/A [92] 
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Major contributions to 
understanding transport 
mechanisms 
Model(s) 
applied 
Membranes studied 
(MWCO,g•morl) 
Solvents used Solutes (molecular weight, g•mo1-1) Ref. 
Investigate low molecular weight 
polymer's rejection of OSN and 
discuss the transport mechanisms 
and solvent-solute-membrane 
interactions 
SDI model and 
Hagen- 
Poisseuille (HP) 
model 
Lab prepared composite 
(PDMS/PAN) OSN 
n-pentane, n-hexane, 
n-dodecane, toluene 
Polyethylene glycol (PEG 400, 900, 1500) [33] 
1. Physical characterization 
membranes: MWCO, surface 
charge, roughness, 
hydrophobicity 
2. Chemical characterization 
membranes: ATR-FTIR, XPS, 
PALS (positron annihilation 
spectroscopy)+FIB (focused ion 
beam) 
3. Pore size distribution of 
commercial NF membranes are 
bimodal instead of log-normal 
N/A 1.Polyamide group: 
NF-270(200-300), 
Desal-5-HL (150-300), 
Desal-5-DL (180-300) 
2.Polyethersulfone group: 
NTR-7450 (600-800), 
N3OF (400), NFPES 10 
(1,000) 
Water Polyethylene glycol [93] 
Mechanistic, chemometric and 
hybrid modelling solvent flux of 
OSN 
1. Mechanistic 
model: SD mode 
2. Chemometric 
models: 
projection to 
latent structures 
(PLS), artificial 
neutral networks 
(ANN), 
combination of 
principal 
component 
analysis (PCA) 
with ANN 
3. Hybrid models 
STARMEM 240 (400) 
with literature data 
Solvent mixture (0, 10, 50, 90, 
100wt.%): 
t-Butanol/water 
t-Butanoll n-butanol 
t-Butanoll iso-butanol 
n-Butanol/ iso-butanol 
with literature data 
N/A [94] 
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2.2.3 OSN membrane applications 
In contrast to traditional nanofiltration (NF) membranes which can only be used in an 
aqueous environment, OSN has great potential for applications in organic solvent 
intensive processes of various chemical industries. Table 2.6 summarizes OSN 
applications and solution systems (solute/solvent/membrane) investigated in the 
literature. The main applications are classified according to types of chemical 
manufacturing, i.e. petrochemicals, fine chemicals, pharmaceuticals, food and dyes. The 
applications of OSN in food industry include degumming, deacidification and recovery 
of extraction solvents in edible oil processing. The applications of OSN in the 
petrochemical industry include desulfurization of gasoline, deacidification of crude oil, 
separation in aromatics-containing refinery streams, and solvent recovery in lube oil 
dewaxing. For example, White et al.E21 applied OSN in solvent recovery from lube oil 
filtrates at low temperature (i.e. —10°C). The applications of OSN in the pharmaceutical 
industry include valuable drug recovery from downstream processing, assisted organic 
syntheses, solvent exchange, recycling of ionic liquids, removal of process-related 
impurities and/or active pharmaceutical ingredient (API). For instance, Sheth et al.E1°21  
have applied OSN in pharmaceutical manufacturing for the purpose of solvent exchange 
from ethyl acetate to methanol. Livingston et al.151 also demonstrated OSN processes can 
be a potential green chemical technology. For more OSN applications can be seen in a 
current review paperr371 and Table 2.6. 
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Table 2.6 OSN membrane applications in the chemical industries 
Application 
fields 
Example of processes OSN membranes 
(MWCO) 
Solvents Products 
(molecular weight, g•mori) 
Ref. 
Petrochemical 
industry 
Solvent recovery, 	MAX-DEWAX® 
(Temp.= —10°C) 
Polyimide-type membrane MEK and toluene blend and 
lube oil 
reused lube oil (m.w. about 350) [2]  
Pharmaceutical 
industry 
Valuable drugs recovery from downstream MPF-50(700), MPF-60(400) Ethyl acetate, 	methanol erythromycin Chapter 5 
& [1021 
Assisted organic syntheses MPF-60(400) N/A Target compounds (m.w. 
300-1000) 
[6] 
Solvent exchange from high boiling point 
solvent to low boiling point one 
STARMEM122 Methanol and toluene target solute, e.g. TOABr (m.w. 
547) 
Chapter 3 
& 4 
Process-related impurities and/or active 
pharmaceutical ingredient (API) separation 
STARMEM228, STARMEM240 Methanol Three model mixtures, detail see 
Chapter 5 
Chapter 5 
&[103] 
Food industry Edible oil (vegetable oil) deacidification cellulose-type and poly (amide-b-ether) 
copolymers (Pebax®) 
Hexane soybean oil (m.w. 900) [7, 104, 
105] 
18] 
Fine chemical/ 
pharmaceutical 
industry 
Catalyst membrane reactors MPF-50(700), MPF-60(400) Methanol and toluene Dendrimers (m.w. 1314) [17, 106] 
Homogeneous organometallic catalysts 
recovery 
STARMEM120, STARMEM122, 
STARMEM240 
Dichloro- methane (DCM), 
Tetrahydro- furan (THF) 
Ethyl- acetate (EA) 
0 Jacobsen catalyst(m.w. 622), 
0 palladium(Pd)-BINAP(m.w. 849), 
0 Wilkinson catalyst(m.w. 925) 
[9,1107] 
Phase-transfer catalysts(PTC) and transition 
metal catalysts (TMC) recycle 
STARMEM122 Toluene, EA/AC/H20 TOABr (m.w.547), 
Heck catalyst 
[3]  
Organic synthesis raw material recycled STARMEM122 Toluene Polystyrene monomer Appendix 
C 
Porphyin-functionalized dendrimers recycle MPF-50(700), PDMS, 
PDMS-USY-PAN 
Isopropanol(IPA), 
chloroform(CHCI3), and their 
mixture 
Porphyin-functionalized 
dendrimers 
[108]  
Ionic liquids recycling STARMEM122 Cyphos IL 101, ECOeng500 - [109]  
Dye industry Dye separation MPF-50(700) Ethanol Methyl blue (m.w.374), [46] 
Dye separation UTC-20(180), MPF-44(250), 
MPF-50(700), MPF-60(400), 
Desal-5(N/A), Desal-DK(N/A) 
Water, methanol, ethyl acetate, 
toluene 
1. Orange II (m.w. 350), 
2. Safranine 0 (m.w. 350), 
3. Solvent Blue(m.w. 350) 
[67] 
Dye separation MPF-44(250), MPF-50(700), 
MPF-60(400) 
Methanol 1. Safranine 0 (m.w. 351), 
2. Brilliant Blue R(m.w. 826) 
3. Vitamin B12(m.w. 1355) 
[44] 
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2.3 Process aspects of OSN technology 
Once the synthetic membranes have been produced, their selectivity (i.e. rejection) and 
productivity (i.e. flux) were fixed. The only way to improve overall separation 
performance, consequently, is from process aspects, such as cascading single separation 
units (e.g. membrane cells or modules), arranging configurations or modifying 
operating modes, to escape the restraint of the intrinsic membrane properties. The aim 
to use membrane cascades is either to increase the degree of separation, or to decrease 
the input of energy- or mass-separation agents. In addition, designing a 'good' process 
for OSN membranes could achieve the various industrial objectives (e.g. minimize the 
costs and optimize operation parameters), which may not be easy to accomplish in a 
single unit operation. From a process engineering point of view, this is an exciting 
challenge and important task, as it would not only benefit for plant-level manufacturing 
(cost-effective processes) but also contribute to the social needs (reduced environmental 
impacts). 
Although the majority of cascade theories and configurations in the literature are 
originally for isotope separation.nio-112] and gas separation membranes[I13], these 
fundamentals offer a good starting point for this review. Configurations and cascade 
designs methodologies for liquid separation membranes (e.g. uF[114]  and R0[1151) will 
also be discussed, even though these are comparativly less applied than those for gas 
separation membrane processes. In general, both configurations and methodologies can 
be employed with OSN membranes to develop purpose designed separations. 
This review aims to provide an overview of configurations of membrane cascades. 
Interpretations of these cascades and potential applications are detailed in subsequent 
chapters for specific applications. Some concepts and design theories for membrane 
processes are also introduced. The structure of this process review includes three sections. 
Firstly, terminologies related to the cascade are defined in section 2.3.1, as those used in 
different separation processes are found quite ambiguous and sometimes confusing. 
Three staging ways of a cascade and different types of separation cascades (e.g. 
extraction, distillation, absorption and stripping) are discussed in section 2.3.2. Different 
configurations of gas membrane and liquid membrane cascades are then introduced in the 
next two sections 2.3.3 and 2.3.4, respectively. In addition to the configurations of a 
cascade, the operation mode affects the separation efficiency significantly. As a result, 
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several operation modes for membrane cascades are introduced in section 2.3.5. One of 
the most important operations, i.e. diafiltration, is presented separately in section 2.3.6 in 
more detail, as this operation mode will be tested and studied in Chapter 5. Finally, this 
review finishes with a short summary on OSN from material and process aspects in 
section 2.3.7. 
2.3.1 Definition and terminology for multistage cascade 
Definitions of the term 'cascade' can be found everywhere in different separation 
processes. One of the definitions is given as "the aggregation of separation units that have 
been interconnected so as to be able to produce the desired material"[116], while another 
interpretation is "a plant consisting of several similar stages with each processing the 
output from the previous stage"[241. In general, a 'cascade' can be elucidated as 'a 
collection of connecting stages in order to accomplish a separation that cannot be 
achieved in a single stage, and/or reduces the required amount of the mass or energy 
separation agent' [241. In contrast to a 'hybrid system' of integrated different separation 
processes, a 'cascade', in principle, is a group of operation units using the same 
equipment to achieve the same separation objective. 
Cascade 1-• 	  
Figure 2.7 Schematics of units and stages in a cascade 
As plenty of terms related to 'cascade' are found in the literature and used in different 
fields, it is first of all necessary to clarify these terms and their relationship. A schematic 
illustrating a multistage system and components of a cascade is shown in Figure 2.7. The 
basic mass transfer agent or the smallest element of a separation system is called `unit', 
which could be a distillation column, an electrolytic cell or a membrane module. A group 
of parallel-connected units, which is fed with material of the same composition and 
concentration, and generates partially separated product streams of the same composition, 
is known as a ` stage'. A group of series-connected stages is called 'cascade' . [110] 
58 
Chapter 2. Literature review 
In a multistage membrane system, some other terms may also be used in a similar way as 
those introduced above, so these meanings need to be clarified. For example, the 
separation unit in a cascade could be a 'module' or a 'vessel' [181. The constituent parts in 
the cascade could be a single module in a pilot plant or a pressure vessel in a full scale 
plant. Normally, there are several spiral-wound modules connected in series within a 
pressure vessel. Some terms may have different meanings, for example 'array' could 
mean a 'stage' in a cascade (as the lst, 2nd, 3rd array in Figure 2.8) or configuration of a 
cascader1171. Typical configuration of a membrane cascade in the production scale is 2-1 
array or 4-2-1 array'1181. Another term often used in water treatment membrane systems is 
`elements', which is analogous to ` module', as shown in Figure 2.9. 
Eire 
1 1  array 
CI 
pressure vessel  
array 	 3" array 
concentrate 
Pr 
permeate 
Figure 2.8 Modules are connected in series in a pressure vessel, while pressure vessels 
are connected in parallel in one array '181 
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Figure 2.9 Configuration and element arrangements of a two-stage cascade: (a) 2-1 
array, six elements per vessel; (b) 4-2 array, three elements per vesse111191 
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There are three flow stream patterns for a cascade"' 24],  as shown in Figure 2.10. 
IUPAC's 'Working Party on Membrane Nomenclature' 1341 defined the first two types of 
flow inside a membrane module: (1) co-current flow: flow pattern through a membrane 
module in which the fluids on the upstream and the downstream sides of the membrane 
move parallel to the membrane surface and in the same direction, and (2) counter-current 
flow: flow through a membrane module in which the fluids on the upstream and 
downstream sides of the membrane move parallel to the membrane surface but in 
opposite directions. However, these flow patterns can also be applied in the configuration 
of a membrane cascade if there is not only single feed in the system, e.g. diafiltration 
solvent. In most cases, counter-current cascade is the most efficient of the three 
two-stream systems and is widely used in practice for variant separation process (e.g. 
adsorption, stripping, liquid-liquid extraction, leaching and washing). Cross-current is 
not as efficient as countercurrent cascade, but it is much easier to apply in a batchwise 
mannert I °I. 
 	Sweep stream or Permeate 
1214 Feed or Retentate 
Permeate or Inject stream 
Figure 2.10 Three flow patterns for a cascade: (a) co-current, (b) counter-current, and (c) 
cross-current. 
2.3.2 Staging types of cascades 
The first step to present a configuration of a membrane cascade is to arrange the 
connection of the stages, which depends on the objectives of the separation and may 
vary with specification of basic construction units (e.g. membrane modules or cells). 
For example, the stage connecting of a simple three-stage cascade in-series can be either 
retentate-staged, permeate-staged, or combined both, as elucidated below. Without 
regard to the number of stages, gas or liquid membranes, these connections can be 
performed in any membrane cascade configurations. 
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(1) Retentate-staged (toward concentrate, enriching section): This is one of the most 
common configurations for membrane processes. Retentates from a former stage are 
used as the next stage's feed, as shown on Figure 2.11(a). Typical examples are RO 
desalination plants or MF/UF membrane systems for water treatment. The purpose 
is to collect all permeate streams (product stream) and get the maximum capacity of 
filtered (or 'clean') water. If the desired targets are less permeable (higher molecular 
weight solutes), the product stream of the system becomes the final retentate stream, 
where the effluents are eventually concentrated in the end by increasing the number 
of stages. 
(a) Retentate-staged 
Retentate 	 Retentate 	 Retentate 
nnc.nmi7 s:,,Ttor iiiiim  
LEI Mill= 
Figure 2.11 (a) Retentate-staged membrane cascade; (b) permeate-staging membrane 
(c) Combined retentate-staged and permeate-staged 
(two-way separation, feed in the middle) 
Permeate 
Stripping section 
cascade; (c) two-way separation membrane cascade. 
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(2) Permeate-staged (toward purification, stripping or rectifying section): This staging is 
similar to the first, but the feeds of subsequent stages are the permeates of the 
former stage, instead of the retentate of the former stage. The schematic 
representation is shown in Figure 2.11(b). This is a useful scheme in the case when 
further purification is needed. Another application of this configuration is 
fractionation. When a multicomponent mixture is fed into the multistage membrane 
cascade, each stage can produce (separate) different range of molecular weight 
solutes in its permeate stream. For example, Cheang and Zydney11201  used a 
two-stage membrane cascade to fractionate whey protein isolates. Two ultrafiltration 
membranes (MWCO= 100 kDa and 300 kDa) were used in their study for different 
separation targets. 
(3) Combined both staging (two-way separation): Feed stream is injected in the middle 
of the cascade, while one way is permeate-staged and the other way is 
retentate-staged. So the configuration is able to purify (stripping) and concentrate 
(enriching) simultaneously. The schematic representation is shown in figure 2.9(c). 
The scheme can be further developed to continuous membrane column (CMC) if the 
streams of internal stages are recycled. Details of the CMC scheme can be found in 
several gas separation membrane cascades, as introduced in section 2.3.3.2. 
In addition, cascades can be divided depending on the separation phases involved, i.e. 
solid-liquid, vapour-liquid or liquid-liquid and gas-gas. Continuous counter-current 
solid-liquid cascades, which are used for leaching-washing processes or thickeners 
connected in series, have been described[241. Liquid-liquid extraction cascades can be 
arranged as co-current, cross-current or counter-current extractors, while vapour-liquid 
separations (e.g. distillation, absorption and stripping) extensively use counter-current 
cascades. Single-section is used for the last two phase separation methods, while 
two-section cascade is used for the first one. Table 2.7 shows the applications of these 
cascades. 
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Table 2.7 Cascade sections, flow patterns and separation applications[24]  
Section 	Flow pattern 	 Separation applications 
Single-section 	counter-current absorption, stripping, liquid-liquid 
extraction, solid-liquid leaching and/or 
washing  
Single-section 	co-current liquid-liquid extraction 
Single-section 	cross-current liquid-liquid extraction 
Single-section 	two-dimensional 
	
batch crystallization 
cross-current 
(diamond cascade) 
Two-section 	counter-current 
	
fractional liquid-liquid extraction, 
vapor-liquid distillation 
Two-section 	interlinked system of distillation 
counter-current 
cascades 
Some terms used in these systems: overflow/underflowrI211 (counter-current thickeners in 
series), upflow/downflow[116] (based on the feed point if the arrangement of cascade is 
vertical), heads (enriched in desired component)/tails (depleted in desired component)E1111, 
light (product) stream/ heavy (product) stream11111 are analogous in some ways to 
permeate and retentate of membrane separation, to describe the desired species rich or 
lean streams. Figure 2.12 shows terms used in a continuous washing system comprising 
four thickeners in series and a two-section counter-current cascade. 
(a) 
	 (b) 	
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Figure 2.12 Terms used in counter-current cascades: (a) overflow and underflow in a 
continuous washing system - four thickeners in series; (b) two-section 
counter-current cascade.E241  
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2.3.3 Configuration of membrane cascades for gas separation 
Although the primary interest in this thesis is membrane cascades for liquid separation 
(particularly in the organic solvents), the majority of cascade theory found in literature 
originates from other well-developed separation processes (e.g. distillation) or gas 
separation membranes. Since current developments and related fundamental theory to 
design OSN membrane cascades are still in their infancy, it is useful to introduce and 
review cascade design theory from other separation processes. The available separation 
cascade theory is shortly visited and introduced in this section. 
2.3.3.1 Separation cascade theory 
Due to membrane cascades being intensively used for difficult separations (those 
involving the separation of molecules having very similar physical and chemical 
], properties, such as isotopes of uranium and other elementsylto, 112, 116 the majority of 
theories of separation in cascade design were initially developed for these fieldst11°' 116]. 
During the 1940s and 1950s, there were many gas diffusion plants constructed consisting 
of a large numbers of stages for enriching uranium (235U). Several graphical methods, 
such as McCabe-Thiele diagrams, were employed in the designs of those cascadest1111. 
`Ideal cascade' is designed based on the optimum operation and equilibrium stages. 
However, arranging the numbers of each stage needs to consider the fixed physical size of 
separation units (or elements). The 'squared-off cascade' was, therefore, being modified 
to make the 'ideal cascade' in more practical. The arrangement of 'squared-off cascades' 
and the method of interconnection adjacent sections were illustrated by H.R.C. PrattE1111. 
Similarity, the design of 'simple cascade', 'recycle cascade' and 'ideal cascade' were 
specified in another reference[11°1. A definition of 'squared-off cascade' is given to a stage 
that has the same number of units, i.e. the same capacity, in all stages of a groupE110]. 'The 
smoothly tapered cross-section of the 'ideal cascade' is replaced by a series of 
parallel-sided sections in 'squared-off cascade' in order to maintain the interstage 
flowrates constant. 
The theory of the 'recycle cascade' (or so called 'reflux cascade') was illustrated by 
Benedict, Pigford and Levi.[1113] The configuration of a three-stage reflux cascade can be 
arranged as either retentate-staged (enriching section) or permeate-staged (stripping 
section) as shown by Rautenbach and Albrechtt1221. 
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Plenty of literature about membrane cascade for gas separations can be found since the 
late 1970s. Related models to assist membrane system design and optimization were 
developed then. Varying membrane cascade schemes for multicomponent gaseous 
mixtures1123' 124]  and system designtl°21  were proposed and studied. 
Co-current and counter-current membrane modules (hollow fiber) have been compared 
for use to assemble different configurations (cascades), i.e. modules-in-series, long 
single module, and modules-in parallel, by a computing simulation study"21. Through 
their theoretical analysis, the performance of modules-in-series was found to be superior 
to long single modules and modules-in-parallel in order to obtain the same separation 
degree. However, one thing to keep in mind is that the increase of mass transfer rate in 
modules-in-series is obtained at the expense of a higher pressure drop. 
Multistage cascades can be assembled in varying configurations depending on the 
separation purpose as mentioned above. Mathematical approaches to design of a 
membrane cascade have been reported by J. A. Howe1E1251 Recently, Hoffmant I21) 
showed the calculation techniques used in steady-state flash vaporization and multistage 
distillation are analogous to single-stage and multistage membrane separations. 
2.3.3.2 Configuration for gas separation membranes 
As stated before, the majority of membrane cascade theories and configurations were 
developed for gas separations. As a result, the configurations of membrane cascades for 
gas separation membranes are quite diverse. McCandless and Herbstt1261 compared the 
performances of three single membrane modules and three types of membrane cascade 
in the separation of isotopes (boron, i.e. 10B and 11B), i.e. continuous membrane 
column (CMC), two-unit series type permeation module (TUS), and one unit recycle 
(OUR). 
McCandless11271 proposed a counter-current recycle membrane cascade (CRC) to separate 
a binary gas mixture, as shown in Figure 2.14. The five-stage membrane cascade 
comprised three enriching and two stripping stages, and four compressors for recycling 
the interstage flows. The tails (similar to retentate and feed) and heads (similar to 
permeate) correspond to the high and low pressure side of membrane modules, 
respectively. The amounts of the desired component were then increased in the end of the 
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stripping section (final retentate) and decreased in the end of stripping section (final 
permeate). A separation index called Rony's extent of separation was suggested to 
evaluate the CRC performances. A comparison between membrane cascades and 
distillation columns was also theoretically analyzed by McCandlessr1281. 
11"i"E3-7E 
L. 
     
-1' 
     
     
(a) TWO-Unit Series 	 (b) Continuous Membrane Column 
Ic) One • Unit Recycle 
Figure 2.13 Three configurations for gas separation membrane cascades: (a) two-unit 
series; (b) continuous membrane columns; (c) one unit recycle.[128] 
Figure 2.14 Countercurrent recycle cascade (CRC) composed of membrane stages11271 
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Recently, Avgidou et al.11131 investigated four membrane cascade schemes for the 
separation of liquified petroleum gas (LPG) olefins and paraffins. They compared SSPR 
(single-stage permeation with permeate recycle), ISMC (in-series membrane cascade), 
CRC and CMC, as shown in Figure 2.13 and 2.15. 
F, zi  
endching 
section 
stripping 
section 
R, 
Figure 2.15 In-series membrane cascade (ISMC) [113] 
2.3.4 Configuration of membrane cascades for liquid separation 
The configuration of membrane cascades for liquid separations highly depends on the 
planned applications, as shown in Table 2.8. For example, the aim of reverse osmosis 
(RO) is to get the maximum capacity of pure water, these desalination RO systems are 
always permeate-staged and connected in series, as shown in Figure 2.16(a) and 2.17. 
However, microfiltration (MF) and ultrafiltration (UF) are used intensively in 
concentration, purification or fractionation, and are normally retentate-staged. As a result, 
configurations for these applications may need to partially recycle retentate (as shown in 
Figure 2.19 and 2.20) or introduce another stream to enhance purification. In addition to 
configurations, operation modes of liquid separation membranes (e.g. single-pass or 
retentate recirculation systemil°1, batch or continuous feed, with or without additional 
streams injected to the system) are key factors for separation effectiveness, and will be 
introduced in the next two sections. However, this part just focuses on interpreting 
configurations of liquid separation membranes. 
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Table 2.8 Various applications and types for liquid separation membrane cascades 
Separation 
purposes 
Applications Solvent(s) Solute(s) Separating 
targets 
Membrane 
types 
Ref. 
purification impurities single mixtures organics, metal, RO, NF, UF, [101,11, 
removal (water trace substances, MF 60,11, 
treatment) etc. 60 
concentration diafiration, single two or kraft black UF [98], 
more liquor lignin, 
dextran 
60 
fractionation diafiration, 
bioseparation 
two or more single kraft black 
liquor lignin, 
dextran 
UF [129] 
enrichment gas separation single single isotope, e.g UF [110, 
235U, 10B,  ISO, 126, 
deuterium(D20), 130] 
recovery diafiltration single single glutamic acid, UF, OSN [131]  
from 
concentration 
solvent diafiration two single solvents OSN [132]  
exchange 
2.3.4.1 Tapered cascade (Christmas-tree configuration) 
One of the most common configurations in liquid separation membranes is tapered 
cascade (Christmas-tree). Due to the retentate-staged connecting way, the volume loss is 
compensated by reducing the numbers of parallel modules (or elements or pressure 
vessels) in each stage. Another reason to arrange decreasing number of modules with 
respect to the number of stages is to maintain the minimum pressure loss of the system. 
Normally, there is only one pump used as the main driving (pressure) source for the whole 
multistage membrane system, as shown in Figure 2.16(b). As a result, the shape of the 
cascade looks like a Christmas tree so that is called tapered cascade. 
Since relatively high cross-flow velocity is required for tight membranes, in order to 
minimize significant pressure drops between stages, this arrangement is more suitable for 
tight membrane such as NF and RO rather than porous membranet1331. The advantage of 
this configuration is to increase feed concentration across the stages so that low solute 
concentrations are available in permeates. The number of modules in each stage depends 
on feed flow over optimum cross-flow of single module. This configuration (i.e. 
Christmas-tree design) is commonly used in desalination plants, ultrapure water (UPW) 
production, water treatment and fruit juice puree concentration. The details about module 
arrangement and array design of a tapered cascade have been specified by A. G Fanet181  
and by Taylor and Jaoobs[1171. 
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Figure 2.16 Schematics of tapered cascades: (a) 4-2-1 array, (b) 3-2-1 array. 
In industrial scale membrane filtration plant, the number of modules is not just set by the 
flowrate required in each stage. Also, the membranes for cleaning-in-place have to be 
considered in the design. For instance, there are six identical lines, where five are in 
production while the sixth is in cleaning[1341. Normally, there are 6 elements in a pressure 
vessel in the industrial scale tapered cascade. One NF desalination plant using 
Christmas-tree design (5-4-2-1-1 array), composed of five stages and four membrane 
elements per pressure vessel, has been reported[1181. However, a study[119]  pointed out six 
elements per vessel in a 2-1 array Christmas-tree design is more productive than three 
elements per vessel in a 4-2 array for NF and OF plants, as shown in Figure 2.9. 
Figure 2.17 Types of cascade: (a) one stage, (b) multiple stage (tapered cascade) [241  
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2.3.4.2 Squared cascade 
In contrast to the tapered cascade, squared cascade is also mentionedr1221 as one of the 
membrane module arrangements, as shown on Figure 2.17(a). van der Meer et. al.t1281 
compared the performances of two configurations with the same numbers of membrane 
modules, i.e. seven pressure vessels and six membrane elements per vessel. The one stage 
recirculation scheme comprised seven pressure vessels in parallel, six membrane 
elements per vessel (as shown on Figure 2.18), while the single-pass tapered cascade is 
arranged in a standard Christmas-tree design (4-2-1 array, as shown on Figure 2.8). Based 
on the mathematical models they developed, the advantage of the one-stage configuration 
with recirculation scheme is that more permeate is produced per element, while the 
disadvantages are a slight increase in the permeate concentration and higher energy 
consumption. 
Retentale recirculation 
Figure 2.18 Schematics of a square-off cascade, one-stage with retentate recirculation, 
seven pressure vessels in parallel, six modules (elements) per vessel. 
As the configuration of a multistage RO system is normally superstructure, some related 
studies139' 115' 1351 are also reviewed here. At the plant level, the design of a membrane 
cascade needs to be optimized not only from the process aspect, but also considering 
energy efficiency and cost effectiveness. The complexity of the design works and the 
number of variables are normally proportional to the process scale, and depend on the 
objective of the separation. As a consequence, algebraic, e.g. mixed-integral nonlinear 
programming (MINLP), for optimization of several objectives (e.g. running cost or 
maximum yields) or under different conditions (e.g. feed concentrations, product 
specification and multiple feed points of the system) are applied to solve these problems. 
These references are valuable for designing larger scale OSN membrane cascade. 
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2.3.5 Operation mode of membrane cascade 
In addition to configurations, operation modes of a membrane system are also key 
parameters for performance of the process. After a cascade configuration has been set, the 
operation is critical in determining the efficiency of a separation. Three types of process 
configurations for MF and UF, including single-pass, batch process (retentate recycling) 
and feed-and-bleed, were classified by Zeman and Zydney11361. Below, these three 
operation modes are introduced in more detail. Another common classification of 
operating mode is batch and continuous, which means the way the feed streams is 
injected into the system. In addition to above operating modes, integrating an additional 
stream to the membrane system gives the separation more degrees of freedom in 
operation and enhances the separation efficiency. As this mode is able to filter and dilute 
simultaneously in a facility, it is called `diafiltration' and is introduced in the next section. 
2.3.5.1 Single-pass 
Single-pass is the simplest membrane separation operation mode, where there is neither 
retentate recycling nor addition of any stream into the system. Continuous reverse 
osmosis (RO) usually operates in this mode; however, continuous ultrafiltration (UF) is 
rare.t241 This is because UF processes are normally for concentrating the solutes in the 
retentate stream, while RO processes are for producing clean water in the permeate 
stream. The tapered RO cascade introduced before, as shown on Figure 2.9, is a typical 
example of multistage single-pass system. 
In contrast to single-pass, retentates can be recycled to the feed. Such systems, are called 
multi-pass or recirculation systemst". Feed-and-bleed configurationst241 are one of the 
typical recirculation systems frequently used by industry. 
2.3.5.2 Feed-and-bleed 
Feed-and-bleed means a membrane process which is able to continuously 'feed' and 
simultaneously 'bleed' (production). A classical definition given by M. Cheryan11371 is "a 
continuous mode of ultrafiltration operation where the feed is pumped into the 
recirculation loop of the ultrafiltration module at the same rate as the sum of the retentate 
flow and permeate flux out of that loop." Although the original definition is for 
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ultrafiltration (UF), feed-and-bleed mode can be generally used for all types of 
membranes (i.e. MF, UF, NF and RO) on varying applications in the chemical industries, 
such as yeast cell harvest (MF)t1341, enzyme concentrationt1251, water reclamation and 
potable water production (NF)1138' 1391, tomato juice concentration (RO) and treatment of 
waste streams from a paper and pulp plant (UF)11331. A distinguishable feature of this 
mode is that a recirculation pump is employed in addition to a feed pump. The latter is 
used for system and transmembrane pressure supply, while the former is for maintaining 
cross flow rate in the modulet1171. A schematic of a feed-and bleed configuration is shown 
in Figure 2.19 and Figure 2.20. 
The initial purpose of this mode, in the case of ultrafiltration, is for concentration. As a 
result, the main concern of this operation is concentration of solutes in the effluents 
(retentates). Feed-and-bleed mode actually can be distinguished into two phases. The first 
phase (some references called 'start-up') is to build up internal solute concentration in the 
closed loop, and then retentates start to be released (bled) while the desired effluent 
concentration is reached. In the second phase, feed mixture into the system is controlled 
at a rate equal to the permeate plus the retentate flow rates. 
Feed 
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Figure 2.20 Four-stage retentate recycling cascade, feed-and-bleed (Graphic adopted 
from reference1241,) 
This mode can be either operated in a single-stage unit or cascading several stages in 
series as a multistage system. There are two inter-stage connection ways, as introduced in 
the last section. Retentate—staged feed-and-bleed cascades (e.g. two-stager1251, 
three-stager134' 140]  and four-stager241, as shown on Figure 2.19) are commonly seen in the 
literature, while 'permeate—staged' type feed-and-bleed cascades are found only in a 
two-stage NF pilot plant[138, 139]. The two-stage aqueous NF membrane plant operated in 
feed-and-bleed subsequent permeating mode is studied through a process simulation. A 
model containing six membrane characteristic parameters was developed by Noronha et 
al.1138' 139]. 
Process design equations of single-stage and multi-stage feed-and-bleed systems have 
been shortly discussed by Cross[141]. The concentration factors used to calculate and 
compare the yields of these systems are shown below: 
Q, 	Q, -Q QF ( 1— CF) A 	 B  
J 	J
J (2.33) 
where A is membrane area required, J is flux at given concentration factor, Qp, QF and QB 
are flowrates of permeate, feed and bleed stream, respectively, and CF is final 
concentration factor (i.e. CF= QF QB),. Other design examples of single-stage and 
two-stage feed-and-bleed cascades were illustrated by J. A. Howell[125]  , while the effects 
and benefits of increasing the number of stages in a feed-and-bleed cascade were 
illustrated by Cheryan[14°1, Howell[125]  and Merry]1331. 
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2.3.6 Diafiltration 
One definition of diafiltration (DF) is "a simple ultrafiltration process, in which low 
molecular weight contaminating solutes are removed from solutions of biopolymers, 
such as proteins, accompanied by continuous replacement of solvent lost with the 
permeate"11421. Another definition adopted from a popular OF and MF handbook11371 is 
"the convective elimination of permeable solutes by the addition of fresh solvent (e.g. 
water) to the retentate". DF is a common technique involving gradual replacement of 
the original solvent by another. However, it is more complex than common membrane 
filtration processes since a stream (i.e. diafiltration solvent) is introduced into the 
system. For example, it can be applied to different operation modes (e.g. single-pass or 
recycling), as introduced in section 2.3.5. Figure 2.21 illustrates diafiltration process 
feed batch and feed continuous system. Meanwhile, it can be integrated with various 
configurations of a membrane cascade (e.g. single-stage or multistage, permeate-staged 
or retentate-staged), as described in section 2.3.4 and 2.3.2. In general, diafiltration can 
be regarded as a combination of filtration with simultaneous dilution (it is not necessary 
the same solvent as the original feed and could be another solvent as in applications of 
membrane solvent exchange introduced in Chapter 3 & 4). The feed solution stream can 
be injected either continuously or batchwise (discontinuously); same as difiltration 
solution stream. Since many configurations and operation modes of diafiltration have 
been reported in literature and it is one of the key points in this study, each mode will be 
introduced in the following sections and compared to other modes. 
Figure 2.21 Comparision of two retentate recycling diafiltration schemes: (a) 
continuous fed batch, diafiltration solution; (b) feed and diafiltration 
solution both continuous, cocurrent, feed-and-bleed. 
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Table 2.9 Modules for diafiltrationtl01  
Scale Mode Driving force Modules 
Laboratory scale batch Centrifugal force Centrifugal ultrafilter 
(intermittent operation) 
Slightly larger scale dead-end N2 or compressed air A stirred cell ultrafilter 
Industrial scale cross-flow pump 1. flat-sheet tangential flow 
2. hollow fibre 
3. spiral wound 
4. tubular 
Table 2.10 Operation modes and types of diafiltration process 
No. Type Name 
Feed 
solution 
injection 
Diafiltration 
solution* 
injectors 
Control 
method (or Recycling operation 
procedure) 
Note. 
1. Single stage DD B B 
(1) constant 
top-up 
volume 
(2) constant 
add-in 
volume 
No recycle 
(1) The comparison of 
DD &CD is detailed 
in section 2.3.6.1. 
(2) Three steps of a 
complete DD are 
introduced in section 
2.3.6.2. 
(3) Operation 
procedures of two 
DD is introduced in 
Chapter 4. 
2. 
Single 
stage CD B C 
CVD Retentate recycling 
Enhanced permeate 
flux, detail is 
introduced in section 
2.3.6.1 
3.. VVD Retentate recycling 
QD0Qp , detailed is 
introduced in section 
2.3.6.3 
. Single stage 
Single-pass 
(co-current) C C 
No extra 
pumps 
required 
No recycle 
As shown on figure 
5.2(c) and 
experimentally tested 
in Chapter 5 
5 . Single stage 
Feed-and-bleed 
(co-current) C C  
Pump for 
retentate 
recycling is 
required 
Retentate 
recycling 
As shown on figure 
2.21(a) and 
experimentally tested 
in Chapter 5 
6.  
Multi- 
stage 
cascade 
Co-current C C 
No extra 
pumps 
required 
Retentate- 
staged, 
single-pass 
Not improve degree 
of separation, only 
extend membrane 
area 
7.  
_ 
Cross-current C C 
Diafiltration 
solution is 
split into 
substreams 
Retentate-
staged, 
permeate 
recycling 
Washing out in each 
stage, as shown in 
figure 2.23 
8.  Counter- current C C 
Inter-stage 
pump 
required 
Retentate- 
staged, 
permeate 
recycling 
As shown on figure 
2.24 and solvent 
exchange cascade 
*Diafiltraf on solution could be any fresh solvent 
Note.DD and CD stands for discontinuous and continuous diafiltration; C stands for continuous, B 
stands for batch; CVD stands for Constant Volume Diafiltration, VVD stands for Variable Volume 
Diafiltration 
75 
Chapter 2. Literature review 
The inject stream flowrate of diafiltration solution normally is set equal to the permeate 
flux (QD=Qp), which is one of the control modes. But there are other types of control 
modes for DF, such as: constant feed volume, constant pressure, or constant permeate 
flux, has mentioned in literature. Table 2.9 shows different types of diafiltration used of 
different scales, while Table 2.10 lists common operational modes and types of 
diafiltration described in the literature. 
DF processes are commonly applied in dye, protein and other food products separation. 
[120, 143-148] DF is intensively used in many MF and OF processes1136' 137],  but applications 
with aqueous NF membranes are becoming more and more common. Sheth et al. [102]  
applied OSN in pharmaceutical manufacturing related to solvent exchange. Application 
of a counter current diafiltration OSN cascade in solvent exchange has also been 
demonstrated13' 8' 1461  In addition, DF can also applied for the separation of dyes from 
salt. Bowen et al. [102, 146,149] used DF to develop a model for prediction and optimization 
of NE 
Two DF parameters, i.e. concentration factor (0 and volume reduction factor (VRF) by 
Grandison and Lewis.[148], were found analogous to Volume Concentration Ratio (VCR) 
and to percent volume reduction introduced by Cheryan[137]. The two processing 
parameters are defined respectively as 
f =V   =VCR 
c 
VRF =100  (V
F —Vc ) 	1 —100(1— —) 
where VF is initial feed volume, and Vc is concentrate or retentate volume. 
The parameter, VCR, will be used as an important process index and the basis to 
develop a prediction model for batch solvent exchange (Chapter 4). 
2.3.6.1 Continuous and discontinuous diafiltration 
Diafiltration can be conducted either in a continuous or discontinuous manner. According 
to Asbi and Cheryan[I50[, continuous diafiltration (CD) is defined as the solvent being 
added to the system at the same permeate flux, while discontinuous diafiltration (DD) 
firstly concentrates the feed by membranes, refills to the desired volume, and then repeats 
(2.34) 
(2.35) 
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the concentration step again. An optimization of this process can be achieved either by 
minimum membrane area/time or by minimum diavolume consumption. The latter is 
generally believed to more effective on DD than CD. However, CD is a combined 
process (two-step), i.e. a pre-concentration step by ultrafiltration and then a continuous 
diafiltration step. The optimization of the total process time is conducted below. 
Continuous and discontinuous batch diafiltration are also compared by Dutre and 
Tragardht1471. 
The process time(t) can be described as 
Vp 
t = 	. 
J „A 
(2.36) 
where Vp is volume of permeate, 4, is volume flux, and A is the membrane area. 
If an optimum bulk concentration, C; , represents the desired concentration in the end of 
diafiltration, the optimum (i.e. minimum) process time in the CD mode is expressed as 
C 
Ca -* 	G — e 
Due to volume balance and mass balance, 
V.= V —VR  0  
CB 	V  0 
CBO VR 
Therefore, the volume for pre-concentration, (VB ),,c ,can be derived as 
c 
(vp ) pc. = vo (1— -"' -) ) C
, 
If the pre-concentration step is conducted by ultrafiltration membranes, the flux through 
membrane, according to film theory, can be written as 
J = kln(--e-C ) 	 (2.41) 
C B 
where k is the mass transfer coefficient, CG is the wall or 'gel' concentration of the 
solute, and CB is the bulk concentration. If k1 and k2 are both constants, repectively 
equal to — k and kln(CG ), the permeate flux in Equation (2.39) can be rewritten as 
J = k, ln C, + k2 	 (2.42) 
(2.37) 
(2.38) 
(2.39) 
(2.40) 
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In the case of a diafiltration of cheese whey, an empirical relationship was found as 
follows 
Jay = final 4- 0.67 (J initial —J final) 
	
(2.43) 
where Jay, Jinitial, and Jfinal are the average, initial, and final flux, repectively. Replacing 
Equation (2.42) into Equation (2.43), and rearranged 
J av  = lc, in CB + k, 
Thus, the process time of pre-concentration can be derived as 
CB)/ 's V0 (1 — 	8 ) 
2.3.6.2 Three steps of a complete diafiltration process 
Bowen and Mohammad11461 examined nanofiltration membranes to separate dye and salt 
mixtures in a complete diafiltration process, including pre-concentration step, 
diafiltration step and a post-concentration step. They modelled the whole process of 
diafiltration and also optimized the overall process time. 
(1) Diafiltration step 
If a constant flux Jv passes through a membrane with area A, a mass balance in the 
diafiltration stage can be described as 
d(V,C Fs ) 
dt = 
 	J AC (2.46) 
where CFs and VF are concentration and volume in the feed, and Cps is concentration in 
the permeate. The Equation (2.46) can be expressed as 
C F 
dV 
±VF 	= J, AC 
Ps dt 	dt 
Since the volume is constant, Equation (2.49) can be expressed as 
f al dt = F$ V 	
1 
F dC 
dO 	Fs id 0 JyA C p 	Fs  
Thus, the process time in diafiltration stage can be calculated via an observed 
rejection, Robs, 
t pc = 
k5C +k6 
(2.44) 
(2.45) 
(2.47) 
(2.48) 
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V F 	 1 TD = tdl —td2 = 	 s'al 	 dC AFS ~dO J,C„,(1—Robs) Fs 
(2) Pre and post-concentration step 
In the concentration stage, both salts and dyes changed continuously. A mass balance in 
this stage can be written as 
d(11,C Fay, ) = 0 
dt 
Since the dye is expected to be fully retained in the feed, VF is related to the mass 
and concentration of the dye as 
M dye 
F = r, 
Fes, 
The change in VF is related to the permeate flux and the membrane area as follows 
dV„ . = _Ajv 
dt 
fo' dt = M dye  fes.Q. 	1 2 	dC, 
dO 	 A 	F5.,40 J,C • dye 
dC,S AJ 
= 	C C F Robs dt 	M dye 
Dividing Equation (2.53) by Equation (2.54), allows calculation of the change in salt 
concentration as a function of dye concentration in the solution 
dC F s CF s Robs 
dCFp, 	C Fdy, 
(2.55) 
Thus 
In 
(C F 	har t 	1 
Fs.r,o C F sl? 
dC 	 (2.56) , 
CFdye,1,0 
W.R. Bowen and A.W. Mohammad11461 proposed a model, which based on extended 
Nernst-Planck equation with incorporation of concentration polarization for mixtures of 
charged ions, to predict the process's performances. Although two-steps[I511 (without 
post-concentration) and four-steps[1521(with a pre-dilution before) diafiltration were 
reported in literature, three-steps diafiltration are still the most common one. Table 2.11 
shows common diafiltration steps employed for variant separations. 
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Table 2.11 Diafiltration operation stages and auplications 
Diafiltration stages Membrane(s) Macrosolutes Microsolutes Solvent(s) Ref 
1. pre-concentration 
2. diafiltration 
3. post-concentration 
NF: CA30 Reactive red dye 
(m.w.=721.5 in free 
acid form or 787.5 
as sodium salt) 
Salt/ions: 
Li+(a.w.=7), 
Ne(a.w.=23), 
r(a.w.=39), 
Cl"(a.w.=35) 
water i1461 
1. pre-concentration 
2. diafiltration stage 1 
3. diafiltration stage 2 
OSN: 
MPF-50 & 
MPF-60 
erythromycin (m.w.=735) methanol 
and ethyl 
acetate 
1021 
1. pre-concentration 
2. diafiltration 
OF soybean extracts - .1501 
cheese whey - 1501. 
Note. B: batch; CD: continuous diafiltration; DD: discontinuous diafiltration 
2.3.6.3 Constant volume and variable volume diafiltration 
As shown in Figure 2.21 (a), the volume in the feed reservoir can be maintained as a 
constant when the flowrate of diafiltration solution is equal to the flowrate of permeate, 
QD=Qp. This mode of diafiltration is called constant volume dilafiltration (CVD). In 
contrast, the yplume-decreasing diafiltration approach used to save the amount of 
diafiltration solution is called variable volume diafiltration (VVD)[1531. Both operation 
modes, i.e. VVD and CVD, have been tested by Li et al.r1543 to purify 
fructo-oligosaccarides. In addition to CVD and VVD, DF can be distinguished into two 
modes, i.e. continuous feed diafiltration (CFD) and intermittent feed diafiltration (IFD). 
Both are the same at the beginning (pre-concentration step) and the end 
(post-concentration step), but are different in the middle (the DF step). The 
mathematical relationship between the two DF modes and yields of microsolutes (e.g. 
Cephalosporin C) were illustrated by Wang et al. 541 
2.3.6.4 Multistage diafiltration cascade: co-current, cross-current and 
counter-current configuration 
In comparison to DF in the single-stage membrane unit, DF can be carried out in a 
multistage cascade as well. As two streams, i.e. feed solution and dilution solvent (could 
be the same solvent or another solvent in the case of solvent exchange), are injected to the 
system, there are three flow patterns, as introduced in the section 2.3.1. 
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(C) 	Counter-Current Diafiltration 
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Figure 2.22 (a) Batch diafiltration, (b) continuous diafiltration; (c) counter-current 
diafiltration (from reference1243) 
Cross-current and counter-current diafiltration in a multistage membrane cascade were 
illustrated by Aimart1561. Comparison of the two multistage DF schemes and two batch 
schemes were plotted on a figure. The conclusions pointed out included: (1) DF in 
continuous mode is not economic in solvent unless a greater number of stages is used; (2) 
counter-current DF is less demanding in solvent than batch DF, provided that the number 
of stages is high enough; (3) Despite the high demand in membrane area, a foreseeable 
advantage of counter-current DF is less solvent consumption, which would be an 
important cost if expensive organic solvents or buffers were used (e.g. in solvent 
exchange) 
Similarly, co-current and cross-current DF in a multistage OF cascade were compared by 
Dutre and TragArdh[1471. They introduced two dimensionless parameters. Also, DF via NF 
has been modelled by Bowen and Mohammad11461. Configuration of three-stage OSN 
cascades can be arranged to be either cross-current or counter-current, as shown in 
Figures 2.23 and 2.24. Both cascades were applied to separate two-solute systems (e.g. 
monomer and dimmer), as experimental data and simulation results shown on Appendix 
B. 
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Figure 2.24 Schematics of a three-stage cross-current cascade 
Ward et al.E1571 developed a model for a counter-current OF cascade and evaluated the 
process performances (i.e. separation factor and extraction percentage), under different 
operational parameters (e.g. flowrate ratios of feed stream and recycling stream or fresh 
solvent stream). They demonstrated that the performance of this configuration is better 
than a single-stage unit through the prediction model and the experimental results of the 
separation of S-ovalbumin and glucose. 
In another study, Barker and Till[1451 proposed a semi-batch four-stage DF cascade to 
enhance the fractionation of dextran. Their cascade was carried out by manually 
exchanging the inter-stage process streams (i.e. permeates and retentates) instead of 
directly connecting by tubing. Through counter-current manner, the fractionation 
efficiency improved 18 % and the amount of the diafiltrate could be reduced to 33%. 
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Ghosh11291 also compared common configurations (i.e. batch and feed-and-bleed, as 
shown in Figure 2.25) of single-stage ultrafiltration process for protein fractionation. 
Meanwhile, he studied the multistage configurations (i.e. two-stage backward and 
forward cascades, and a three-stage cascade, as shown in Figure 2.26 (a), (b) and (c)) by 
simulations. These configurations were similar to those configurations introduced in 
section 2.3.2 
(a) 	 (b) 
Dia fiIt ration solution 
Fccd 
Retentaie 
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2.4 Summary 
In summary, several variables need be considered during design of a membrane cascade 
and are listed below: 
• Membrane types (e.g. MF, UF, RO, NF, OSN) and other material aspects (e.g. 
MWCO and surface properties). 
• Operation conditions, such as applied pressure, temperature and pH, especially for 
OSN, different types of organic solvent are key parameters affecting the membrane 
performance (e.g. swelling). 
• Membrane module types (e.g. flat-sheet, hollow fiber, spiral-wound, capillary). 
• Membrane process configurations, including: (1) number of stages, (2) 
stage-connecting types; (3) arrangement of stages within the overall process, (4) 
arrangement of vessels per stage, (5) membrane area per stage. 
• Membrane process operation schemes, including: (1) batch or continuous; (2) 
single-pass or recirculation; (3) diafiltration ratio and arrangements, e.g. cocurrent, 
counter-current or cross-current; (4) feed points numbers (i.e. single or multiple) 
and locations (e.g. middle or one of two-ends in a cascade). 
This chapter reviewed the progress to date of OSN technology from both membrane 
materials and process aspects, as respectively shown in the section 2.2 and 2.3. The gap 
between the materials and the process development of OSN technology and the needs for 
further developing OSN technology were also respectively pointed out in the previous 
chapter (section 1.1) and the beginning of this chapter (section 2.1). These facets 
inspired the author to think the solutions on a broader scope and practical issues for 
industrial (end users) requirements. Alongside the search for advanced solvent resistant 
materials and the improvements of fabrication techniques for OSN membranes, less 
attention have been given to process modifications. As a result, this thesis approaches 
the two critical separation problems (i.e. solvent exchange and purification) in the 
pharmaceutical and fine chemical manufaturing processes by cascading OSN 
membranes or/and by modifying their configurations and operations. Due to no one else 
has done the multistage OSN study yet, an OSN membrane cascade was designed and 
set-up in the next chapter. And the suitable configurations and operations, which have 
been introduced in the literatures (section 2.3.4-2.3.6), were explored the feasibility on 
related applications in the following chapters. 
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Chapter 3 
Organic Solvent Nanofiltration Membrane Cascade for 
Continuous Solvent Exchange 
Outline 
A continuous process for solvent exchange, which is a key unit operation for organic 
synthesis in pharmaceutical manufacturing, was developed in this chapter. This process 
comprises a counter-current membrane cascade using Organic Solvent Nanofiltration 
(OSN) membranes. Effects of parameters such as number of stages in the cascade, and 
ratio of initial and replacing solvent flows, on solvent exchange performance are tested 
through simulations and experiments. 
3.1 Introduction 
Organic solvents are used in different chemical industries as reaction media for chemical 
synthesis, raw materials, and as cleaning agents[158]. However, recovery rates of organic 
solvent are surprisingly low. For example, a report from GlaxoSmithiCline indicated that 
although ca. 85% of the total mass of chemicals involved in pharmaceutical manufacture 
comprise of solvents, the recovery efficiency is typically only 50 — 80%E159]. Work-up' 
solvents have been identified as the largest contributor to mass intensity in the 
pharmaceutical industryl1601. Although many new 'green solvents' or alternative reaction 
media have been suggested for organic synthesistI61], their potential environmental and 
health risks are still unclear and their high costs make their use uneconomical. Thus, this 
study contributes an alternative approach to decrease solvent consumption and reduce 
consequential pollution during organic synthesis processes. 
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One of the major solvent consuming processes in pharmaceutical manufacturing is 
solvent exchange. This is a common unit operation since many sequential organic 
synthesis reactions must be carried out in different organic solvents. Conventional 
solvent exchange via distillation is able to swap solvents with differing boiling points, 
when the solvent to be removed has a lower boiling point than the replacing solvent. 
However, it is difficult to swap target compounds from a high boiling point solvent (HBS) 
to a lower boiling point solvent (LBS). Although 'put-and-take' distillation or at the 
lab-scale rotary vacuum evaporation[1621 would eventually swap the HBS with routine 
additions of the LBS, there are several drawbacks to this operation. Firstly, it always 
consumes significant amounts of energy. Secondly, it generates lots of intermediate 
solvent mixtures, especially important as the processes moves to a larger scale. Last but 
not least, it may not be ideal for active pharmaceutical ingredients (API) as many of them 
are thermally labile materials. Therefore, an alternative method to exchange target 
solutes from an initial HBS to a replacing LBS is desirable for economical and 
environmental reasons. 
Organic solvent stable nanofiltration (OSN) membranes have recently become 
commercially available[36' 163' 1641, and have been studied in different types of chemical 
processes, including homogeneous catalysts recycling[107]  , phase-transfer catalysts and 
transition metal catalysts recycling[31, dye separation[671, edible oil deacidificationu", 
assisted organic syntheses[61, and lube oil dewaxing[11. In addition, a more competitive 
method for solvent exchange via this new membrane was proposed[5' 1°21. However, the 
membrane solvent exchange process has, to date, only been performed as a single stage 
process with the solute in batch. This present study proposes a continuous process for 
solvent exchange, i.e. a counter-current membrane cascade using OSN membranes. 
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Membrane cascades have been applied to several different separation problemsr121' 127 ' 
165-167] 	• using different membranes, e.g. ultrafiltration (UF), nanofiltration (NF) and 
reverse osmosis (RO). Configuration for each of these membrane cascades was highly 
dependant on the purpose of the separation. For example, RO membrane cascades for 
water treatment were designed to connect permeate streams in series and obtain the 
maximum capacity of pure water; and cascades for gas separation are normally designed 
to enrich the least permeable substance and to strip the most permeable substances at the 
two ends. Avgidou et al.(31  have compared four membrane cascade schemes for the 
separation of liquefied petroleum gas (LPG) olefins and paraffins. The process proposed 
in the present work is most similar to the counter-current recycle (CRC) scheme used in 
gas separation, but with the initial solvent and the replacing solvent fed in the first and the 
last stage of the cascade respectively, to obtain the maximum membrane area for solvent 
exchange. 
This chapter comprises two parts: theoretical predictions and experimental investigations. 
The solvent exchange performance of a membrane cascade was estimated through a 
series of algebraic calculations. Experiments employing single stage, two-stage and 
three-stage membrane cascades were then undertaken and the results were compared 
with theoretical predictions. Effects of system parameters, such as the number of stages 
in the cascade and the ratio of initial and replacing solvent flows, on the performance of 
solvent exchange were also investigated. 
3.2 Materials and methods 
3.2.1 Experimental set-up 
3.2.1.1 Flowthrough stirred membrane cell 
The basic unit of the laboratory scale membrane cascade is a single membrane cell. 
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These can be arranged either in parallel or in series in a cascade, according to the scale 
and the purpose of each application. For this work, the test cells were all made of 316 
stainless steel, could operate under high pressure (69 bar) and held circular flat sheet 
membranes with an effective area of 51 cm2. These flowthrough stirred membrane cells 
operated in a bottom-to-top permeation mode, and all contained a magnetic stirrer in the 
feed/retentate chamber (as shown in Figure 3.1(a)). This is so that any dissolved gas 
released from a permeate stream which enters a following cell will move to the top of the 
cell and exit through the membrane. The liquid capacity of each cell was 92 ml. Six ports 
surround the bottom part of the cell (as shown on Figure 3.1(b)), and were used as inlet 
ports (feed) or outlet ports (retentate), or were connected to a thermocouple or a pressure 
gauge for temperature control and stage pressure monitoring. 
3.2.1.2 Counter-current membrane cascade 
The multistage membrane cascade used in this work consists of multiple flowthrough 
stirred cells which were assembled in series. Each cell comprises a single stage of the 
cascade in the system. The cascade was operated in a counter-current mode, with the 
initial solvent stream and the replacing solvent stream being simultaneously injected to 
the first and the last stages, respectively. A schematic multistage counter-current 
membrane cascade, illustrating how the target solute was swapped from an initial HBS to 
a replacing LBS is shown in Figure 3.2(a), and the detailed experimental schematic of 
setup is shown in Figure 3.2(b). Each stream was fed into the system by a Gilson 302 
high pressure liquid chromatography (HPLC) pump. Inter-stage permeate streams were 
recycled from one stage to the next by internal recycling pumps. System pressure was 
controlled by a pressure release valve in the product stream, and the individual 
temperatures and pressures of each cell were monitored by pressure gauges and 
temperature controllers. 
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3.2.2 Membrane preconditioning 
Before use, each membrane disc was immersed and filtered with pure toluene at constant 
pressure and temperature, i.e. 30 bar and 25 °C, until a constant permeate flux was 
obtained. This step is so called 'membrane preconditioning'. The first 100 ml permeate 
was discarded to remove any preserving agents inside the membranes from the system. 
Subsequently to the first 100 ml the permeate was recycled. The aim is to minimize 
disc-to-disc membrane variations that might be due to differences during membrane 
manufacturing, and so ensure that each filtration experiment starts from the same basis. 
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Figure 3.1 (a) Mechanical design of flow through stirred membrane cell (front view); 
(b) Cell layout showing six ports in retentate chamber (top view) 
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Figure 3.2 (a) Schematic of solvent exchange in an N-stage counter-current membrane cascade showing notation; (b) PID of a three-stage cascade 
as used in this work, where V= valve, PI= pressure indicator, TC= temperature controller, PRV= pressure release valve, NV= needle 
valve 
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3.2.3 System performance simulations 
To predict the performance of the solvent exchange and exclude redundant experiments, 
models were set up on MS Excel SolverTm to simulate the performance of the cascade 
with different numbers of stages. Flowrates (or fluxes) and concentrations of all streams 
in an N-stage counter-current membrane cascade are labelled on Figure 3.2a. Subscripts 
A and B represent the HBS and LB S in each stream. The weight fraction of the solute was 
small (0.2 < wt.%) and so was not considered in these mass balance equations, i.e. only 
the concentrations of the two solvents (methanol and toluene) were considered in the 
simulation. Assuming that there is no selectivity for solvent mixtures through OSN 
membranes173], the membrane rejections of both solvents (RA,,, RBA,) in all stages were 
equal to zero. 
The parameters, variables and algebraic equations for single-stage, two-stage and 
three-stage systems are elaborated in Appendix A. Essentially, for an N-stage cascade, 
species mass balances over (N-1) individual stages suffice to produce a consistent set of 
algebraic equations for solution. The parameters listed in the appendix comprised either 
properties of the system, for example membrane flux, or experimentally manipulated 
properties such as initial and replacing solvent flowrates. 
The models were supplemented by using simplified assumptions. System parameters, 
such as trans-membrane pressures and membrane rejections for the solutes, were all 
assumed stable with respect to time; other initial conditions, e.g. initial solvent flowrate 
(QFI), replacing solvent flowrate (Qp(N.,0), feed stream composition (WAR and WBFI) and 
replacing stream composition (WAp(N+1) and WBP(N+I)), were all fixed during the 
simulations. Additionally, concentration polarization phenomena at the membrane 
surface were neglected, and nanoscale aspects of mass transport through the membrane 
were not considered here. Thus, the rejections and fluxes at each stage were all constants, 
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and consequently flowrates of the permeate and product streams can be determined by 
mass balances. 
3.2.4 Materials 
Two solvents commonly employed in organic synthesis, toluene and methanol, were 
chosen for this study. The boiling point of toluene (representing a HBS) was 110°C in 
contrast to methanol (representing a LBS) at 65°C. Both were analytical grade, purchased 
from Aldrich Chemical Co., UK. A commercially available OSN membrane, 
STARMEMTm 1221 (nominal molecular weight cut-off, MWCO = 220 g•mol-1), was 
kindly supplied by MET (Membrane Extraction Technology Ltd., UK) and was used in 
this study. A quaternary ammonium salt, tetraoctylammonium bromide (TOABr, 
molecular weight 547 g.mo1-1), was chosen as a marker solute in this study to represent 
an API intermediate typical of a series of organic synthesis reactions. The concentration 
of TOABr in the feed to the OSN membrane cascade was 2.0 g-L-1. 
3.2.5 Analytical methods 
Concentrations of TOABr and the two solvents were analysed using a gas 
chromatograph fitted with a flame ionisation detector (GC-FID, Agilent 6850). 
Temperature ramps were programmed in two phases for simultaneous analysis of both 
solvents and the solute in a single sample. The first phase starts from 50°C and the 
temperature was raised at 5°C per minute until 100°C. From 100°C the temperature was 
raised at 25°C per minute until 300°C. Solvent calibration curves were prepared from a 
1 STARMEM is a trademark of W. R. Grace & Co. 
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series of different weight fractions of toluene and methanol, with a constant solute 
concentration; similarly, solute calibration curves were prepared in solutions with a 
constant ratio of the two solvents. All samples were collected from fresh permeate and 
product streams in sealed vials during operation, and quantified by GC-FID directly. 
Since the feed conditions of each stage vary, solute rejections were calculated based on 
permeates in each stage and retentate from the last stage as in the following equation. 
= ( 1 	  1? 
Solute concentration in permeate of stage i 
x100% S,n Solute concentration in retentate of stage N 
(3.1) 
3.3 Results and discussion 
3.3.1 System stability 
The stability of the system was tested after the membrane cells were assembled into the 
cascade. As shown in Table 3.1, a set of experiments was carried out to investigate the 
system dynamics and explore how long the system takes to reach steady state. Run 1— 3 
tested the stability of single-, two- and three-stage systems respectively. The flowrate 
ratios were 1.00±0.08 for all three runs. Solute and solvent concentrations were 
monitored over time. 
94 
Chapter 3. OSN Membrane Cascade for Continuous Solvent Exchange 
Table 3.1 Counter-current cascade for continuous membrane solvent exchange experimental results 
Number 
of 
run 
Number 
of 
stage 
(N) 
Operation 
period 
[hi 
Feed 
solute 
concen. 
[g-L-11 
Initial Replacing 
solvent 	solvent 
QFI 
Flowrate of each stream 
QPI 	QP2 	QP3 	QP4 QRN 
Flowrate 
ratio 
(QFI I 
Qp(N41)) 
Replacing solvent fraction 
1%] rt 	2nd 	3rd 
stage 	stage stage retentate 
Solute rejection 
i" 	2nd 	3rd 
stage 	stage 	stage 
Mass 
balance 
1%1 
CCC-run 1 
CCC-run 2 
CCC-run 3 
CCC-run 4 
CCC-run 5 
CCC-run 6 
CCC-run 7 
CCC-run 8 
CCC-run 9 
CCC-run 10 
CCC-run 11 
1 
2 
3 
1 
2 
3 
3 
1 
1 
2 
2 
2 
2.5 
8 
2 
2 
2 
5 
1.01 
3.5 
1 
1 
2.0 
2.0 
2.0 
2.0 
2.0 
2.0 
2.0 
2.0 
5.0 
5.0 
1.0 
Toluene Me0H 
Toluene 	Me0H 
Toluene 	Me0H 
Toluene 	Me0H 
Toluene 	Me0H 
Toluene 	Me0H 
Toluene 	Me0H 
Me0H 	Toluene 
Me0H 	Toluene 
Me0H 	Toluene 
Me0H 	Toluene 
5.00 
6.24 
4.33 
5.03 
2.87 
549 
4.83 
5.16 
1.12 
5.49 
1.58 
6.10 
(6.30) 
5.80 
(10.1) 
5.36 
(8.55) 
6.06 
(6.8) 
3.79 
(7.5) 
4.64 
(6.21) 
4.70 
(10.14) 
6.60 
(6.98) 
3.19 
(3.62) 
5.46 
(5.52) 
5.40 
(4.79) 
5.02 
(7.44) 
(6.28) 
4.89 
(6.4) 
(5.26) 
(7.44) 
5.11 
4.86 
(4.89) 
(4.17) 
5.74 
(7.37) 
5.39 
(4.5) 
(3.87) 
5.49 
8.71 
- 
4.09 
5.41 
5.30 
3.60 
(3.66) 
5.46 
(7.90) 
3.30 
6.41 
3.29 
5.14 
5.65 
3.44 
3.22 
5.61 
3.31 
1.00 
1.09 
1.06 
1.03 
0.53 
1.01 
0.91 
1.01 
0.23 
1.00 
0.18 
50.7 
33.7 
31.1 
61.0 
34.2 
23.0 
21.9 
43.8 
84.2 
53.2 
76.4 
- 
57.8 
57.1 
32.7 
46.0 
43.7 
72.4 
97.3 
- 
- 
76.0 
75.4 
72.3 
49.9 
61.3 
76.9 
58.1 
75.4 
78.0 
75.6 
43.9 
88.1 
73.2 
97.9 
92.9 
98.2 
71.9 
99.1 
95.0 
80.1 
67.9 
99.8 
99.5 
99.8 
96.7 
99.4 
91.5 
99.4 
96.3 
98.8 
99.9 
99.4 
98.7 
98.2 
99.2 
103.3 
105.7 
97.0 
79.5 
113.7 
104.7 
96.2 
102.3 
93.3 
99.3 
118.2 
Note. Solute used here was tetraoctyl ammonium bromide (TOABr), and filtrations were tested at 30 bar, room temperature (22±3 °C). Flowrate 
and flowrate ratio are shown in Figure 3.2 (a), numbers in the brackets are instantaneous measured flowrates, and numbers without brackets are 
overall volume divided by operation time. 
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The single-stage system was operated for a total of 2 h, taking samples and measuring 
the flux every 0.25 h (15 minutes). As shown in Figure 3.3, the system reached steady 
state after the third measurement (0.75 h). Although the solute was present in 
infinitesimal amounts in all permeates, TOABr rejections remained high (an average of 
93.0%) and stable. There were no sharp fluctuations of permeate flux observed during 
operation. The overall results indicated good stability, in terms of rejection, flux and 
weight fraction of solvents and solute. 
Time [h] 
Figure 3.2 Single-stage OSN membrane cascade (CCC- run 1): system performance 
over time 
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The two-stage system was operated for a total of 2.5 h and sampled every 0.5 h. Solute 
weight fraction in both permeate streams remained small (averages of 0.0046 wt.% and 
0.1404 % for the first and second stage, respectively), TOABr rejections in the first and 
second stage were both high (averages of 97.5% and 99.0%, respectively) and stable as 
shown by the upper two lines in Figure 3.4. It can be observed that the permeate flux in 
the second stage showed a better stability over the operation period than the first stage, 
where the flux decreased in the third measurement (1.5 h). In general, the operation of the 
two-stage system took longer to reach steady state than the single-stage system, around 
1.5 h compared with 0.75 h for the single-stage system. 
In contrast to the single- and two-stage experiments, the three-stage cascade was 
operated for a longer period, i.e. eight hours, and sampled every hour to investigate the 
system stability. Figure 3.5 showed the variation of weight fraction of the three species 
with respect to time in the three-stage system. Although methanol weight fractions 
fluctuated in the beginning, similar trends can be found between each stage and the 
system can be assumed stable after the fourth hour of operation. For example, samples 
taken from the retentate of the third stage contained 69.4 - 82.6 % methanol, whereas 
samples from the first stage permeate were in the range 21.8 - 39.1 %. The solute weight 
fractions in all streams were constant. Solute rejections of the second and the third stage 
in the three-stage cascade both remained high and stable (98.7% ±0.1 and 90.5% ±1.2). 
Clearly, the more stages that are involved in the membrane cascade, the longer the system 
took to reach steady state. 
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Figure 3.3 Two-stage OSN membrane cascade (CCC- run 2): system performance over 
time 
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Figure 3.4 Three-stage OSN membrane cascade (CCC- run 3): system performance 
over time 
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3.3.2 System model validation 
Using MS Excel SolverTM, solutions for the algebraic equations shown in Appendix A 
can be obtained. Weight fractions of the two solvents were both 0.50 in the permeate of 
the single-stage system. In the two-stage membrane cascade, the weight fractions of 
methanol and toluene were calculated to be 0.67 and 0.33, respectively. In the three-stage 
membrane cascade, the predicted weight fraction of toluene in the product stream was 
0.25, while the predicted weight fraction of methanol was 0.75. 
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Replacing solvent (methanol) simulation data in product stream 
Initial solvent (toluene) simulation data in product stream 
Replacing solvent (methanol) experiment data in product stream 
Initial solvent (toluene) experiment data in product stream 
Figure 3.5 Experimental and simulated solvent exchange results in an OSN membrane 
cascade with different numbers of stages at a constant ratio of initial to 
replacing solvent flows 
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These calculated results are compared to experimental data from CCC-run 1-3, as 
shown in Figure 3.6. The predicted methanol weight fractions of the product stream from 
single-, two- and three-stage cascades were close to the theoretically predicted values, 
and this good agreement suggests the reliability of the models. 
3.3.3 The effect of number of stages 
In addition to investigating how long the cascades with different numbers of stages 
required to reach their steady states, CCC-run 1-3 in Table 3.1 can be used to explain the 
effect of increasing the numbers of stages in the cascade on the solvent exchange 
performance. Figure 3.7 summarizes key operational parameters and compares results of 
the single-, two- and three-stage solvent exchange process. Feed flowrates of the initial 
and replacing solvents were controlled as close to each other as possible so that the ratios 
of both streams in the three systems were all at 1.0. The performance of solvent exchange 
in the single-, two- and three-stage cascades was generally consistent with the theoretical 
calculations as shown in Figure 3.6. 
The three-stage OSN membrane cascade were tested in two, five and eight hour runs 
(CCC-run 6 , 7 & 3), as shown in Table 3.1. Also, the single-stage and two-stage system 
runs were both repeated either over different operating periods (CCC-run I& 4) or for 
different flowrate ratios (CCC-run 2 & 5). A general conclusion drawn from these 
experiments was that increasing numbers of stages in the cascade gave higher 
concentrations of the replacing solvent in the product stream. The effect of the flow rate 
ratio are significant when comparing CCC-run 2 and run 5. Therefore, it was necessary 
to further investigate the effect of this parameter on solvent exchange. 
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Figure 3.1 Solvent exchange in single, two-, and three-stage OSN membrane cascades 
(CCC-run 1, 2 and 3) 
3.3.4 The effect of the flow rate ratio 
In addition to the effect of the number of stages on solvent exchange in an OSN 
cascade, the ratio of the initial and replacing solvent flowrate ,P(n+ 1)/ QF1)- as shown 
in Figure 3.7, was found also to be an important operational factor to affect the 
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performance of solvent exchange. The ratio of replacing solvent flow rate (Qp( n+/ )) to 
initial solvent flow rate (QFI ) was then defined as Equation (3.2) and simply used the 
term 'flow rate ratio' (F). 
F = QP(n+l) 
QFI 
	
(3.2) 
The flowrate ratios were simulated from 1.0 to 5.0, where initial solvent flowrates were 
assumed constant at 5.0 ml•min-1 and replacing solvent flowrates were variables from 5.0 
to 25.0 	(which is the maximum capacity of HPLC pump). The methanol content 
in the product stream was proportional to the flow rate ratios, which indicated that with 
more methanol (replacing solvent) injected to the last stage of the cascade, a higher 
concentration of methanol was achieved in the product stream. However, this was limited 
by the physical contsraints of the cascade, such as the maximum HPLC pump flowrates, 
the system internal hydrodynamic balance, and reversible flows in the inter-stage piping. 
Figure 3.7 Simulated solvent exchange results in OSN membrane cascades with varying 
numbers of stages at varying flow rate ratios of replacing solvent to initial (Qp( ,,+/)/QF/ ) 
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Although the content of methanol in the product stream could be theoretically raised by 
increasing the replacing solvent flowrates, the drawback of this technique is the 
consumption of more fresh methanol. In addition, the effect of increasing the ratio F has 
limitations. As shown in Figure 3.8, the effect of increasing the flowrate ratio F on 
solvent exchange is less for a cascade with a higher number of stages. In general, this 
simulation demonstrated the dilution effects of the increasing replacing solvent flows on 
the solvent exchange performance of the membrane cascade. 
3.4 Conclusions 
A continuous counter-current membrane cascade for solvent exchange was proposed and 
experimentally tested in this chapter. The approach overcomes the difficulties of 
traditional distillation processes, i.e. to swap target compounds from a HBS to a LBS. In 
contrast to thermally based solvent exchange processes, which are not only energy 
intensive but also consume significant amounts of solvents during the exchange, OSN 
membrane cascades could play an important role in reducing solvent consumption. In 
addition, the counter-current configuration is able to operate continuously. 
The results of this study are summarized as follows. Firstly, the hydraulic and membrane 
stability of the system was investigated by frequent flux monitoring and sampling. 
Unsurprisingly, the cascades took longer to reach steady state as the number of stages in 
the cascade increased. Secondly, higher LBS content in the product stream of the cascade 
with the higher number of stages were shown both experimentally and in simulations. 
Also, trends of different ratios of initial and replacing solvent flows in cascades with 
different sizes were found by pure solvent testing and simulations. 
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The feasibility of the OSN membrane cascade for solvent exchange application was 
shown both experimentally and through simulations. However, it is also acknowledged 
that this configuration will not be suitable for complete exchange of two solvents as this 
could require an infinite numbers of stages. Therefore, integration into other solvent 
exchange processes or a direct modification of this configuration will be introduced in 
the next chapter. 
105 
Chapter 4. Membrane Solvent Exchange and Green Metrics 
Chapter 4 
Configurations and Operations of Membrane Solvent 
Exchange and Green Metrics 
Outline 
This chapter reports on further testing of membrane solvent exchange (MSE) in three 
configurations and/or operations, including two diafiltration (DF) modes in a dead-end 
OSN membrane cell and the counter-current cascade (CCC) developed in the previous 
chapter. The experimental results of the two feed-batch MSE experiments 
(discontinuous and continuous diafiltration, DD & CD) were analyzed and compared to 
each other, and with those for similar configurations found in literature' 102, 171] The 
operation of DD in this study was further distinguished into two sub-modes, i.e. 
constant top-up (DD-run 2) and constant add-in (DD-run 3), through the method used to 
replace solvent poured in the dead-end cell. Two DF process parameters (volume 
concentration ratio and diavolume, VCR & DV) were introduced to interpret the MSE 
performance. VCR was found that it could be applied to calculate the required batch 
numbers of DD to achieve the desired purity in a sequence of manual MSE batch 
operations, while DV was found to be an important index of solvent consumption 
during the MSE. A model based on the VCR was developed to predict MSE 
performance. Good agreement was observed between experimental data and theoretical 
predictions from the model, which was not only valid for our own data, but also for data 
found in the literature' 102'1711. Also, a methodology designed to evaluate the greenness 
of the MSE process is described here. Through integrating DV and the achieved purity 
in the each operation steps of DD and CD, the process efficiency of the two MSE 
schemes can be visually evaluated by the proposed green metrics. In addition to the two 
fed-batch MSE analysis, the feed-continuous MSE (i.e. CCC) was implemented by 
additional data (CCC-run 8-11) with key parameters investigation in the previous 
chapter. A generalized mass balance equation for MSE was used to conclude the 
complete analysis for the three MSE configurations and operations. Finally, the 
potential of OSN as a green chemical technology, in terms of solvent elimination, was 
presented and discussed. The feasibility of OSN in the solvent intensive chemical 
manufacturing processes in the end of this chapter. 
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4.1 Introduction 
Three of twelve key green chemistry research areas, which were recently revealed by 
pharmaceutical manufacturers11601, are related to organic solvents issues2. Sheldon11611 
pointed out that the main problems associated with solvents in pharmaceutical 
manufacturing are related to the issues of inefficient recovery and reuse rather than to the 
quantities used. The pharmaceutical industry is identified as producing the most waste 
per gram of target product.[161] Therefore, new research work is emerging aimed to 
develop practical strategies, able to increase the efficiency of solvent-intensive processes 
and to improve the solvent recovery rate, for both economical and environmental 
benefits. 
Since OSN does not need to consider the boiling point orders of the initial and replacing 
solvents and azeotropic behaviour, membrane solvent exchange (MSE) supplies an 
attractive alternative to traditional solvent exchange methods. Livingston et al.151 used 
OSN to demonstrate batch MSE from HBS to LBS, while Sheth et al.111521 performed MSE 
in two diafiltration (DF) modes. As summarized in Table 4.1, the same type dead-end cell 
were used in their experiments, but the membranes, model solutes, initial and replacing 
solvents and operational conditions were different. A continuous MSE process in a 
counter-current cascade, which is able to feed and exchange solvents simultaneously, was 
developed and performed in the last chapter. Also, MSE can be applied to exchange 
diastereomeric resolution chiral bases from polar resolving solvents (PRS) to extracting 
organic solvents (E0S).11711 Although previous batch MSE systems15' 102, 171] and the 
continuous CCC have both demonstrated the feasibility of OSN, there is to date no 
systematic study carried out to compare the efficiencies of various MSE schemes with 
different configurations and operations. To further apply OSN as a green chemical 
strategy on MSE, it is necessary to figure out which MSE scheme is more efficient (or 
greener). One of the key obstacles to the promotion of green chemical technology is the 
lack of proper methods to evaluate the improvements of a process and to quantitatively 
measure the economical and environmental benefits1160' 1731. Although many approaches 
to assess the greenness of a process have been proposed (e.g. mass intensity and reaction 
mass efficiency) and discussed1159' 1741, most of them are originally designed for reaction 
2. Three issues related to organic solvents in the twelve key green chemistry research areas: (1) 
replacements for dipolar aprotic solvents; (2) solvent-free reactor cleaning; (3) alternatives to chlorinated 
solvents. 
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and are not suitable for all unit operations of manufacturing processes.t1731  Apparently, 
there is a need to develop tailor-made green metrics for MSE, as this process is quite 
specific (solvents are simultaneously raw materials and wastes) and previous evaluation 
approaches are normally product-oriented instead of process-oriented. 
The primary objective in this chapter is to investigate which MSE scheme is more 
efficient. Through experimental testing of two DF modes, the MSE results are analysed 
from the perspectives of different process parameters. Comparisons between different 
configurations and with the results obtained from similar configurations found in 
literature are also presented. A model to predict MSE performance was developed here. 
The validity of this model is proved for our own data and for that from the literature. This 
model can also be used to calculate the required batch numbers for a desired purity level 
in batch MSE operations. The second objective is to evaluate the process efficiency and 
the greenness, in terms of fresh solvent consumption, of different MSE schemes. 
Individual operation parameters in the experiments are connected to process 
performances and further developed as a green metric to evaluate the efficiency and 
greenness of different MSE schemes. Finally, the potential of OSN as a green chemical 
technology is highlighted and discussed. Through the case study of MSE, it would like to 
been exhibited that how OSN technology can be act as a practical green chemical 
technology in terms of solvent elimination. The potential of OSN to contribute to the 
resolution of solvent issuet5' 1751 is presented and discussed in the end of this chapter (i.e. 
section 4.4.2). 
4.2 Materials and methods 
4.2.1 Membrane solvent exchange apparatus 
4.2.1.1 Experimental set-up for discontinuous and continuous diafiltration 
The commercial dead-end membrane cell (i.e. METcell) used for MSE was obtained 
from MET (Membrane Extraction Technology Ltd., UK). The schematic of a METcell 
is shown in Figure 4.1(a). Two diafiltration modes (DD and CD, as introduced in 
section 2.3.6.1) of OSN were tested in this membrane cell. As shown in Figure 4.1(b), 
the experimental set-up for DD is comprised of a METcell and a pressure regulator 
apparatus, which allowed the adjustment of the pressure from a nitrogen gas cylinder 
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and allowed depressurization of the apparatus after each run. For CD, the facilities used 
are the same as those for the discontinuous configuration, with the solvent added by a 
HPLC pump (Gilson 302), connected to a three-way valve (V-2) on the thermocouple 
port of METcell, as shown in Figure 4.1(b). The system was pressurized to the desired 
value (e.g. 30 bar), then the replacing solvent was pumped into the membrane cell. 
(b) Experimental set-up for discontinuous and continuous diafiltration (DD &CD) 
If solvent exchange is carried out by 
batch top-up or add-in fresh replacing 
solvent during depressurization of 
METcell (V-2 is off), the system is called 
discontinuous diafiltration (DD). 
High Pressure Flexible Horse (N2) 
,,, 
p essure supp y 
and control unit 
METcell 
irc-1 • 1 
lt j TemperaThre 	Magenetic Stirrer Nitrogen gas 	 controller 
cylinder Permeate I 
I-- — — — — — — — 	 — 
Figure 4.1 (a) Dead-end cell (METcell) for membrane solvent exchange, 
(b) Experimental set-up for discontinuous and continuous diafiltration. 
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4.2.1.2 Experimental set-up for continuous feed diafiltration, counter-current 
cascade 
The continuous MSE apparatus, i.e. counter-current cascade (CCC), is exactly the same 
as the one described in the Chapter 3 (section 3.2.1). The membrane cascade comprised 
of a series of flowthrough stirred cells. Each cell holds a flat sheet OSN membrane with 
an effective area of 51 cm2, which is the same size as that of the above dead-end cell 
(METcell). In this cascade, feed solution and replacing solvent streams are 
simultaneously injected into the first and the last stage of the multistage system. As a 
result, a continuous feed and counter-current diafiltration MSE is performed. A detailed 
layout of these cells and drawings of the CCC set-up can be found in section 3.2.1.1 and 
section 3.2.1.2. 
4.2.2 Materials and analytical methods 
Two solvents (i.e. toluene and methanol), solute (i.e. tetraoctylammonium bromide, 
TOABr) and OSN membrane (i.e. STARMEMTm 122) used here are the same as 
Chapter 3. Gas chromatograph fitted with a flame ionisation detector (GC-1-1D, Agilent 
6850) was used to analyse concentrations of TOABr and of the two solvents. All details 
can be found in section 3.2.4 and section 3.2.5. 
4.2.3 Experimental procedure 
Each OSN membrane was preconditioned with pure solvent (initial solvent) at constant 
pressure (30 bar) and temperature (22±1 °C) until a constant permeate flux was obtained. 
The first 200 ml of permeate in the dead-end cell (for DD and CD) was discarded as it 
contained remaining preservative agents inside the membranes and residual in the 
membrane cell from the last experiment. For CCC, more permeate (at least 300 ml) was 
discarded at this stage, in order to make sure that the membranes, the flowthrough stirred 
cells and the inter-stage tubing were all clean. Then, the retentate and permeates were 
recycled to the feed reservoir until all membranes were preconditioned. The aim of this 
procedure is to minimize disc-to-disc variations of each sheet of membrane during 
manufacturing and ensure that each filtration experiment started from the same basis. 
Experimental procedures for DD are illustrated in Figure 4.2(a). Each DD run included 
three parts, i.e. a pre-concentration step, three subsequent diafiltration batches (i.e. lst DF, 
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2nd DF and 3rd DF) and a dilution step (optional). After pre-concentration, the cell was 
depressurized and the remaining retentates were measured and sampled. The fresh 
replacing solvents were poured into the METcell manually between each diafiltration 
batch. As described previously, there are two ways to pour the fresh replacing solvents 
into the cell. In the 'constant top-up volume' mode (DD-run 2), the fresh replacing 
solvents were topped up until the maximum level of the cell was reached. So the initial 
volumes of feed solution in all diafiltration batches were equal (i.e. VH=VF2=VF3=250 
m1). In the 'constant add-in volume' mode (DD-run 3), fixed amounts of fresh replacing 
solvent were gently added into the cell (i.e. VD1= VD2= VD3= 200 ml) in each diafiltration 
batch. 
Experimental procedures for CD are simpler than those for DD. When the feed solution 
was poured into the METcell and pressurized to 30 bar, the valve on the permeate stream 
was simply open and the HPLC pump switched on, i.e. V-2 and HPLC-P1, as shown on 
Figure 4.1(b). The advantage of CD is that it does not need the frequent pressurization 
and depressurization required by DD. However, the flowrate of the permeate (Qp) and the 
fresh replacing solvent add-in flowrate (QD) must be carefully checked all the time. This 
is to make sure that the add-in amount of replacing solvent flowrate is equal to that of the 
permeate (VD=Vp). The fresh replacing solvent add-in flowrate can be controlled by 
adjusting the flowrate setting on the panel of HPLC pump. Preconditioning OSN in CD 
was also much easier than that in DD as pure solvent can be directly added into the cell 
pressurized without opening the cap and seals. Detailed experimental procedures and 
preconditioning procedures for the counter-current cascade (CCC) can be found in the 
previous chapter (section 3.2.1.2 and 3.2.2). 
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(a) Schematic representation of membrane solvent exchange in dead-end cell operated under discontinuous diafiltration mode (DD-run 2) 
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Figure 4.2 (a) Schematic representation of membrane solvent exchange in dead-end cell operated under discontinuous diafiltration (DD-run 2); 
(b) flow diagram and nomenclature of membrane solvent exchange in dead-end cell operated under discontinuous diafiltration mode. 
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4.3 Results and discussion 
4.3.1 Membrane solvent exchange via discontinuous diafiltration 
The results of three sets of discontinuous diafiltration experiments (DD-run 1-3) are 
listed in Table 4.1. The testing conditions and materials used in each run, including feed 
solutions (initial solvent plus exchanged solutes) and concentrations, replacing solvent, 
OSN membranes, testing facilities, operation temperatures and periods, are all 
summarized in the same table. MSE data from the literatureE5' 102, 1711, obtained from 
testing in the same mode, are also shown in Table 4.1 for convenient comparison. 
Figure 4.1 depicts the experimental set-up of the dead-end cell used in the MSE 
experiments. Figure 4.2(a) shows schematically the experimental procedure for data 
collection of DD-run 2. Figure 4.2(b) shows schematically the flow diagram and 
nomenclatures for three steps of a complete DD process, which comprises of a 
pre-concentration step (i=0), subsequent diafiltration (DF) batches (e.g. i=1 for 1s` DF, 
i=2 for 2nd  DF, and i=3 for ri DF), and a dilution step (if required). 
As shown in Figures 4.3(a), 4.4(a) and 4.5(a), the amounts of replacing solvent in the 
three runs were all increased stepwise, while the amounts of initial solvent decreased 
stepwise. In all three DD runs, starting weight fractions of replacing solvent were all 
zero at the pre-concentration step and then increased to 80.2-88.8 wt.% in the first 
diafiltration batch (lst DF). After the third batch (3rd DF), more than 99.3 wt.% initial 
solvent (HBS, i.e. toluene) was transferred to the replacing solvent (LBS, i.e. methanol). 
In DD-run 1, sampling for GC analysis of each batch was carried out only once, so that 
the volume reduction (1.5 ml per vial, two samples for one point) was negligible. 
However, in DD-run 2 and 3 batches were sampled several times. So the volume 
reduction should be taken into account in the calculations of MSE efficiency. 
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Table 4.1 Comparison of experimental results, theoretical predictions and literature data- MSE in dead-end cell operated under DD 
Number 
of 
run 
Membrane Feed solute 	 Total OSN 	Dead- 	 Initial 	Replacing effective membrane end cell and solvent 	solvent 	process 	Temp. area 	concentration 	 time 
Purity of replacing solvent 
weight fraction [wt. %J in retentate 
1St DF 	2"d DF 	3 d` DF 	4th  DF 
Solute rejection and diavolume 
(DV) of each MSE batch 
Pre-conc. lst DF 2"d DF 3 d` DF 4th DF 
Mass 
balance 
1%] 
DD-run I 
STARMEMMETcell 51 cm2 	TOABr, 122 	 2.0 0.4 	Toluene Me0H 	/51 hr 	22±1°C 
VCEto=VCRI=VCR2=VCR3=250/50=5.0 
79.7 	96.1 	99.3 
N/A 
ca. 80.0 ca. 96.0 ca. 99.2 
95.8 	81.7 	77.5 	83.6 	N/A 
DV0=0, DV1=0.8, DV2=1.6, DV3=2.4 
97.0 
_ 
DD-run 2 
STARMEMMETcell 51 cm2 	TOAB_I r, 	Toluene Me0H 	3.98 hr 22±1°C 122 	 2.0 g.I. 
VCR0=250[33, VCR2=250[34, VCR2= 250/32, VCR3= 250[30=8.33 
86.9 	98.3 	99.8 
N/A 
ca. 86.4 ca. 98.3 ca. 99.8 
95.4 	90.0 	90.8 	88.8 	N/A 
DV0=0, DV1=0.88, DV2=1.76, DV3=2.64 
91.0 
- 
DD-run 3 
, STARMEM 
 122 	 g- cell 	51 cm 	2.0 	1.,.
2 TOABr1	Toluene 	Me0H 	2.87 hr 22±1°C 
VCR0=250/32, VCRI=232/25, VCR2= 225/6, VCR3= 206/3 
88.6 	98.5 	99.9 
N/A 
ca. 87.9 ca. 99.5 ca. 99.9 
99.3 	90.9 	91.5 	91.9 	N/A 
DV0=0, DV1=0.8, DV2=1.6, DV3=2.4 
99.6 
- 
Ref [SI 
TOABr, Toluene Me0H 	est.10 hr 22±1°C 
	
STARMEM SEPA- 	14 cm2 	0.O1M 122 	ST cell TBABr, Me0H 	EtAc 	est.2.2 hr 22±1°C 0.O1M 
VCR0=VCRI=VCR2=VCR3=VCR4=100/20=5.0 
80.0 	99.6 	99.1 	99.7 
80.0 	96.4 	99.3 	99.6 
ca. 80.0 ca. 96.0 ca. 99.2 ca. 99.8 
100 	100 	100 	100 	100 
100 	99.8 	99.8 	99.6 	99.9 
DV0=0, DV1=0.8, DV2=1.6, DV3=2.4, 
DV4=3.2 
N/A Ref [1021 
MPF-50 SEPA- 
14 cm2 	Erythromycin, 	EtAc 	Me0H est.10.4 hr 20±.1°C MPF-60 ST cell 	 5.0 0;1 	EtAc 	Me0H est.19.2 hr 20+1°C 
VCR0=VCR2=VCR2=200/40=5.0 
ca. 80.0 ca. 96.0 
ca. 80.0 ca. 96.0 	N/A 
ca. 80.0 ca. 96.0 
83.9 	88.86 91.26 N/A 96.37 	96.36 96.37 
DV0=0, DV1=0.8, DV2=1.6 
Ref [1711-run I 
Ref [171]-run II 
Ref [1711-run I 
Rel[171]-run II 
EtAc 	PRS 	 22°C 
DTTA, 	EtAc 	PRS 22°C STARMEM SEPA-2 	 N/A 14 cm 122 	ST cell 	 2.0 0:1 	2- octanol Me0H 	 22°C 
2- octanol Me0H 22°C 
VCR0=VCRI=VCR2=VCR3=40/10=4.0 
N/A 
ca. 75.0 ca. 93.8 ca. 98.4 	N/A 
99.1 	98.0 	99.1 	98.9 
98.1 	99.2 	98.9 	98.9 
97.9 	98.0 	97.9 	97.8 	N/A  
98.1 	97.9 	98.6 	98.4 
DV0=0, DV2=0.75, DV2=1.5, DV3=2.25 
Note. EtAc is ethyl acetate; Me0H is for methanol; PRS is polar resolving solvent (model PRS in Ref [171] is acetone/water: 97.3 wt.%); N/A 
is not available; TOABr and TBABr are tetraoctyl and tetrabutyl ammonium bromide, respectively; DTTA is di-0, 0'-toluyl-tartaric acid; 
ca. is the calculation purity based on Equation (4.3). 
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One important operation parameter in DD, namely the concentration factor, was 
introduced to analyse the MSE experimental results. This factor can be expressed either 
by volume (volume concentration ratio, VCR) or by weight (WCR). The original 
definition of VCR for DF found in an ultrafiltration (UF) and microfiltration (MF) 
handbook11981 is shown below 
Initial feed solution volume (VF O ) 
VCR — 
	
	 (4.1) 
Retentate volume (VR ) 
In subsequent DD operations, the volume concentration ratio for the ith DF step (VCR;) 
can be expressed as the retentate volume left from the last operation (VR,H ) plus the 
added volume of replacing solvent (VD;), as depicted in the middle box of Figure 4.2(b). 
Thus, the definition of VCR can be modified for MSE operated in DD as shown below 
VCR V • VR '-l+VDi  — = 
VR1 	VRi 
(4.2) 
where VF:  was the feed solution volume of the ith DF and i>1. 
As shown in Table 4.1, the VCR of DD-run 1, is 5.0 for all batches (VCR0= VCR1= 
VCR2= VCR3= 250/50) since the pre-concentration step and subsequent diafiltration 
steps were all stopped at 50 ml remaining retentate (VRi= 50m1) and then topped up to the 
maximum level of the METcell (VF,=250 ml). The VCR of DD-run 2 are 7.58 (VCR0= 
250/33), 7.35 (VCR1= 250/34), 7.81 (VCR2= 250/32) and 8.33 (VCR3= 250/30). The 
VCR of DD-run 3 are 7.14 (VCR0= 250/35), 8.29 (VCR1= 232/28), 25.0 (VCR2= 225/9) 
and 34.3 (VCR3= 206/6) since the fresh replacing solvent were all topped up by 200 ml 
only. The last two VCR of DD-run 3 became very large because the retentate volumes 
(VR,i) of both batches are much lower. 
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In DD-run 3, VD, was a fixed operation parameter in Equation (4.2) as the amount of 
replacing solvent added into the cell was kept the same in all three DF batches (i.e. VDI=  
VD2= VD3= 200 ml). In contrast, the feed volume of each three DF batches in DD-run 2 
was topped up to the maximum level of the METcell (say 250 ml) so that VDi became a 
variable. As a result, the latter (DD-run 2) was called 'constant top-up volume', while the 
former (DD-run 3) was called 'constant add-in volume'. As shown in Figure 4.4 and 4.5, 
the effects of the two modes on MSE performance were not very significant. The 
available space for fresh replacing solvent to be added into the system in the 'constant 
top-up volume' mode (DD-run 2) was dependent on how much retentate remained from 
the previous batch (VR,,_ / ) and the amounts sampled for GC analysis (3.0 m1). As shown in 
Figure 4.2(a), the amounts of fresh replacing solvent added were VDJ= 220 ml, VD2= 219 
ml, VD3= 221 ml, respectively. 
The MSE experiments found in the literature were supposed operated in 'constant top-up 
volume' mode only. The constant top-up volume of replacing solvent in each batch was 
kept 80 ml, 155.2 ml and 30 ml in Livingston et al.E51, Sheth et a1.E1°21, and Ferreira et 
al.E171I's studies, respectively. Because VD! in their experiments were generally lower than 
these used in this study, the VCR in their DD experiments were all lower. Consequently, 
more DF batches will be required to achieve the same purity. 
Another factor affecting MSE efficiency is the volume of the dead-end membrane cell, 
particularly in constant top-up volume mode DD. The capacity used in this study, i.e. 
METcell (250 ml) is larger than that used in previous studiesE5' 1°2' 1711, i.e. SEPATm-ST 
cell (a commercial dead-end cell with 200 ml capacity, GE Osmonics USA). In constant 
top-up volume mode DD, greater capacity means the space for (VR,i_i+Vpi) or VF, (the 
numerators of Equation (4.2)) is larger. As a result, it was supposed to be more efficient 
(since VCR was larger in each DD run) to exchange solvents in our experiments. When 
the interior volume of the dead-end cell was fixed, the maximum topping up volume of 
replacing solvent in each batch DF was limited by the retentate amount left from the 
pre-concentration step (VR0 ) or from the last DF batch (VR,i./ ). So less retentate remained 
from the last operation means more space for fresh replacing solvent (VD,) added. 
As shown in Table 4.1, the most efficient batch MSE among three runs was DD-run 3, in 
terms of the purity of replacing solvent achieved after the same number of DF batches. 
The result was achieved in the dead-end cell used in this study (METcell) while the 
literature data was collected using the smaller capacity cell (SEPATm-ST cell). So fewer 
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diafiltration batches were required to achieve the same purity for the higher VCR, which 
is available in the larger capacity dead-end cell. 
The VCR is not just an operation parameter, but also could be used as a factor to predict 
the performance of batch MSE. The following equation can be used to calculate the purity 
of replacing solvent after the it h batch DF. 
) 
Purity of replacing solvent in retentate after the ith DF, Pur.,(%)= 1 — IT 
N 	
1 
.1 VCR; (4.3) 
The amount of replacing solvent in the final retentate is equal to one (100%) minus the 
multiplication of all VCR inverses. Good agreement between the theoretical calculations 
and experimental data for three DD runs is shown in Table 4.1 and plotted in Figure 4.6. 
None of the previous studiesI5' 102, 1711 stressed the importance of VCR; in batch MSE. 
Here the author calculated the values based on the data reported, i.e. 5.0 (VCR; =100/20) 
for Livingston et al.E53, 5.0 (VCR; =200/40) for Sheth et al.(1°2] and 4.0 (VCR; =40/10) for 
Ferreira et al.t1711 The comparison in Table 4.1 showed that the model was not only valid 
for the presenting data, but also valid for all data found in literature. Thus, the simple 
equation revealed the relationship between batch MSE performances and the diafiltration 
operation parameters. 
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Furthermore, this model can be used to calculate the numbers of DF batches required to 
achieve the desired purity in discontinuous MSE operations. In the case of equal VCR, 
used in all batches during MSE (e.g. DD-run 1 and literature15' 102' 1711), Equation (4.3) can 
be modified as 
Final purity (Pur.) of replacing solvent in retentate =1—  ( 
VCR 
)n 	
(4.4) 
If one wishes to know how many batches of MSE have to be performed to achieve a 
99.9% purity (Pur.= 0.999) of replacing solvent in the final retentate, it can be taken the 
natural logarithm of both sides of Equation (4.4). 
log(1— 0.999) = ni°g 
1 
VCR 
) 	 (4.5) 
As a result, n is 4.98 when VCR= 4.0, n is 4.29 when VCR= 5.0, and n is 3.26 when VCR 
= 8.33(=250/30). However, the DF batch numbers (n) must be an integer. 
log(1— Pur.) 
log( 	I  
VCR 
Thus, the DF batch numbers (n) required to achieve the same desired purity of 99.9% are 
5, 5 and 4, respectively for the three MSE cases mentioned above (i.e. VCR= 4.0 for 
literature11711, VCR= 5.0 for literaturer5' 1021, and VCR = 8.33 for the DD-run 2). 
Another operation parameter, namely diavolume (DV), in diafiltration operations is also 
introduced to interpret the MSE performance here. The definition of diavolume given by 
Cheryan1140] is shown below 
Replacing solvent added volume (VD, ) 
DVfor DD = Initial feed solution volume (V, ) 
(4.7) 
The diavolume is only varied with the fresh replacing solvent added volume (VD;) since 
the initial feed solution volume is a constant. As shown in Figure 4.3(b), diavolume of 
DD-run 1 increases stepwise with the number of batches (i.e. DV1=0.8, DV2=1.6, 
DV3=2.4) since fixed amounts of fresh replacing solvent (say 200m1) can be added only 
after depressurization of the cell. The diavolume of DD-run 2 (constant top-up volume 
n= (4.6) 
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mode) also increased stepwise but the gap is wider, as more fresh replacing solvent is 
added into the system for each batch (about 220 ml, so that DV1 =0.88, DV2=1.76, 
DV3=2.64), as shown in Figure 4.4(b). In DD-run 3 (constant add-in volume mode), the 
diavolume is exactly the same as in DD-run 1, as shown in Figure 4.5(b). Although the 
feed solution volume in each batch is varied (i.e. VF1= 236m1, VF2= 228m1, VF3= 209m1), 
the initial feed solution volume is a constant (i.e. VF0= 250m1). 
In addition to the above operation parameters of diafiltration (VCR and DV), the 
molecular weight cut-off (MWCO) of the membranes is an important factor. Due to the 
fact that MWCO of OSN affects the rejection, this parameter determined the mass 
exchange efficiency of MSE. The OSN membranes used in the same laboratoy[5, 171, 176] 
were all STARMEMTM 122 (MWCO= 220 g•mo1-1), while others[102] used MPF-50 
(MWCO= 700 g•mol"1) and MPF-60 (MWCO= 400 g•mol-1). The model solute used in 
this study was an alkylammonium salt, i.e. TOABr (tetraoctyl ammonium bromide, Mw= 
546 g•mol"1) while another alkylammonium salt, i.e. TBABr (tetrabutyl ammonium 
bromide, Mw= 322 g•mol-1) was used together with TOABr in the literaturet51. 
Erythromycin (Mw= 734 g•mol"1) and DTTA (di-O,O'-toluyl-tartaric acid, Mw= 386 
g•mol-1) were respectively used in the two batch MSE experimentst102, 171]. In general, it 
would be more efficient to deliver solutes during the exchanging processes (in terms of 
the solute loss) if the rejections of the solutes are high (either using higher molecular 
weight of solutes or lower MWCO of OSN membranes). The definition of rejection for 
each MSE batch was: 
Rej (%) =100 x (1  	 (4.8) 
where CI); and CR,i.1 are the concentrations of permeate and of final retentate left in the cell 
from the last filtration. The rejections decreased with respect to the number of DF batches, 
as solute mass was gradually lost during the filtration. 
Evaluation process efficiency via green metrics 
The concept of green chemistry has been universally adopted by academics and chemical 
industries.11771 Although many studies on green chemistry have already been conducted, 
the incorporation rate of green chemical technologies in commercial manufacturing 
processes is still low. One of the limiting steps between the principles and the practices of 
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green chemistry is the absence of visible driving forces, such as quantitative measures of 
the benefits. Green metrics can be used to communicate and quantify the improvements 
of process modifications or of innovations. Developing adequate ways to measure the 
significance of these improvements is a vital part of ensuring sustainability. However, 
even the simplest metrics (e.g. yields) can be misleading unless carefully defined[1781. 
Since metric is 'a collection of indicators describing different facets of a complex 
phenomenon' 11781, any shades of meaning of a single parameter will result in significantly 
different interpretations and confusion for the final users. Lapkin11791 reviewed several 
metrics for green chemical technology and revealed a good green metric should be 
problem-specific and can reflect continuous improvement. 
Two classical performance indexes, i.e. yield and purity, are modified for MSE as 
shown below: 
Exchanged solute in final retentate(C, )x retentate volume(VR, ) CR, 	1 Yield— 	 , = 	x  (4.9) 
Initial solute concentration in feed(C„ )x initial feed volume(V, ) C, VCR, 
Purity = desired solvent amount (replacing solvent weight fraction) in final retentate (wt.%) 	(4.10) 
Livingston et al.151 applied green metrics, i.e. mass intensity, to evaluate the process 
efficiency of solvent exchange processes. They illustrated that MSE via OSN would be 
more cost effective than distillation-type solvent exchange (DSE), particularly in the case 
of exchanging reverse boiling points solvents. The estimated mass intensity of a DSE 
process in a pharmaceutical pilot plant is much higher than that of batch MSE process in 
their report; say 5-10 [kg mixed solvents/ kg starting solution] for the former while only 
2-3 for the latter. The original definition of mass intensity is given below: 
Total reagents employed [kg]  Mass intensity (MI) = 	 (4.11) 
Mass product produced [kg] 
In addition to the mass intensity analysis between OSN process and distillation, a 
simple comparison of energy consumption and cost analysis was available in a recent 
study"31. The recovery of methanol from solvent exchange process by OSN was 
estimated 200 times cheaper than by current distillation method. Although the 
comparison was originally made for API removal by OSN processes, the energy cost of 
the two processes were expected to be similar to that for MSE. Since most of the energy 
consumption of a process was normally not included in evaluating the greenness of a 
process, another green metric, i.e. material input per unit of service (MIPS), can be 
introduced as an alternative approach11791. The definition of MIPS is given as 'a unit of 
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eco-efficiency that quantifies the sustainability of production by breaking down products 
into services they provide and examining the amount of material that needs to be 
displaced in order to provide a unit of service'. One of the advantages of this parameter is 
that all direct and indirect inputs (e.g. energy) can be included. MIPS may not be very 
feasible for comparison between different MSE schemes, but would be quite useful for 
the comparison between MSE and other solvent exchange processes. In general, the mass 
intensity and solvent intensity are kinds of MIPS. In comparison to mass intensity, the 
pharmaceutical company also proposed an indicator for solvent usage, i.e. solvent 
J160,1731 intensity 	The definition is given below 
Total mass of solvent employed [kg]  
Solvent intensity (SI) = 	 (4.12) 
Mass of product [kg] 
Mass productivity is another parameter developed in the same philosophy and is defined as 
Mass productivity =
Mass of product 
x100 = 	 (4.13) 
MI 	Total mass employed in a process 
The concept of E-factor was proposed by Sheldon[1611 to measure the potential 
environmental acceptability of a chemical process. The E-factor is defined as 'mass ratio 
of waste to the desired product', and the relationship between E-factor and Mass Intensity 
(MI) is: 
E-factor = MI -1 	 (4.14) 
Sheldon[1611 reported that the E-factor [kg waste/ kg product] of pharmaceuticals (i.e. 25— 
>100) is much higher than that for other chemical industries, e.g. oil refining (c.a. 0.1), 
bulk chemicals (<1— 5), and fine chemicals (5-- >50). 
However, these green metrics are not able to reflect the efficiency of MSE as solvents 
here are both raw materials and waste. One of the main concerns in this study is which 
MSE scheme is more efficient for the same level of achieved purity. 
Considering that fresh solvent (replacing solvent) consumption is a key factor of 
greenness in MSE, a previous process parameter, i.e. DV as shown in Equation (4.7), is 
introduced to evaluate the process efficiency. As shown in Figures 4.4(b), 4.5(b), and 
4.6(b), step-wise trends are found in MSE operated in the DD operations. This is 
reasonable as the fresh solvent can be added into the system only after a batch DF finishes, 
and DV is increased with the accumulated amount of fresh solvent. 
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Moreover, DV can be integrated with purity to generate a green metric for assessing the 
`greenness' of the two MSE schemes. The new green metrics namely 'solvent exchange 
efficiency (SEE)' developed in this study is expressed below as 
Replacing solvent added volume, VD (ml) x Purity (wt.%) Solvent exchange efficiency (SEE) = 	  
Initial feed solution volume, V, (ml) 
= DV x Purity 	 (4.15) 
The results of the new metrics are also shown in figures with DV. After multiplying by 
the purity, the process performance and the resource consumption are reflected by a 
single green metric. Except in the pre-concentration step, the green metric is approaching 
the DV stepwise in the three DD runs as shown on Figures 4.4(b), 4.5(b), and 4.6(b). The 
differences are then used to evaluate and compare the process efficiency of different 
MSE configurations and operations. 
4.3.2 Membrane solvent exchange via continuous diafiltration 
The dead-end cell (i.e. METcell) can be modified, as shown in Figure 4.1(b) to be 
operated in a continuous diafiltration (CD) mode for MSE as well. Instead of being 
manually added in DD, the fresh replacing solvent was directly injected to the cell by an 
external HPLC pump. The injection flowrate of replacing solvent could be adjusted using 
the pump. A constant volume of approximately 250 ml was maintained inside the cell by 
maintaining the rate of input (replacing solvent stream) equal to the rate of output 
(permeate stream). In CD-Run 1 and 2, two solvents, solutes and permeate flux were 
sampled and monitored with respect to accumulated permeate volume (EVp), as 
respectively shown in Figures 4.7(a) and 4.8(a). In CD-Run 3, the monitoring and 
sampling were performed according to operation time (every 15 minutes) instead of EVp. 
For an easier comparison between CD-Run 3 and the other two CD runs, the operation 
time (t) was plotted on the bottom X axis and the converted accumulated permeate 
volumes were presented on the top X axis, as shown in Figure 4.9. Similar trends for 
initial and replacing solvent fitting curves were found in the three CD runs. Due to the 
closeness of solvent weight fractions in the permeate with those measured in the retentate 
during the batch solvent exchange experiments (i.e. DD), the two solvent weight fractions 
plotted in Figures 4.7 and 4.8 are from measured permeate samples and can be regarded 
as those in the retentate as well. 
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In CD operation, the volume of fresh solvent added is assumed to be equal to the permeate 
volume (EVD=EVP), so the original equation defining the DV can be modified to: 
E V,Accumulated permeate volume (E Vi, 
DVforCD = v 	 = 	  
V  FO 	Initial feed volume (V,0 	 (4.16) 
In Figures 4.3(b), 4.4(b), and 4.5(b), stepwise increasing of DV were observed with 
respect to DD batches. However, the increasing of DV became a continuous linear 
relationship between DV and the accumulated permeate volume in CD operation, as 
shown in Figures 4.7(b), 4.8(b), and 4.9(b). It is interesting to note that the intermediate 
exchanging process of CD is a combination of pre-concentration and the subsequent DF 
steps. 
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Figure 4.7 Membrane solvent exchange in continuous diafiltration mode (CD- run 1): 
(a) experimental results; (b) solvent exchange efficiency (SEE). 
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Figure 4.8 Membrane solvent exchange in continuous diafiltration mode (CD- run 2): 
(a) experimental results; (b) solvent exchange efficiency (SEE). 
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(a) experimental results; (b) solvent exchange efficiency (SEE). 
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As shown in Figures 4.7(a), 4.8(a) and 4.9(a), the turning points of initial and replacing 
solvent weight fraction were observed at around 250 ml, which was equal to the entire 
capacity of METcell (DV=1). After twice the METcell capacity of replacing solvent 
(DV=2.12, EVp= 530 ml) was injected into the system, 99.9 % purity was achieved in CD 
-run 1 & 2. In CD-run 3, 98.9% purity of replacing solvent was achieved after 4 h of 
operation (equivalent to EVp= 450 ml). 
In addition to the present CD operation method, Sheth et al.11021 carried out similar MSE 
experiments by using another OSN membrane (MPF-50, MWCO= 700 g•mol-1) as well 
as different exchanging solutes and solvents. Their experiment started with a 
pre-concentration step, and stopped until the initial solvent (i.e. ethyl acetate) 
concentration decreased to less than 4 % after 7 h of operation. Since the instantaneous 
flowrate of replacing solvent stream in CD was controlled to be as close as possible to the 
instantaneous permeate flowrate, the average flowrate of replacing solvent should be the 
same as the average permeate flowrate (Qp = cp ). Assuming operation over a fixed 
period t, the total volume of replacing solvent to be added will be equal to the total 
volume of permeate (VD= ?,„ xt= QP xt=Vp). According to the general mass balance 
schematics presented in Figure 4.10, 
VF1 + VD = VP + VRn 	 (4.17) 
the volume of initial feed equals the final retentate volume (Vpi=VRn). However, the 
instantaneous flowrate is the product of the membrane area by the instantaneous flux, 
I:5p= ipxA, 	 (4.18) 
where Jp is instantaneous permeate flux and A is the effective membrane area. So the 
higher membrane area used per unit volume in CD operation, the higher MSE efficiency 
possibly achieved. For example, the membrane area of the dead-end cell used (15.2 cm2 
for Sepa-ST cell) in Sheth et al.11021 was smaller than that used in this study (51 cm2 for 
METcell). Consequently, MSE experiments under CD operation were more efficient in 
our study (99% purity of replacing solvent was achieved within 4 h operation). Although 
the instantaneous flowrate of the permeate stream (050 was a variable, it was proportional 
to the membrane area used (Qp «A). Thus, the hypothesis of the larger membrane area of 
the dead-end cell giving more efficient solvent exchange was confirmed by comparing 
experimental data as well as theoretically approved. 
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In CD operation, VCR became a constant and was no longer a key parameter affecting 
MSE performance as in DD. The main parameters became either diavolume (DV) or 
operation time (t). 
In Figures 4.3(b), 4.4(b), and 4.5(b), the solvent exchange efficiency (SEE) also 
approaching the DV in the three CD runs. The DV of DD is fixed by the number of 
batch operated, while CD can be stopped whenever the desired purity achieved. In 
comparison between DD and CD, the latter show more sensible of solvent use in MSE 
process. 
4.3.3 Membrane solvent exchange via counter-current cascade 
The previous MSE configuration, either operated in DD or CD mode, was tested in a 
single-stage dead-end cell, i.e. METcell. A multistage membrane cascade, comprising a 
series of the tailor-made flowthrough stirred cells with the same individual effective 
membrane area as the METcell (51 cm2), was able to perform continuous solvent 
exchange through simultaneous feeding and injection of fresh solvent into the first and 
the last stages. Counter-current cascade (CCC) was used for exchanging target solute 
from a high boiling point solvent (i.e. toluene, b.p.= 110°C) to a lower boiling point 
solvent (i.e. methanol, b.p.= 65°C) by OSN membranes in the previous chapter11321. The 
same configuration of CCC, comprising hollow-fibre ultrafiltration (UF) membranes, 
were applied to enhance the separation and extraction of two solutes (Ovalbumin and 
glucose) in water twenty years ago11521. Although the separation objective of the 
previous study11521 was different from the solvent exchange in this study, the evaluation 
methods used in their study were interesting to compare the process efficiency of this 
configuration. Performance of the UF CCC was interpreted by three operational 
parameters of the cascade: (1) the ratio of fresh solvent flowrate to the first stage feed 
flowrate, (2) the ratio of the recycle flowrate to the the first stage feed flowrate, and (3) 
the extraction of solute i in the low molecular weight permeate stream. The first one was 
also a key parameter of MSE and has already been discussed in the section 3.3.4. The 
second one was not necessary in our CCC as the recycling stream from the last stage 
permeate were equalized by the inter-stage buffer tubes, as shown on Figure 3.2(b). The 
last parameter was also not appropriate for MSE cascades as it was used for two-solvent 
systems instead of the two-solute systems. 
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As a result, this section will further examine the operating parameters affecting the 
solvent exchange performance of the OSN CCC, i.e. the ratio of replacing solvent 
flowrate to initial solvent flowrate (QP,N+1/QFI)  and the feed concentrations, to 
complement the previous study in Chapter 3. Since the effect of the number of stages in 
the OSN CCC has been experimentally verified in the section 3.3.3, only single- and 
two-stage systems were tested here. 
The experimental results (CCC-run 8-11) for this discussion were also shown in Table 
3.1. The same OSN membrane (STARMEM TM 122) were used here and operated at the 
same conditions (30 bar, 22±1°C). However, the cascades were tested in an inverse 
solvent exchange, i.e. methanol is the initial solvent and toluene is the replacing solvent, 
in contrast to the previous order (from HBS to LBS) in CCC-run 1-7. The simultaneous 
injection of two streams and the expandable number of stages in the cascade allowed 
more flexibility in operating this MSE scheme than the other two DF operations. 
In the most of the MSE experiments in counter-current cascade (i.e. CCC-run 1-4, run 
6-8, and run 10), the ratio of the initial and replacing solvent flowrate (0 ...,P(n+ IMF]) were 
a fixed parameter. The main objective was to investigate the stability of the system and 
the performances in the different number of stages, so the two streams were held as close 
as possible to a 1:1 ratio. One of the difficulties in the CCC operation was maintaining the 
balance of the system pressure, which was supplied by the flowrates of the two streams. 
The flow rate ratio of CCC-run 5 was almost twice that of run 2, while the flowrate ratios 
of CCC-run 9&11 were about five times bigger than those of runs 8 & 10. As a result, the 
replacing solvent weight fractions were higher in the high flowrate ratios. The theoretical 
calculations of these effects have been depicted in Chapter 3, and these data (CCC-run 
8-11) further supported the modelling works. 
So far, MSE has been experimentally demonstrated which could be carried out in the 
dead-end cell operated under two diafiltration modes (DD and CD) and in the 
counter-current cascade (CCC). For further evaluation of the process efficiency and in 
order to compare the solvent exchange efficiency (SEE)s of individual MSE 
configurations, it is necessary to have a general model to appropriately describe all three 
configurations. A mathematical expression for MSE was, therefore, developed and is 
schematically presented in Figure 4.10. The model was based on a mass balance between 
the inlet and outlet of a membrane system, which could be either represented as a single 
stage membrane unit (e.g. DD and CD) or a multiple stage cascade (i.e. CCC). 
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The general expressions of mass balance for total DD steps, including pre-concentration 
and final dilution, are given as: 
i+I 
V 	E VD; = E V pi ± E 
(.1 	1=0 	1=1 
(4.19) 
For instance, in the DD-run 2 shown in Figure 4.2, i=0-3, (i=0 is preconcentration, i=1 is 
1st diafiltration batch, i=2 is 2nd diafiltration batch, i=3 is 3rd diafiltration batch). 
Since the diavolume of continuous replacing solvent streams can be described as 
Vpi=Qpixt, the mass balance on the volume of the MSE system can be simplified to the 
net difference between two inlets (feed and replacing solvent stream) and two outlets 
(permeate and retentate streams). The permeates, which are composed of tiny amounts of 
solutes and solvent mixtures generated during the exchanging process, were characterised 
as waste streams in solvent exchange. The retentates, which contain most of the solutes, 
were characterized as product streams in the system. 
Recently (2007), DF was suggested to fractionate solute pairs (i.e. a-lactalbumin and 
(3-lactalbumin) by using a three-stage membrane cascade[180J. The configuration was 
similar to the feed-in-the-middle, two-way separation staging way, which was introduced 
in Chapter 2 (Figure 2.11(c)). Solvent replacement experiments were also carried out in a 
similar manner as the two batch MSE schemes developed here. However, the 
configurations and operating procedures are much simplified and not suitable for organic 
solvent exchange. 
The membrane system in Figure 4.10 was not only able to describe DD and CD in single 
stage MSE unit, but was also valid for multiple stage OSN membrane systems, such as 
CCC. The number of stages in the CCC scheme could be more than one (as shown in 
Figure 4.10(b), but the total inlet and outlet flows remained the same. The flowrate of 
replacing solvent stream, noted as Qpi in the dead-end cell operated under diafiltration 
modes are equal to Qp, N+1 in multistage cascade (i.e. CCC). In addition, the flowrate of 
feed, noted as QD0 of batch MSE configuration was the same as Qn in MSE via CCC. 
133 
Chapter 4. Membrane Solvent Exchange 
Membrane Solvent Exchange 
(a) Genenral expression of three membrane solvent exchange system (discontinuous diafiltration, continuous diafiltration and counter-current cascade) 
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Figure 4.10 (a) General expression of membrane solvent exchange system (DD, CD and CCC); (b) mass balance of membrane solvent exchange 
via counter-current cascade. 
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In CD experiments, the initial feed volume (VF1) and the retentate (VRn) left inside the 
dead-end cell after continuous solvent exchange were both equal to the interior volume 
of METcell , say VF1 = VRn =250 ml. So the mass balance of DD 
VF1 + QDXt = Qpxt + VRn 	 (4.20) 
can be simplified to 
Qpxt = Qpxt 
	 (4.21) 
Since the flowrate of replacing solvent stream (QD) was maintained at the same rate as 
the permeate stream (Qp). As a result, a constant volume diafiltration was performed in 
the fixed exchanging space (interior volume of METcell). The VCR is a constant in the 
CD mode but is a key parameter affecting the DD performance. The main parameters 
affecting CD were the flowrate of replacing solvent and operating time. 
For CCC, the total mass balance, regardless of the numbers of stages in the membrane 
system, can also be expressed as 
VF1+VP(N+1)=VP1+ VRN 
(4.22) 
or 
Qnxt +Qp(v+1) xt =Qpj Xt ± QRN Xt 
(4.23) 
Here, the main parameters affecting the MSE performances were the number of stages 
(N) and the ratio of the initial and replacing solvent flowrate (Qp(n-F1Vp-7) as 
respectively depicted in the section 3.3.3 and 3.3.4. The definition of the ratio of 
initial and replacing solvent flowrate (F) has been given in Equation (3.2). 
When the flowrate of replacing solvent is maintained at the same rate as that of the 
first stage permeate (or the flowrate ratio equal to one, i.e. F=1) in the same operation 
time t, Equation (4.23) can be simplified to QFI = QRN, which means the constant 
solvent exchange were performed in the cascade. 
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4.4 Conclusions 
Following the membrane solvent exchange (MSE) set-up established in Chapter 3, i.e. 
flowthrough stirred cells and counter-current cascade (CCC), another two batch MSE 
schemes (DD and CD) were developed and compared in a commercial dead-end cell 
(METcell), which got the same membrane area as the tailor-made flowthrough stirred 
cell. Important features concluded in this chapter included: 
• The volume of the dead-end cell (e.g. 250 ml for METce// and 200 ml for 
SEPA-ST cell) determines the efficiency of batch MSE. The required batch 
numbers to achieve a desired purity (e.g. 99.9% purity, Pur.= 0.999) in DD 
operation can be calculated by a VCR derivated relation, i.e. Equation (4.6). 
• Volume concentration ratio (VCR) is an effective performance parameter for DD. 
Another process parameter, i.e. diavolume (DV), can be used to quantify the 
amount of fresh solvent consumption. 
• The model based on VCR, i.e. Equation (4.3), can be used to predict batch MSE 
performance, which is not only valid in our experiments (DD-run 1-3) but also 
valid in all data found in the literature15'102,1711. 
• A new green metrics, namely 'solvent exchange efficiency (SEE)', is introduced 
here to identify the process efficiency of MSE. It can be easily compared the 
performance of the two MSE schemes (DD & CD) by visualizing the DV and the 
SEE in the same plots, as shown in Figure 4.3—.4.5(b), 4.6-4.8(b). 
• A general mass balance relationship, as shown in Figure 4.10, can be used to 
expresse all types of MSE schemes, including batch and continuous system. This 
relationship also implied the two main factors affecting MSE performance, which 
have been explored in Chapter 3. 
In general, the two chapters were demonstrated that OSN is a feasible technology for 
solvent exchange in various configurations and operations. 
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Chapter 5 
Separation of Pharmaceutical Process-Related 
Impurities via Organic Solvent Nanofiltration 
Outline 
This chapter discusses another important application of OSN, i.e. the removal of 
pharmaceutical process-related impurities. This is a major hurdle in the production of 
active pharmaceutical ingredients (API), as process-related impurities could be 
generated in any steps of organic synthesis. In another way, recycling minor high value 
species (e.g. catalysts, by-products and unreacted raw materials) in the downstream 
mixture is in high demand for the pharmaceutical and fine chemical industries1148, 185, 186]. 
In order to perform the feasibility of OSN on these applications, a series of testing were 
carried out via the three model mixtures. The mixtures were made up by a major 
component (95 wt.%) and a minor component (5 wt.%), which were chosen to 
respectively represent the API product and process-related impurities, or the main 
product and the target recovery species. The selectivity of OSN for these minor solutes 
was demonstrated in permeation experiments by single-stage OSN testing, and the 
three-stage cascade. Key parameters, such as applied pressure, size of products and the 
molecular weight cut-off of the OSN membranes, were experimentally tested by 
examining the effect on the separation performance to the model mixtures. Last, four 
proposed diafiltration schemes, all comprising a single OSN cell but with different 
configurations, were experimentally evaluated for their potential to improve the 
separation efficiency. 
5.1. Introduction 
Impurities are a hurdle in most chemical manufacturing processes, as tiny amounts of 
impurities can significantly affect the end-product quality. Due to the potential toxicity of 
pharmaceutical impurity, purity control is a primary goal and continuing concern in drug 
development. Related guidelines, issued by International Conference on Harmonisation 
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(ICH)t148, 185, 186] decree that all pharmaceutical impurities present at or above 0.1 wt.% 
of the drug substance need to be identified prior to clinical trials. 
Pharmaceutical impurities can be classified as process-related (i.e. impurities associated 
with API production) or as product-related (i.e. impurities generated during formulation 
and/or with aging or that are related to the formulated forms)1187]. Process-related 
impurities could be generated at any step of organic synthesis reactionst1881, which are 
often carried out in organic solvents. Whether appearing in the early phase of drug 
development, or being detected at the manufacturing scale-up stage, impurities delay 
process development timelines. Thus, identifying and preventing impurities during the 
process is acknowledged to be a key step in API development. 
Typical process-related impurities include reaction intermediates, by-products, reagents, 
ligands, catalysts and any unreacted chemicals. Coloured by-products, which are one of 
the common pharmaceutical process-related impurities, visibly affect the product quality. 
However, coloured impurities are not easily separated by conventional processes as they 
are normally present in trace levels and have structural similarities with the API (e.g. 
pseudo-dimers of the API molecules or derivatives from the same precursors). Several 
examples of coloured impurities occurring during API manufacture (Novartisr1891, Merck 
[2001 and Pfizert19°I) were reported in the literature. The first pointed out that the removal 
of coloured by-products is a major hurdle during downstream separation, while the latter 
two described yellow impurities with molecular masses twice the size of the API 
molecules or starting materials (i.e. a compound used in the synthesis sequence that 
contains a significant structural fragment of the API). 
In addition to higher molecular weight impurities present during the API synthesis in the 
above three cases, lower molecular weight impurities (relative to the product) and 
monomers (from a mixture of dimers and higher-order oligomers) have to be separated 
during the synthesis of therapeutic compounds, such as oligonucleotides[2061 and 
monoclonal antibodiest2011. To maximize the process efficiency, it is also highly desirable 
to recover drug derivatives, such as catalysts and unreacted starting materialst1911, 
heteroaromatic quaternary ammonium chloride salts11921 and sodium cefuroxime11931, 
from organic mixtures or process waste streams. 
Developing a high-throughput and cost-effective process to control impurity levels and to 
recover desired materials is an important and longstanding challenge for the 
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pharmaceutical and chemical industries. However, conventional purification 
technologies, such as the frequently used column chromatographic methods, are lengthy 
and inconvenient to operate, particularly during process scale-up for industrial production. 
Thermally-based separation methods, e.g. distillation and crystallization11941, are also not 
suitable for temperature sensitive compounds (e.g. API). Thus, alternative strategies are 
required to enhance separation of impurities generated during API synthesis steps and 
subsequent downstream processes, and to ensure impurity levels are kept below the level 
mandated by regulations. 
To date, there has been no systematic study carried out on applying OSN in separation of 
process-related impurities or recovering target solutes from organic mixtures. Although 
nanofiltration membranes were reported to have been applied to pharmaceutical 
processes, e.g. wastewater treatment, they were mainly used in aqueous solutions 1195, 2031. 
However, the majority of industrial manufacturing processes, particularly synthesis of 
fine chemicals and pharmaceuticals, are based on organic solvents. Thus, OSN could 
have potential contributions here. Geens et al.11°31 recently used three OSN membranes 
(STARMEM'•"'1 120, 122 and 228) to separate five API molecules (Mw= 189, 313, 435, 
531 and 721 g•mol-1) in organic solvents (toluene, methyl chloride and methanol). 
However, most of the separation problems in API manufacturing concern 
multicomponent mixtures (i.e. API molecules coexist with process-related impurities, 
such as by-products, reaction intermediates and unreacted raw materials). Due to the 
diversity and patent-protection surrounding API molecules, it was not easy to find a 
general compound to represent all chemicals and cover different types of separation 
problems in organic synthetic processes. As a result, this study used synthetic dyes as 
model solutes to represent these emergent separation demands in the fine chemical and 
pharmaceutical manufacturing industries. The first case is separating coloured impurities 
(higher molecular weight solutes) during API production, and the second case is 
recovering unreacted raw materials (lower molecular weight solutes). 
Most of the current OSN membrane studies were only performed in a single stage 
operation unit. However, the simple separation unit is not able to achieve the multiple 
industrial requirements, e.g. continuity, high yields and purity, simultaneously. Thus, 
OSN process modifications, such as cascading or modifying configuration and operation, 
are powerful and practical strategies to intensify and improve the performance of the 
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process. Various configuration and operation of OSN cascades were considered here to 
facilitate the separation in this Chapter. 
One membrane process modifications to facilitate separation efficiency is diafiltration, 
which is a common technique for purification, concentration and fractionation in food 
and beverage, biotechnological and pharmaceutical industries. Through introducing 
another stream of solvent during filtration, the separation of specific groups of solutes, 
e.g. micro-molecules (lower molecular weight solutes) or macro-molecules (higher 
molecular weight solutes), in the mixtures are improved. As one additional variable is 
introduced (i.e. the fresh solvent stream) in the diafiltration, there are more factors to be 
considered in the OSN process design. Traditional diafiltration modes considered 
solvent batch or continuous, i.e. discontinuous and continuous diafiltration (DD & CD). 
Other factors, e.g. retentate recirculation or not (single pass), may affects the separation 
of a mixture and were also considered in this study. In addition, to meet industrial 
requirements, a modified diafiltration scheme (namely co-current continuous diafiltration) 
was proposed for the characteristic flowthrough stirred cell, so that it could continuously 
feed and simultaneously perform diafiltration in the single-stage unit. 
The first objective of this chapter is to demonstrate the feasibility of applying OSN to two 
critical separation problems: (1) the removal of pharmaceutical process-related 
impurities separation and (2) the recovery of minor high value species in the 
downstream mixture. This was performed by using three synthetic two-solute systems as 
feed in the single-stage experiments. The effect of different operating parameters (i.e. 
pressures), MWCO of membrane and size of major solutes on purification was also 
investigated. Separation performance of a three-stage OSN membrane cascade was then 
tested by the three model mixtures, which present different scenarios of impurities 
separation. The capability of OSN to control impurity levels was demonstrated 
throughout different simulated cases. Also, the separation performance of the desired 
solutes from model mixtures in the single-stage and three-stage cascade were monitored 
with respect to time. 
The second objective of this chapter is to explore variant operating modes of OSN 
diafiltration when faced with different separation goals (i.e. different cases of model 
mixtures). Four OSN diafiltration schemes comprised of the single-stage cell were 
proposed and set-up. These schemes were experimentally tested for their potential to 
intensify process efficiency through modifying the operating modes and configurations. 
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5.2 Materials and methods 
5.2.1 Experimental set-up and procedures 
5.2.1.1 Single-stage OSN cell and three-stage cascade 
The fundamental unit of the experimental set-up to separate the simulated pharmaceutical 
process-related impurities was a tailor-made flowthrough stirred cell. The cell held a 
circular flat sheet OSN membrane with an effective area of 51 cm2. A detailed drawing 
and layout of this cell has been reported in Chapter 3. This cell was made of 316 stainless 
steel so that it could operate under high pressure (maximum 69 bar). Figure 5.1(a) 
illustrates the experimental set-ups of the single-stage and the three-stage cascade (with 
dashed box). The system was fed by a Gilson 302 high pressure liquid chromatography 
(HPLC) pump and the pressure was controlled by a pressure release valve in the final 
retentate stream. 
5.2.1.2 Four OSN diafiltration (DF) schemes 
The first two OSN diafiltration schemes (Schemes I & H) were carried out in the same 
experimental set-up, i.e. a single-stage OSN cell with a 250 ml feed reservoir. However, 
the retentate streams were both recycled to the feed reservoir as shown in Figure 5.1(b). 
In Scheme I, the dilution solvent was added into the feed reservoir manually. In Scheme 
II, the dilution solvent was continuously topped-up by an additional solvent stream, 
which was supplied from the HPLC pump. Although both schemes were fed batch 
systems, they can be respectively identified as discontinuous and continuous diafiltration 
(DD & CD) as the single-stage batch MSE illustrated in Figure 4.1(a). 
The operation of DD (Scheme I), which schematically presented in Figure 4.2(a), can be 
subdivided into four steps, i.e. pre-concentration and the three subsequent diafiltration 
batches (named as 151 DF, 2nd DF and 3rd DF). The level of the feed reservoir was 
decreasing with respect to time although the retentate was recycled to the system. This 
was due to the permeate continuously flowing out of the system. The pre-concentration 
step was stopped after 209 ml of permeate was collected. Then, 220 ml of fresh solvent 
was added into the feed reservoir for the first batch of DF. Before starting the first DF, 
permeate and retentate were both recycled to the feed reservoir until the solution 
(including that in the feed reservoir and that in the feed chamber of the flowthrough 
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stirred cell) was mixed completely. This step normally took a few hours when a uniform 
colour appeared in the feed reservoir and permeate flux became stable. The subsequent 
DF batches followed the same procedure. The volume of retentate remaining after each 
DF batch and the volume of fresh solvent being added in for the next DF batch are all 
shown in Table 5.3. In contrast to the discontinuous operation of the Scheme I, Scheme II 
was CD using an external solvent add-in system, as shown in Figure 5.1(b). The constant 
volume in the system was maintained since flowrates of input (fresh solvent) and output 
(permeate) were kept in balance. 
The last two OSN diafiltration schemes (Scheme III & IV) were both single-pass systems, 
which means the retentate was not recycled and the feed solution was passed through the 
membrane surface only once. As shown in Figure 5.1(c), fresh solvent was continuously 
topped-up during permeation, so that a constant volume was maintained by a constant 
flowrate of input (fresh solvent) and output (permeate plus retentate). In principle, 
Scheme III was the same configuration as Scheme II, just without recycling the retentate. 
Scheme IV was the only feed continuous system of the four and was modified from 
Scheme III. Due to the special design of the flowthrough stirred cell (see Figure 3.1), two 
of the six ports in the feed/retentate chamber could be used as the inlet for the feed 
solution and/or the dilution solvent, while the opposite port was used as the outlet for the 
retentate. Another two could be connected to a pressure gauge and a thermocouple of a 
temperature controller. As shown on Figure 5.1(d), there were two inlets and two outlets 
in the system. In all experiments, OSN membranes were preconditioned in methanol until 
a steady permeate flux was achieved. 
5.2.2 Materials 
Two commercially available OSN membranes, i.e. STARMEMTM 228 and 240, were 
used in this study. Their nominal molecular weight cut-off (MWCO) are 280 and 400 
g•mori, respectively. Both of them are polyimide-based and hydrophobic membranes, 
and are kindly supported by Membrane Extraction Technology (MET) Ltd., UK. A 
common solvent in pharmaceutical and speciality chemical manufacturing, i.e. methanol, 
was used throughout this study. Three methanol-soluble dyes were used, i.e. Martius 
Yellow (2,4-Dinitro- 1-naphthol sodium salt, Mw = 274.16 g•mo1-1), Solvent Yellow 7 
(4-PhenylAzoPhenol, Mw = 198.23 g•mor I ) and Brilliant Blue R (C45H44N3Na07S2, Mw 
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= 826 g•mol-'). All chemicals were analytical grade and purchased from Aldrich 
Chemical Co., UK. The structures and molecular weight of these chemicals are specified 
in Table 5.1. The two-solute systems comprised of the three dyes were used to represent 
different purification cases in the manufacturing processes. The concentration of solute 1 
and solute 2 in the model mixtures were 0.95 g•L-' and 0.05 0:1, to represent the product 
(the major component) and impurity (the minor component), respectively. The 
separation scenarios are illustrated below: 
• Model mixture 1: Brilliant Blue R acted as an impurity while Martius Yellow 
represented the product. This mixture demonstrates the case when impurities are 
macro-molecules (e.g. oligomers, dendrimers and catalysts) and products are 
micro-molecules (e.g. monomers) in the process. 
• Model mixture 2: Brilliant Blue R was still used to represent the impurity, but 
product was changed to Solvent Yellow 7 to investigate the effects of products with 
lower molecular weight (compared to model mixture 1). 
• Model mixture 3: Used exactly the same two components, i.e. Solvent Yellow 7 and 
Brilliant Blue R, as model mixture 2. However, the roles of impurity and product 
were reversed. This mixture demonstrated the case of products as macro-molecules 
and the impurities are micro-molecules. 
5.2.3 Analytical methods for model mixtures 
Maximum absorption peaks of individual solutes in methanol were firstly broad-range 
scanned by a UV-VIS scanning spectrophotometer (Shimatzu, UV-2101 PC) to make 
sure they did not interfere with each other in the mixtures. Solute concentrations were 
then analyzed by another spectrophotometer (UNICAM, Helios Gamma). Feed, 
permeate and retentate were sampled and analysed in the spectrophotometer (UNICAM, 
Helios Gamma). Calibration curves for Martius Yellow, Solvent Yellow 7 and Brilliant 
Blue R were made at their maximum absorption wavelengths, i.e. 431, 350 and 588 nm, 
respectively. Correlation coefficients analysis (R2) from linear regression of the three 
calibration curves were 0.9995, 0.9942 and 0.9997, respectively. 
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(a) Single-stage flowthrough stirred cell (without the dashed box) and 
three-stage cascade (with the dashed box) for subsequent permeation 
(b) Diafiltration scheme I & II: retentate recirculation, feed batch, 
continuous or discontinuous diafiltration 
Dilution solvent can ue either batch top-up (discontinuous diafiltration) or 
continuously adding from an additional pump (continuous diafiltration) 
(c) Diafiltration scheme III: single-pass, feed batch, constant volume, 
I resh solvent —1. 	
continuous diafiltration 
(d) Diafiltration scheme IV: single-pass, feed and solvent continuous, 
co-current diafiltration 
Fresh solvent Feed solution 
Feed 
reservoir 
Fresh salmis 
reservoir Permeate 
(AN loopht.... 
relcasc 
iRE191515111"! pare Magmelir 
rdlre 
WC( rt 
Fresh solvent stream 
Figure 5.1 OSN experimental set-up: (a) single-stage flowthrough stirred cell and 
three-stage cascade for subsequent permeation; (b) DF Scheme I & II; 
(c) DF Scheme III; (d) DF Scheme IV. 
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Table 5.1 Solutes used to represent API product and impurity in three model mixtures 
Model 
system 
Chemical structure and molecular weight of two solutes in the model system 
model product 	 model impurity 
(synthetic concentration: 0.95 0;1 ) 	(synthetic concentration: 0.05 0:1 ) 
Model 
mixture I 
OH 
NO2 00  
NO, .. 
Martins Yellow 
(2,4-Dinitro-l-naphthol, 
Mw = 234.17 g.mo1-1) 
o 0 
,:e'0 - 
H3C —.."N 
	
il, . 	Na'  
1 	If 
H3C 	y...,,, 	 o 
l
''''-)'''N 
H 
H3C" 
Brilliant Blue R 
(C45H44N3NaO7S2, Mw = 825.97 g•mo1-1) 
mixture 2 
/./7\\ 
v 	‘ — N=-N 	1 	\\`‘,-- OH i 	\____/ 
Solvent Yellow 7 
(4-Phenylazophenol, Mw = 198.22 g•mor l ) 
Brilliant Blue R 
P P 
Nay 
i) 	1 1 
H3c ,„o 	..--:-.. 	1 P 
:i 	1.I 	os -0
N
- 
''' 
H 	 1 
H3C' 
(C45H44N3Na07S2, Mw = 825.97 glnol-I ) 
Model 
mixture 3 
o p 
o 
 
"o 
H3C -- Ni 
1. 	Na* 
[. 
-,.. 
N 
H 	 1 
H3C - 
Brilliant Blue R 
(C45H44N3Na07S2, Mw = 825.97 g•ino1-1 ) 
/f/ 	\\_ N 	' `, OH 
Solvent Yellow 7 
(4-Phenylazophenol, Mw = 198.22 g•ino1-1) 
Note. Solvent used in all three model mixtures was methanol (CH3OH, Mw = 32.04 g•mo1-1) 
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5.3 Results and discussion 
5.3.1 Separating synthetic impurities from three model mixtures in a 
single-stage OSN cell and three-stage cascade 
5.3.1.1 Effects of applied pressures on impurity separation 
The separations of a tiny amount of impurities by OSN membranes were firstly 
investigated by permeating model mixture 1 by STARMEMTM 228. For membrane 
separations, pressure is always one of the main engineering issues in process design. So 
the effect of applied pressure (20, 30, 40 and 50 bar) on impurities separation as 
investigated in a single-stage flowthrough stirred cell, which was made in the Chemical 
Engineering Workshop and designed by Membrane Extraction Technology Ltd. (UK). 
Details of the flowthrough stirred cell can be seen in Figure 3.1. Results of various 
applied pressures on the effects of separating macro-molecules (Brilliant Blue R) from 
micro-molecules (Martius Yellow) are displayed in Figure 5.2 and Table 5.2. The mass 
balances of the four batch experiments are also shown in Table 5.2. Although the model 
impurities existed only 19 times less than the model product in the feed mixture, none of 
the model impurities were detected in the permeate in the four batch experiments. This 
result showed the excellence and reliability of OSN to control the tiny amount impurities 
regardless applied pressure. In contrast to the stable removal (Rej.=100%) of the model 
impurity at four applied pressure„ rejections of the model product gradually decreased. 
As shown in Table 5.2, rejections of the model product decrease from 80.4% to 80.2%, 
75.5%, 74.2%, when the applied pressure increased from 20 to 30, 40 and 50 bar. The 
linear regression of the rejections and the applied pressure are depicted in Figure 5.2. The 
rejection of species i is defined below: 
Rej., [%] = 100 x (1 — 
C, 	
(5.1), 
CRi J 
where i represent any species in the mixture, either impurity or product. In the literature, 
the same species (Brilliant Blue R) in the same solvent (methanol) have also been tested 
by using another OSN membrane, i.e. MPF-601701. In contrast to the rejections of model 
impurity for STARMEMTm 228 performed consistently from 20 to 50 bar in our 
experiments, the rejections decreased from 93.8%, 92.4%, 90.4%, 82.6% to 54.0%, when 
the applied pressure decreased from 30 to 25, 20, 15 and 10 bar. As the nominal 
molecular weight cut-off of MPF-60 (MWCO= 400 g•mo1-1) from the manufacturer's 
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specification is higher than STARMEMTm 228 (MWCO= 280 ginol-1), the rejection of 
the single species (Brilliant Blue R) could perform better in the latter OSN membranes. 
Especially in the case of the two-solute mixture, the difference could be more significant 
when the applied pressures decreasing. 
An important index to reflect the capability of OSN is impurity control. This is calculated 
based on the weight percentage of model impurity over the overall solute concentrations. 
The definition is shown below: 
Cj[mg •1:1] 
Impuritylevel [wt.%] =100x 	 (5.2), 
C., [mg •I:I ]+ Ck [mg •L-I ] 
where subscript j and k represents the model impurity and product respectively. The 
impurity levels in the permeate of four applied pressures were all zero, consistent with the 
rejection data of the model impurity. In addition to the rejections, permeate flux was 
found to be significantly affected by the applied pressure. As shown in Figure 5.2, a good 
linear relationship between permeate flux and the four applied pressures was achievable 
(R=0.9968). Such results have been verified by other OSN experiments, either for 
single-solute system168, 701  or multiple-solute system144' 49]. 
In Table 5.2, average yields of impurity and product for permeating model mixture 1 and 
2 are defined by the ratios of total retentate volume and total feed volume (1VR/IVF) or 
the total permeate volume over the total feed volume (ZVp/1VF) multiplied by the 
average concentration ratios. Definitions are given below: 
k, for permeation mixture lea MI 
C F,k[mg•1:1 ])<EVF [ml] 
where R,j is the average concentration of the model impurity in the retentate, CF,k is 
the average concentration of the model product in the permeate, EF,j and C F,k are the 
average concentrations of the model impurity and product in the feed. The products 
remaining in the permeate while the impuries rejected by OSN in the retentate as the 
model impurities (Brillant Blue R) were both macro-molecules in model mixture 1 and 2. 
j, for permeation mixture 18r2 [To] = 100X C  R.-j[111
g
- • 
1:11xEVR[ml]  
=100x 	P'k[ing-1:1]xEVP[mi] 	
(5.4), 
() 
CF,i[mg•I: 	
5.3 
lxEVF[ml] 
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Table 5.2 Experimental results (for separating different model mixtures at different pressure or using different membranes) in single stage cell 
and three-stage cascade 
Number of 
stage in the 
cascade 
OSN Feed solution membrane 
Pressure 
(bar) 
Impurity level (wt.%) 
- in each stream 
F 	PI 	P2 	P3 	R 
Volume (ml) 
consumed or 
produced in each 
stream 
F 	P1 	P2 	P3 	R 
Mass 
balance 
(%) 
- 
Average  permeate 
flux 
(L.h.i.m.21 of ' each stage 
P1 	P2 	P3 
Average yield (%)Average 
and 
average rejection(%) 
of model product 
P1 	P2 	P3 	R 
yield (%) 
and 
average rejection(%) 
of model impurity 
P1 	P2 	P3 	R 
Single-stage 
model mixture 1 ST 228 
20 
30 
40 
50 
5.55 
5.44 
5.38 
5.43 
0 
0 
0 
0 
- 
- 
- 
- 
- 	5.95 
- 	5.79 
- 	5.91 
- 	5.96 
222 
223 
201 
220 
29 
47 
56 
71 
- 
- 
- 
- 
- 	189 
- 	177 
- 	144 
- 	146 
100 
99.6 
100 
100 
11.5 
18.3 
24.3 
29.0 
- 
- 
- 
- 
- 
- 
- 
- 
2'78 
80.4 
4.93 
80.2 
8.06 
75.5 
9.88 
74.2 
- 
- 
- 
- 
- 
- 
- 
- 
- 
- 
- 
- 
- 
100 
- 
100 
- 
100 
- 
100 
87.6 
- 
. 
- 
- 
100 
- 	
99.5 
- 
- 
95.8 
- 	- 
- 	- 
model mixture 2 
ST 228 
ST 240 
30 
5.32 
4.38 
0 
0.06 
- 
- 
- 	9.82 
- 	6.55 
408 
754 
200 
407 
- 
- 
- 	211 
- 	354 
99.3 
99.1 
18.9 
74.1 
- 
- 
- 
- 
44.6 
6.36 
47.2 
12.4 
- 
- 
- 
- 
- 
- 
- 
100 
- 
99.2 
- 
- 
98.2 
- - 
72.4 
- 	- 
Three-stage 
model mixture 1 
model mixture 2 
model mixture 3 
ST 228 30 
4.81 
5.00 
5.00 
0.15 
0.02 
99.5 
0.26 
0.05 
99.7 
0.07 5.76 
0.12 6.64 
99.8 9.06 
1085 
1514 
650 
334 
217 
125 
315 
162 
108 
270 136 
182 927 
112 272 
100 
100 
100 
22.6 
11.2 
11.1 
23.2 
8.7 
9.7 
19.5 
9.9 
10.2 
9.75 
80.9 
17'0 
8.7 
- 
99.9 
10.8 
80.9 
13.0 
6.9 
- 
100 
5.47 
84.6 
14.4 
9.2 
- 
100 
- 
- 
- 
- 
39.8 
- 
8.43 
- 
99.5 
- 
99.7 
10.8 
37.4 
- 
98.8 
- 
99.3 
9.0 
42.0 
- 	27.0 
	
99.8 	- 
- 	100 
98.4 	- 
48.5 	- 
Note 1. F, P1 P2, P3 and R denoted feed, permeate streams of lst, 2n°, 31 stage and retentate, respectively. P1 denotes for the permeate stream in the single-stage 
experiments, 
Note 2. Average yields in the three-stage cascade were calculated based on total volume ratio 
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As permeate flux was proportional to the applied pressure and the model impurities 
were totally rejected by the OSN membrane, it is reasonable that the yields were 
proportional to the applied pressure. This result indicated that it was more productive 
when higher pressures were applied (V; = 2.78%, 4.93%, 8.06% and 9.88% at 20, 30, 
40 and 50 bar, respectively) in purifying lower molecular weight products from higher 
molecular weight impurities. The applied pressure and the impurity yield were highly 
related, as very good linear regression (R=0.999) shown on Figure 5.2. In summary, the 
effect of applied pressure was more significant to the micro-solutes (model product) 
than the macro-solutes (model impurity) as demonstrated by model mixture I. 
o Impurity level in retentate 
• Impurity level in permeate 
• Rejection of product (Martius Yellow) 
• Rejection of impurity (Brilliant Blue R) 
o Retentate flowrate 
v 	Permeate flux 
• Yield of product (Martius Yellow) in permeate 
Yield of impurity (Brilliant Blue R) in retentate 
Linear regression of permeate flux (y=0.238+0.587x, R=0.9968) 
 	Linear regression of impurity yield in retentate (y=-2.054+0.240x, R=0.9990) 
Linear regression of impurity rejection (y=85.7-0.232x, R=0.9401) 
Figure 5.2 Single-stage permeation, model mixture 1 (Martius Yellow as API product 
and Brilliant Blue R as impurity) by STARMEMTm 228 in a flowthrough 
stirred membrane cell at four operation pressures (20, 30, 40, 50 bar), room 
temperature 
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5.3.1.2 Effects of OSN membranes (MWCO) on impurity separation 
Two polyimide-based OSN membranes, STARMEMTM 228 and STARMEMTM  240, 
from the same manufacturer were used to investigate the effects of MWCO on the 
performance of macro-molecules and micro-molecules separation.. The difference 
between the two membranes is their nominal molecular weight cut-off (MWCO), i.e. 
the former is 280 g•mol-t  and the latter is 400 &mai. The same experimental set-up 
and conditions were applied, as shown in Table 5.2. As the difference of rejections 
between the model product and the model impurity in model mixture 1 was not so 
significant (e.g. 80.2% for the former and 100% for the latter at 30 bar), a new model 
mixture (i.e. model mixture 2) was used here. The original model product (Martius 
Yellow) were replaced by an even lower molecular weight solute (Solvent Yellow 7), 
as shown in Table 5.1. The results met our expectation, i.e. bigger difference between 
the model impurity and product in the rejection profiles. The rejections of the model 
products dramatically dropped (6.36% for STARMEMTM 228 and 12.4% for 
STARMEMTM 240) as the molecular weight of the new model product was lower. 
Meanwhile, rejections of the model impurity were still maintained high, i.e. 100% for 
STARMEMTM 228 and 99.2% for STARMEMTM 240. Since the MWCO of the first 
OSN membranes (STARMEMTM 228) was smaller than the second one 
(STARMEMTM 240), it was not surprising that the rejection of the model impurity 
(Brilliant Blue R) could not be fully rejected (99.2%) for the latter membrane. Also, 
this result showed that by using OSN membranes with different MWCO, the 
differences of the rejections for 'partially rejected solutesE881' (e.g. the 
micro-molecules, Solvent Yellow 7, as a model impurity in the case of the model 
mixture 2) were affected more significantly than those of 'highly rejected solutes' (e.g. 
the macro-molecules, Brilliant Blue R). 
In addition to the two OSN membranes (STARMEMTM 228 and 240) used in this study, 
another two polyimide-based OSN membranes from the same commercial brand, 
STARMEMTM 120 and 122 (as shown in Table 2.3), have also been tested together in a 
batch stirred ce112 by Zhao et al.E1961 Rejections of a single-solute soybean daidzin 
(C21112009, Mw = 408 g•mol-t ) in methanol for the four membranes (STARMEMTM 120, 
122, 228 and 240) at 30 bar and 20°C were 53.4%, 20.1%, 78.5% and 51.3%, 
2 A commercial dead-end cell (HP4750 Sterlitech, USA), which is pressurized by compressed nitrogen 
gas and the active membrane area is 14.6 cm2. 
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respectively. As STARMEMTM 228 had the highest rejection while STARMEMTM  122 
had the lowest among the four membranes, they concluded that the former was the 
tightest and the latter was the loosest of the four membranes. This result, meanwhile, 
showed one important feature in OSN membrane selection for API impurity separation 
or valuable species recovery. The nominal MWCO cannot be used solely as the 
criterion for membrane selection because the rejections do not always match, even 
though the membranes were from the same series of OSN membranes (all of them were 
made from polyimide and were hydrophobic, as shown in Table 2.3). 
In addition to the effects on rejections, the average yields of product and impurity 
were affected by the different MWCO membranes used. As shown in Table 5.2, the 
average yields of products in both OSN membranes were quite close (44.6% and 
47.2%). However, the average yield of impurity in the retentate for STARMEMTM 228 
was much higher (98.2%) than those for STARMEMTM 240 (72.4%). This difference 
was not important when the minor solutes (model impurities) were the unwanted 
species in a mixture (i.e. the retentate regarded as a waste stream). However, it would 
affect the performance for the applications when the minor solutes (Brillant Blue R) 
was to be recovered (e.g. high value catalysts) or recycled (e.g. unreacted raw 
materials) downstream of a chemical manufacturing process. 
In contrast to the average yieldsdefined by Equations (5.3) and (5.4) shown in Table 5.2, 
instantaneous yields in Figure 5.2-5.5 are calculated in another way. The instantaneous 
yields of impurity and product for permeating model mixture 1 and 2 were based on the 
instantaneous flowrate ratios (C2R4F or Qp/QF) multiplying their instantaneous 
concentration ratios as shown below: 
,„ 	CR,▪ i[mg 	Q▪ R [ml• min-1] 
Yi, for permeation mixture 1&2 [To] = lvux (5.5) 
cF,J[mg • I:1 ]x QF [ml• min-1] 
• Cp k[mg•I:l , xQp[ml•min-l] • 	 (5.6), ,„ 
Yk, for permeation mixture 1&2, [%] = IJU X • 
CF,k [mg •1:1xQF[ml-rnin-1] 
where C represents the instantaneous concentration, Q represents the instantaneous 
flowrate, subscripts j and k denote the model impurity and model product respectively. 
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Linear regression of STARMEM 228 impurity level in retentate 
(y=9.32+0.4x, R=0.986), on figure 3(a) 
Figure 5.3 Single-stage permeation in a flowthrough stirred cell at 30 bar, room 
temperature, model mixture 2 (Solvent Yellow 7 as API product and Brilliant 
Blue R as impurity): (a) STARMEMTM 228, (b) STARMEMTM 240 
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Impurity levels and flowrates of the two membranes (STARMEMTM 228 & 240) were 
sampled and monitored with respect to time, as shown in Figure 5.3(a) and 5.3(b). 
According to Equations (5.5) and (5.6), the instantaneous yields were highly dependent 
on the measured permeate flux and the retentate flowrate. This can be seen in an 
extreme value of measurement in the permeating by STARMEMTM 240. The trend of 
the instantaneous yields were in line with the measured permeate flux. 
The first measured permeate flux at the start of the experiments was much higher 
(110.3 L•rn-2.h-1) than average (74.1 L.m-2.h-1) so the instantaneous yields in Figure 
5.2(b) was on abnormal value. In contrast to the high permeate flux observed in the 
initial permeation of STARMEMTM 240, permeation in STARMEMTM 228 seemed 
more stable. As shown in Figure 5.2(a), the permeate and retentate flowrates were 
both stable. Consequently, the instantaneous yields of impurity and product were more 
stable during the two hours of monitoring. In terms of the impurity level, excellent 
performance for STARMEMTM 228 was shown in the permeate, i.e. all data remained 
at zero during the two hours monitoring, as shown on Figure 5.2(a). However, for 
STARMEMTM 240, the impurity levels monitored in the permeate were not zero, i.e. 
0.054, 0.062, 0.061 and 0.065 in Figure 5.2(b). Since the MWCO of STARMEMTM  
240 is bigger than STARMEMTM 228, it is reasonable that some macro-molecules 
(Brillant Blue R) passed through the more porous OSN membranes. Although only 
tiny amounts of the impurity appeared, it could be a critical problem in 
pharmaceutical manufacturing. As tiny impurities may deteriorate the end-product 
quality (e.g. colour impurity), the choice of suitable MWCO membrane is one of the 
main concerns for API purification. 
5.3.1.3 Effects of major solutes' molecular weight on separation performance 
As OSN membranes have been shown to be excellent at controlling impurities in the 
previous experiments (i.e. rejections of Brilliant Blue R were always 100%), process 
engineers or chemists may be interested to know the performance of OSN in dealing 
with cases where product sizes are different. In single-stage permeation, both model 
mixture 1 and 2 were filtered by STARMEMTM 228 at the same applied pressure as 
shown in Table 5.2. The sole difference between the two experiments is the size of the 
model product, which was represented by Solvent Yellow 7 in model mixture 2 and by 
Martius Yellow in model mixture 1. The average rejection of the former model product 
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was only 6.36% and that of the latter model product was 80.2%, while both rejections 
of the model impurity were the same (100%). To see the effects with process, consider 
the yields and the increasing impurity level in the retentate before and after permeation. 
The average impurity level for model mixture 1 did not change too much (only slightly 
increased from 5.44 to 5.79), but that for model mixture 2 increased almost twofold 
(5.32 to 9.82). As the model product was more permeable, less remained in the retentate 
stream. Thus, the impurity level in the retentate was logically higher. This result 
indicated that product size did play an important role in the performance of impurity 
control via OSN membranes. 
In addition to increasing impurity levels, the effects of major solute size on the OSN 
separation performance was reflected in the yields. The average yield of product in 
the permeate for model mixture 1 (44.6%), was almost ten times that of model mixture 
2 (4.95%). Although these is only a small molecular weight difference between the 
two solutes in the two model mixtures (AMw( j. k)= 591.8 g•mo1-1 for the model mixture 
1 and 627.7 g•mo1-1 for the model mixture 2), a significant improvement on the yields 
could be seen. Even though both permeate fluxes were quite close (18.3 and 18.9 
L•tn-2.h-1 for model mixture 1 and 2, respectively) as shown in Table 5.2, the resulting 
productivity of the micro-solutes (simulated products) in the permeate stream was 
hugely different. The results presented indicated the product yields varied highly with 
molecular weight for the same OSN membrane. 
In contrast to impurity level, purity is a common process index in pharmaceutical and 
specialty chemical separations. Traditionally, purity is given for the product in a 
mixture. The total make-up concentration of both solutes was 0.1 0:1, whereas the 
model product and impurity comprised were 0.95 and 0.05 0;1. The definition of 
product purity here is modified as below: 
Purity [wt.%] =100x 	
Ck [mg • L-1] 	
(5.7) 
Ci [mg• L-1] + Ck [mg • L-l ] 
Thus, the sum of impurity level in equation 5.2 and the purity in equation 5.7 is equal to 
1.0. 
Separating a two-solute mixture has also been studied by an aqueous nanofiltration 
membrane (polyamide thin film composite) in an unstirred bath ce1111971. This mixture 
simulated an effluent from a textile plant and comprised two synthetic dyes, i.e. 
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Cibacron Black B (Mw = 924.5 g•mol-1) and Cibacron Red RB (Mw = 855.5 g•mol-1), 
abbreviated as subscripts B and R, respectively. Although the initial concentrations of 
the two solutes (173 and 118 mg•L-1, respectively) were similar and so it was not 
possible to distinguish them into major and minor components in the mixture, the study 
demonstrated the effects of concentration ratios in the initial feed (Cpo,R:Cpo,R= 10:10, 
10:15, 20:15) and operation pressures (27.6, 41.5 and 55 bar) on the individual 
concentrations on the membrane surface (C.,R and Cm,R), permeate concentrations (CP,B 
and CP,R) and flux (Jr) using simulations. As both components were bigger than the 
MWCO of the nanofiltration membranes (400 g•mo1-1), it is assumed that both of them 
were almost rejected and this may not be a good model system for purification or 
target- products recovery. However, their results can be seen as a reference to figure out 
key parameters in the separation of a two-solute mixture with similar molecular 
weights. 
5.3.1.4 Enhancing process productivity through cascading three OSN cells 
(Subsequent permeation in a three-stage OSN cascade) 
In chemical manufacturing, one of the common strategies to improve process 
productivity is to cascade individual unit operations. Three flowthrough stirred cells 
were connected in series and assembled as an OSN cascade to investigate the 
performance of subsequent permeation and potential problems during the scale-up of 
an OSN process. As shown on Figure 5.1(a), the advantage of a cascade is simply to 
increase the membrane area without any modification to the existing membrane cells 
or modules. For evaluating the capability of OSN in various cases of purification, the 
three model mixtures were all tested under the same conditions (i.e. STARMEMTM  
228 and 30 bar) in the three-stage cascade. The results are shown in Table 5.2 and 
Figure 5.4-5.6. 
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Figure 5.4 Three-stage cascade subsequent permeating model mixture 1 by STARMEMTM 228, at 
30 bar, room temperature: (a) permeate flux and flowrates; (b) weight fractions and rejections 
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Impurity level in feed 
Impurity level in permeate 1 
Impurity level in permeate 2 
Impurity level in permeate 3 
— 	— 	Impurity level In retentate 
	• 	Rejection of impurity (Brilliant Blue Ft) in the 1'Istage 
	o 	Rejection of impurity (Brilliant Blue R) in the ed stage 
	• 	Rejection of impurity (Brilliant Blue R) in the 3rd stage 
	O 	Rejection of product (Solvent Yellow 7) in the 	stage 
 	Rejection of product (Solvent Yellow 7) in the 2'd stage 
	o 	Rejection of product (Solvent Yellow 7) in the 3°  stage 
Linear regression of impurity level in retentate (y=5.85+0.37x, R=0.95) 
Figure 5.5 Three-stage cascade subsequent permeating model mixture 2 by 
STARMEMTM 228 at 30 bar, room temperature: (a) permeate flux and 
flowrates; (b) weight fractions and rejections. 
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The model impurities (Brillant Blue R) of the model mixture 1 and 2 were detected in 
the three permeate streams of the three-stage cascade (P1, P2 and P3) although none 
were detected in the previous single-stage experiments. As shown in Table 5.2, both 
of the average impurity levels of the three streams were very low, i.e. all under 0.3 
wt.%. The maximum instantaneous impurity level observed in the three permeate 
streams was 0.48 wt.% for model mixture 1 and was 0.14 wt.% for model mixture 2, 
respectively shown on Figure 5.4(b) and 5.5(b). These results proved the reliability 
and capability of the OSN cascade in impurity control although the rejections were 
not as good as those achieved in the single-stage testing. In the same figures, the 
impurity levels for model mixture 1 and 2 in the final retentate (R) were both slightly 
increased with respect to time (slope=l.0 and 0.37, respectively). The linear 
regressions were made on the bold straight line and both trends for model mixture 1 
and 2 were positive relative to the time (R=0.94 and 0.95, respectively). In 
comparison to the subsequent permeation in the three-stage cascade, the same trend 
was observed in the single-stage testing, with a slope of 0.4 and R was 0.986 for 
permeating model mixture 2 by STARMEMTM 228, as shown on the Figure 5.3(a). 
For model mixture 3, most of the model product (Brillant Blue R) was collected in the 
final retentate and a high percentage of the model impurity (Solvent Yellow 7) 
appeared in three permeate streams. As seen on Table 5.2, the average impurity levels 
for model mixture 3 in the three permeate streams (Imp.pj=99.5%, Imp.p2=99.7%, 
Imp.p3=99.8%) and the average rejections for the three stages (Rej.i,k=99.9%, Rej.2, k 
=100%, Rej.3, k=100%) were all very high. Subsequently permeating model mixture 1 
in the three-stage cascade, the three average rejections of the model impurity 
(Reji,k=80.93%, Rej2, k=80.86%, Rej3, k=84.60%) were similar to those obtained in the 
single-stage permeation (Rej.k=80.21%). Subsequently permeating model mixture 2 in 
the three-stage cascade, the average rejections of the model impurity (Rej.i,k=8.65%, 
Rej.2, k=6.89%, Rej.3, k=9.22%) were found to be slightly higher than that in the single 
stage (Rej.k=6.36%). Also shown in Figure 5.4-5.6, the instantaneous impurity and 
product rejections for model mixture 1 and 2 and the instantaneous product rejections 
for model mixture 3 were all very stable through out the period monitored. Such 
results showed that cascading the flowthrough stirred cells did not affect the rejections 
of both solutes in the mixtures. 
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Figure 5.6 Three-stage cascade subsequent permeating model mixture 3 by 
STARMEMTM 228 at 30 bar, room temperature: (a) permeate flux and 
flowrates; (b) weight fractions and rejections. 
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The average yields of the three-stage cascade for model mixture 1 and 2 shown in 
Table 5.2 are also calculated based on Equation (5.3) and (5.4), both of which refer to 
the total volume ratio of each permeate stream or retentate over the total volume of 
the feed (IVF.,2/IVF, n=1-3 and ZVR/EVF). However, the average yields for permeating 
model mixture 3 had to be revised since the model product and impurity were inversed 
(as shown on Table 5.1). The model products (Brillant Blue R) in model mixture 3 
were supposed to be totally rejected by OSN, while the model impurities (Solvent 
Yellow 7) were supposed to pass through the OSN membrane into the three permeate 
streams. As a result, the average yields were modified as Equation (5.8) and (5.9): 
C 	- [mg • 1. 11x EVpn [ml] 
Y - '.for permeation mixture 3 [%] = 100 X 
	
(5.8) 
CF,i[mg•L-1]xEVF[ml] 
177 k, for permeation mixture 3 ['id = 100X ___CR'k  [mg-1:1 ]x z vR [ml] 	
(5.9) 
CF,k[mg•L-I ]xEVF[ml] 
Similarly, the instantaneous yields of the impurity and product for model mixture 3 
had to be revised and are modified as below: 
• (5.10) Cp„'j[mg • L-1]xQ p▪ n [nal Y j,▪ for permeation mixture 3 ro] = 100X  
C F,J [mg • 1:1 ]x 	[ml. 
• (5.11) 
Y
k [mg • 1:11xQR[ml• 
▪ k, for permeation mixture 3 [To] =100x 
CR 
 
C F,k[mg•1:1 ]xQ F [ml-min-l ] 
The instantaneous yields of product in the three permeate streams and the instantaneous 
yields of impurity in the retentate for model mixture 3 are depicted in Figure 5.6(a). 
There was no fluctuation of all instantaneous yields as the three permeate and retentate 
flows were quite stable during the period of permeation. In Figure 5.6(b), instantaneous 
impurity levels in the three permeate stream and instantaneous rejections of the 
macro-molecules (model product) were all above 99.2 %. The instantaneous rejections 
of model impurity (micro-solute) were generally located between 37.3 and 50.5%, 
which were consistent with the average rejections in Table 5.2. 
The total yield of the process is the sum of individual yield in three permeate streams. 
For model mixture 1, the total product yields of the whole cascade was 26.04%, which 
was almost double of the sum of the three single OSN units, i.e. 14.85% (=4.95% X 3). 
However, for model mixture 2, the total product yields (44.4%) was close to a single 
OSN unit (44.6%). These results were supposed to be due to the difference in the 
molecular weight of the two model products (Martius Yellow and Solvent Yellow 7). 
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For the model mixture 1, the averaging of the all instantaneous yields of the product in 
the three permeate streams in Figure 5.4(a) were 9.7%, 11.6%, 5.7%, which were quite 
close to the data of average yields on Table 5.2 (i.e. 9.75%, 10.8%, 5.47%). For model 
mixture 2, the averaging of all the instantaneous yields of the product in the three 
permeate streams in Figure 5.5(a) were 17.1%, 13.5%, 15.1%, which were also quite 
close to the data of average yields in Table 5.2 (i.e. 17.0%, 13.0%, 14.4%). It is 
concluded that the average yields calculated from Equations (5.8) and (5.9) would be 
close to the averaging of all the instantaneous yields calculated from Equations (5.10) 
and (5.11). 
As shown in Table 5.2, all three average permeate fluxes for permeating model 
mixture 1 (22.6, 23.2, and 19.5 Lm-2.h-I) were higher than the value measured in the 
single unit (18.3 Um-2.11-1). However, all three average permeate fluxes for 
permeating of model mixture 2 (9.75, 10.8 and 5.47 brn-2.h-1) were lower than the 
value measured in the single unit (18.9 Lm-2.W1). 
The instantaneous permeate flux of the three stages and the flowrate of final retentate 
for the three model mixtures were monitored with respect to time, shown in Figures 
5.4(a), 5.5(a) and 5.6(a). The instantaneous flux of the three permeates for model 
mixture 1 were all stable (.1p1=22.59±0.48, ip2=23.16±0.78, 1p3=19.48±0.44 L.m-2-h-1) 
as seen from their confidence level. In the Figure 5.4(a), the instantaneous feed and 
retentate flowrates for the model mixture 1 were quite stable as well (OF=6.87±0.21 
and OR=0.88±0.02 ml.min-1). As shown in Figures 5.5(a) and 5.6(a), the instantaneous 
feed and retentate flowrates for the model mixture 2 and 3 were both very stable 
during the whole operation period (OF=6.68±0.21 and I5R=4.13±0.07 ml.min-I for the 
former, 4:5F=4.61±0.05 and OR=1.89±0.04 ml.min-1 for the latter). Also, the 
instantaneous fluxes of the three permeates for model mixture 2 were quite stable 
(ip1=11.30±0.20, jp2=8.69±0.51, ip3=9.91±0.64 Lm  -2.h-1), which were very stable for 
model mixture 3 as well (Jp1=11.1±0.17, 1p2=9.66±0.15, ip3=10.15±0.29 L.111-2.h-1). 
The mass balances are shown in Table 5.2 and are closed within errors for all 
experiments. In general, these results proved the hydrodynamic stability of the 
cascade. 
Figure 5.7 shows the three-stage cascade permeating model mixture 3 by 
STARMEMTM 228 at 30 bar, room temperature. The sample marker in row order (C1, 
C2, C3) means the permeates were collected from the 1st, 2nd and .s  - rd stage 
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flowthrough stirred membrane cell, while the marker in column order (P1, P2...., P7) 
means the samples collected with respect to time during the operation of the cascade. 
Figure 5.7 Samples collected during three-stage cascade permeating model mixture 3 
by STARMEMTM 228 at 30 bar, room temperature. The sample marker in 
row order (C1, C2, C3) means the permeates were collected from the 1st 2nd 
and 3rd stage flowthrough stirred membrane cell, while the marker in column 
order (P1, P2...., P7) means the samples collected with respect to time during 
the operation of the cascade. The three 10 ml volumetric flasks in the front 
of each row showed light yellow indicate the majority compounds in 
permeates are Solvent Yellow 7. In the back of each row, the 25m1 flask 
showed deep blue, indicating that mainly Brilliant Blue R was concentrated 
in the system retentate. 
T TVIPT TTTIrf 	ir 
borne 41110!4aill 611 • 
fir fr ir T T lar 1" TT TT T 
*Ps t Fq F8 
Figure 5.8 Samples collected from OSN diafiltration scheme II: model mixture 2. 
Samples (dilution 10 times in each volumetric flask) collected with respect 
to time are put from left to right: in the first one (F1, green) is feed 
solution (model mixture 2); retentate samples (in top picture, R1, R2, 
R3...R14) shows color changed from blue-green to blue; permeates 
samples (in bottom picture, P0, P1, P2...P14) shows color changed from 
dark yellow to light. 
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Normally membrane unit is designed as a separator. In principle, the yield of the 
product cannot be increased until additional materials or energy are introduced into 
the system. For example, additional materials could be catalysts to turn the unit into a 
membrane reactor, or another solvent to act as a membrane solvent extraction unit. 
Another example is to use an extra heat source as the additional energy to become an 
integrated process, e.g. membrane distillation. The simplest modification of a 
membrane process and a common unit operation in industries is to dilute using same 
solvent, which is the well-known diafiltration technique. As a result, a trade-off of 
OSN diarillration is to do a cost-benefit analysis. The cost required for the amounts of 
fresh solvent (in order to achieve the required purity of desired products) and the 
benefit from recovered high valuable products. The following experiments were used 
to demonstrate the conceptual work for intensifying OSN process via various 
diafiltration configurations. Four diafiltration (DF) schemes were carried out in the 
flowthrough stirred cell, which was exactly the same one as previous single-stage 
permeation. The experimental set-up of the four DF schemes were schematically 
drawn in Figure 5.1(b)-5.1(e), and the experimental conditions and operations are 
detailed in Table 5.3. 
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Table 5.3 Experimental results of four OSN diafiltration schemes 
Retentate 	Feed 	Fresh 	 OSN stream 	solution 	solvent 	Feed 	mem-b Diafiltraion recycling 	injection 	injection 	solution 	rane scheme or not 	mode 	mode 
Pressur Opeartion impurity 
e 	time 
(bar) 	(hr) 
Final 
level 
(wt.%) 
in each stream 
Volume (ml) 
consumed or 
produced 
in each stream 
1 
Mass 
balance 
Flowrate 
(ml•miril) 
of each 
stream 
Average 
permeate 
flux 
(L•h'isni2) 
Yield 	Yield 
(%) of (%) of 
model 	model 
product impurity 
PPR F 	D 	P 	R % FDR P P R 
Solvent 
batch 
(discontinuous 
diafiltration) 
30 
total: 
9.57 
6.32 
- 
- 
- 
- 
0 
0 
0 
0 
14.9 
24.6 
56.0 
64.2 
total: total:total:final: 
	
250 642 851 	15 
250 	0 	209 	39 
- 	220 212 	39 
- 	216 202 	49 
- 	206 	228 	15 
99.2 
98.8 
100 
97.2 
- 
- 
- 
- 
- 	4.94 
- 	4.82 
- 	4.92 
- 	4.82 
15.7 
16.0 
16.1 
16.5 
34.5 
14.6 
6.7 
2.6 
100 
100 
98.8 
95.1 
2.57 
2.52 
2.47 
2.01 
Stepl: Pre- 
Retentate 	concentration 	model Scheme I recycling Feed batch Step2: 	mixture 2 ST 228 
DF-batch 1 
Step3: 
DF-batch 2 
Step4: 
DF-batch 3 
model 
Solvent 	mixture 2 
30 
8.55 5.56 
5.37 
5.24 
0.01 
0 
0 
53.5 
20.7 
6.91 
250 	713 
250 1220 
250 265 
844 
1319 
245 
250 
250 
250 
89.2 
92.5 
92.5 
- 	1.39 4.37 
- 	1.85 2.21 
- 	2.08 N/A 
20.6 
22.5 
22.0 
36.8 
11.1 
9.3 
100 
93.2 
100 
11.0 
2.12 
Feed batch continuous Retentate 	 model Scheme II 	rec ycling 	(constant 	(continuous mixture 1 ST 228 volume) 	diafiltration, 
CD) 	model 
mixture 1 
Feed batch 	Solvent model Scheme RI Single-pass 	(constant 	continuous mixture 1 ST 228 volume) 	(CD) 
30 2.71 5.03 0.92 8.77 250 	630 362 290 96.6 - 3.60 1.78 22.7 12.1 99.8 
Feed 	Solvent model Scheme IV Single-passcontinuous 	continuous mixture 2  ST 228 (co-current) 	(CD) 
30 2.02 5.31 0 6.07 647 	635 183 1077 98.3 5.34 5.24 8.89 17.4 15.2 100 
Note 1. F, D, P and R are denoted for feed solution, dilution solvent stream, permeate and retentate, respectively. 
Note 2. All yields of model product (k) and model impurity (j) listed here were calculated on the same basis, i.e. at the first hour, for easier comparison. 
Note 3. N/A means not available. 
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5.3.2.1 OSN diafiltration scheme I: retentate recycling, discontinuous 
diafiltration (DD) 
The first two diafiltration schemes for OSN were adopted from two common modes, 
i.e. continuous and discontinuous difiltration (CD and DD), in ultrafiltration (UF) and 
microfiltration (MF) [1981. OSN DF Scheme I & II, as shown in Figure 5.1(b), both 
retentate streams were recycled to the feed reservoir while the fresh solvent stream 
has injected. Fresh solvent can be injected either by batch top-up in DD mode 
(Scheme I), or continuously from an external stream in the CD mode (Scheme II). 
As described in Chapter 4 (Figure 4.2), DD can be distinguished into the following 
steps: (1) pre-concentration, (2) et batch diafiltration (DF-batch 1), (3) 2nd batch 
diafiltration (DF-batch 2), and (4) 3'd batch diafiltration (DF-batch 3). The 
experimental results of each step are depicted together in Figure 5.9. Impurity level in 
the retentate gradually increased 	 n (Im ---r pre-conc.=6.9— 13.0 wt.%, ImPDF-batch r=13.8 
24.6 wt.%, ImPDF-batch2=25.4-35.8 wt.%, IMP DF-batch 3=51.3- 64.2 wt.%) while that in 
the permeate was consistently low (0-0.06 wt.%) in the pre-concentration and the 
three subsequent diafiltration batches. The overall permeate fluxes and retentate 
flowrate were very stable. (Jp, DD=4.86±0.04 L•ni2•W (5R, DD=16.09±0.27 
However, the average permeate flux of the four batches showed a gradual increase 
( 7 P,pre-conc. =15.7, .7 P,DD-batch) =16.0, 7 - P,DD-batch2 =16.1, 7 - P,DD-batch3 =16.5 L-m 2-h-1), as 
shown in Table 5.3. This may be because: (1) the solution was diluted as more 
diafiltration solvent was introduced, and (2) the concentrations of the model product 
was decreasing during the subsequent diafiltration batches. The rejection of the model 
impurity (Brilliant Blue R) during the four batches were very stable 
(Rejf=99.96±0.03%), but the rejection of the model product (Solvent Yellow 7) 
slightly fluctuated (Rejk=6.81±1.43 %). 
166 
• 	Impurity level in retentate 
Impurity level in permeate 
Retentate flowrate 
Permeate flux 
Yield of product (Solvent Yellow 7) in permeate 
Yield of impurity (Brillant Blue R) in retentat 
Rejection of product (Solvent Yellow 7) 
Rejection of impurity (Brillant Blue R) 
0 200 400 600 800 
S 
' E 
• 60 - 
0. 
50 - 
iv
a) 0, 
E 
-• 0  40 - a. c 
-0 0  
m'c 
• 30  
a)  
11:5 
c 	20 11 
3 a) o > w 
10-  
CL 
E cc 0-. 
Pre-concen. DF—batch 1 DF—batch DF—batch 3 
   
V.  
10 
Time [h] 
0 
70 
,V- 
V-- • v— v— —7-V 
V- 	.• • 
.111 • 
0 	 0 
'v---v 
V 
V-- V-- '7-- —7 
 
17 	 r1.17 • t7 
 
ry• 	• t7. 
8 2 4 6 
Chapter 5. Separation of Pharmaceutical Process-Related Impurities 
Accumulated permeate [ml] 
100 a) 
80 
E 
60 *8 
a) 
.>" 
40 m'5 fl 
.1) 
E c 
, 
8 0 
20 0- c 
U 2 
= O. 
2 0  0 nc 
"5 '2  
•c) 
'0• 7 
}CC 
Figure 5.9 OSN diafiltration scheme I: model mixture 2. Sampling and measuring 
every 50 ml permeate. From left to right, four batch experiments 
distinguished the four steps: (1) Pre-concentration; (2) DF-batch 1; (3) 
DF-batch 2; (4) DF-batch 3. 
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5.3.2.2 OSN diafiltration scheme II: retentate recycling, constant volume, 
continuous diafiltration (CD) 
Continuous diafiltration (DF Scheme II) was tested twice using model mixture 1 and 
once using model mixture 2, as shown in Table 5.3. For model mixture 1, one was 
tested for 2 hours and the other was tested for 11 hours. For model mixture 2, it was 
only tested for 8.5 hours. The results of the first two tests, which were monitored for a 
longer time, are plotted on Figure 5.10. In general, the permeate flux in the three 
experiments of Scheme II were all very stable (20.6±0.2, 22.5±0.45 and 22.0±0.51 
L. m-2. h-1). 
Both impurity levels in retentate were increased dramatically as shown in Figures 
5.10(a) and 5.10(b) for the same configuration and operation by testing in the different 
model mixtures. Comparing the two feeds (model mixture 1 and 2), the retentate 
impurity level in the third experiment (53.5 wt.%) was ten times higher than the feed 
impurity level (5.56 wt.%) at the eighth hour. This may be due to the different 
molecular weight of the model products between the two experiments. 
In the second and the third experiment of Scheme II using model mixture 1 on Table 
5.3, the final impurity level in the retentate for the operation lasting eleven hours 
(20.7wt.%) was three times higher than that of the one lasting two hours (6.91 wt.%). 
As a result, we can conclude that the final impurity level in the retentate is higher if 
the system is operated longer. 
The DD experiments in the last section and the CD experiments in this section were 
both tested under the same conditions and feed (model mixture 2). The performance of 
between the discontinuous and continuous diafiltration separating the minor 
components from the major components were also compares: (1) the overall DD 
experiments (9.57 hours) took longer than the CD experiment (8.55 hours), (2) the 
fresh solvent consumption of the overall DD experiments (642 ml) was less than the 
latter (713m1), (3) and more permeate was collected, 851 ml for DD, comparing to 
844m1 for CD, (4) the permeate fluxes in CD were all higher than those in DD. 
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5.3.2.3 Effects of applied pressures on impurity separation OSN diafiltration 
scheme Ill: single-pass, constant volume, continuous diafiltration (CD) 
The experimental set-up for Scheme III is schematically shown in Figure 5.1(c). 
There is one inlet (feed stream) and two outlets (permeate and retentate streams) in 
the system. Fresh solvent (methanol) continuously tops-up the feed reservoir to 
maintain the volume lost from permeate and retentate streams (VD=Vp+VR or 
QD=Qp+QR). This system is called 'single-pass' as retentate was not recycled to the 
feed reservoir. In terms of feed solution, it was a batch system. In terms of the dilution 
solution, this system was a continuous diafiltration (CD) mode to maintain constant 
volume similar to Scheme II. The purpose of this design was to have two product 
streams simultaneously. Higher molecular weight species (i.e. catalysts or impurities) 
were concentrated in the retentate stream while another product with lower molecular 
weight (i.e. unreacted starting materials or API intermediates) was simultaneously 
collected in the permeate stream. 
The experimental results of scheme III were shown in Figure 5.11(a). The testing was 
carried out by feeding model mixture 1 at the same pressure and temperature. The 
impurity levels in retentate also increased as in the previous two experiments in DF 
Scheme II which was using the same feed (model mixture 1). As shown in Figure 
5.11(a) and Figure 5.10(a), the former increased from 4.84 wt.% to 7.34wt.% and the 
latter increased from 5.31 wt.% to 7.14wt.% during the first two hours of operation. 
Meanwhile, the impurity levels in the permeate also decreased with respect to time. In 
principle, the two trends above showed that the results were following the expectation 
of the original purpose of this configuration. 
The average rejections for the model product and impurity were 70.5± 4.9 % and 
94.6±1.3 %, repectively. Both were lower than the single-stage permeation (i.e. 80.2% 
and 100%) in the previous experiment using the same feed (model mixture 1) and 
conditions (STARMEM 228, 30 bar). As shown in Table 5.3, a higher yield of 
product (12.1%) was available in Scheme III than those obtained from the two 
experiments in Scheme II (9.3 and 11.1%). So it can be concluded the single-pass 
daifiltration (i.e. Scheme III) was better than the system with retentate recycle 
(Scheme II) in terms of higher yields of product in the permeate stream. 
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Figure 5.11 (a) OSN diafiltration scheme III, testing solution: model mixture 1, 
(b) OSN diafiltration scheme IV, testing solution: model mixture 2. 
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5.3.2.4 OSN diafiltration scheme IV: single-pass, continuous feed and 
diafiltration simultaneously (co-current DF) 
OSN diafiltration Scheme IV was modified from Scheme III, but the fresh solvent 
stream was directly injected into the flowthrough stirred cell instead of the feed 
reservoir. The experimental set-up is shown in Figure 5.1(c). There were two inlets 
and two outlets for the system, so the mass balance is QD+QF=Qp+QR. Feed solution 
was pumped by HPLC-P1 from the feed reservoir, while fresh solvent (diafiltration 
solution) was pumped by HPLC-P2 from the fresh solvent reservoir. The two streams 
were continuously injected so the system was named 'co-current' diafiltration. 
The impurity levels in permeate were quite stable (0.027±0.06wt.%) throughout the 
time monitored. However, the impurity levels in retentate generally decreased slightly 
with respect to time (from 8.64 wt.% to 4.67 wt.%). The instantaneous retentate 
flowrates were very stable, while the permeate flux fluctuated between 16.7 and 18.9 
L•m"2-h-1. As shown on Table 5.3, the yields of product and impurity over the first 
hour were 15.2% and 100%, respectively. This indicated that the scheme with 
retentate recycle (i.e. Scheme II) could achieve higher yields of product (e.g. Solvent 
Yellow in model mixture 2) than the single-pass diafiltration (i.e. Scheme IV). 
5.4 Conclusions 
Organic solvent nanofiltration (OSN) is a promising technology for the separation of 
molecular level species in the organic solvents. However, most of the current OSN 
studies only used single solutes as feed solutions, which cannot reflect the practical 
needs of the industries. The real solutions to separate in the pharmaceutical and fine 
chemical manufacturing always have more than one species existing together in the 
solvent. Also, some of the targeted molecules for separation on only present in tiny 
amounts in the solution. As a result, three model mixtures were selected to represent 
the separating cases. The feasibility of this process was demonstrated through the 
permeation experiments in the single-stage cell and the three-stage cascade. The main 
conclusions in this work and suggestions for future study are summarized below: 
• The two-dye mixtures presented a good model system to test the performance of 
OSN process in the separation of a mixture with unequal amounts of components. 
The first reason is that it can be efficiently detected simply by a photometric 
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method. The second reason is that the system could be used to represent variant 
separations in the industries, e.g. the API molecules and the impurities or the 
desired molecules to recycle and the other molecules in the organic synthesis. 
• Using the same membranes (STARMEM 228) at the same feed mixtures (model 
mixture 1) under four different pressures (20, 30, 40, 50 bar), one can conclude 
that the higher product yields can be achieved at higher applied pressure. The 
linear regression between these two parameters is highly positive (R=0.999) as 
shown in Figure 5.2. 
• Using the same membranes (STARMEM 228) at the same applied pressure (30 
bar) but different feed mixtures, one can observed that the yields of product in 
permeate which fed by model mixture 2 (44.6%) are ten times higher than which 
fed by model mixture 1 (4.93%). This is resulted in the different molecular weight 
of model product used in the two feed mixtures. In contrast, the model impurity is 
the same in the two feed mixtures. Consequently, both yields of the impurity in 
retentate remained very close (100% and 98.2%) 
• Using two OSN membranes (STARMEM 228 and 240) at the same applied 
pressure (30 bar) and the same feed mixtures (model mixture 2), the results show 
that the membrane properties (MWCO) affect the yield of the model impurity 
(macro-molecules, Solvent Yellow) more significantly than the yield of the model 
product (micro-molecules, Brilliant Blue R). The yield of the model impurity 
decrease from 98.2% to 72.4% and the yield of the model product increase from 
44.6% to 47.2% when a bigger MWCO membrane (STARMEM 240) was used. 
This is an important factor in the design of OSN processes on the applications of 
catalysts (macro-molecules) or unreacted raw monomers (micro-molecules) 
recycle. 
• Using three-stage subsequent permeating 
• The four OSN diafiltration schemes show that process intensifications can be 
achieved via modifying the configurations and operating modes of a single stage 
OSN unit. Also, high yields and purity can be achieved in a single stage OSN cell 
when sufficient amounts of dilution solvent were added into the system. 
• The concentration polarization phenomenon of the major components (i.e. model 
product) and the effects on the separations of the minor components (i.e. model 
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impurity) can be studied further. For instance, the concentrations of two-solute 
system (0.95 vs. 0.05 g•L-1) can be made up at different ratios (such as 0.90 vs. 
0.10 g-L-1, 0.97 vs. 0.03 g•L"1, or 0.99 vs. 0.01 g•L-1) to investigate this 
phenomenon. 
• Moreover, the two-solute system experiments can be implemented by modeling, 
which can be used to predict the performances of the four DF schemes. 
In general, this study demonstrated the feasibility of OSN processes in the two 
applications: the first is the capability to control the separation of minor components 
(i.e. process-related impurities) from the major components (i.e. API molecules) in the 
pharmaceutical manufacturing, and the second is to recycle desired macromolecules 
(e.g. valuable by-products, catalysts or unreacted raw materials) from a mixture. 
Meanwhile, the four proposed diafiltration schemes of OSN can be applied to various 
separation cases. 
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Chapter 6 
Concluding remarks and perspectives 
"Scientists study the world  as it is; 
Engineers create the world that has never 6een." 
-Theodore von Karman (1881-1963) 
6.1 Concluding remarks 
The implementation of Organic Solvent Nanofiltration as an effective, robust and 
environmentally friendly unit operation in pharmaceutical and fine chemical 
manufacturing processes has been achieved through the two case studies (i.e. solvent 
exchange and purification) in this thesis. The first case demonstrated that the separation 
target of OSN membranes is not only valid for solutes but also possible for solvents. 
Additionally, the second case showed the capability of OSN membranes to separate the 
trace components in a mixture, which could be either applied for separating 
process-related impurities or for recycling valuable species in the down streams. 
The main objective of this research, i.e. developing a multistage OSN system that can 
be tested in different operations and configurations, has been achieved in Chapter 3. The 
tailor-made flowthrough stirred cells were connected in series and assembled as a 
counter-current cascade for continuous solvent exchange. The stability of the 
single-stage, two-stage and three-stage systems were monitored with respect to time. 
Two operational parameters of the OSN cascade, i.e. the numbers of stages and the ratio 
of initial and replacing solvent flows, were investigated. The effects of the two 
parameters on the performance of solvent exchange were experimentally tested and 
studied by simulations. 
176 
Chapter 6. Concluding remarks and perspectives 
In Chapter 4, membrane solvent exchange (MSE) was further tested in discontinuous 
and continuous diafiltration in a dead-end cell with the same membrane area as the 
flowthrough stirred cell. The results of the DD were analyzed and compared with 
similar studies found in the literature. Two traditional diafiltration parameters, i.e. 
volume concentration ratio (VCR) and diavolme (DV), were used to evaluate the 
process efficiency of the MSE. A model based on VCR was developed to predict the 
required batch numbers to achieve a given purity of exchanged solvent for DD 
operations, while DV was developed as a green metric, namely 'solvent exchange 
efficiency (SEE)', to evaluate the solvent exchange efficiency. In addition, a general 
equation for MSE, including two batch schemes (DD & CD) and the continuous 
counter-current cascade (CCC) were proposed at the end of the chapter. 
In Chapter 5, an OSN process was used to tackle two industrial separation problems, i.e. 
(1) controlling the critical process-related impurities in the production of active 
pharmaceutical ingredients (API) and (2) recycling minor high value species in the 
downstream in the fine chemical and pharmaceutical industries. The feasibility of the 
three model mixtures was demonstrated through permeation experiments in the 
single-stage OSN cell and the three-stage cascade. The effects of different parameters 
on the separation of the two-solute systems, such as applied pressure, MWCO of OSN, 
molecular weight of the minor components, were also investigated. In addition, four 
diafiltration schemes were proposed and experimentally tested. 
6.2 Perspectives and recommendations 
The use of organic solvents in the industries should be more environmental friendly and 
economical. However, a number of solvents are still intensively and commonly used in 
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various chemical processes, especially for the manufacture of pharmaceuticals and fine 
chemicals. As most synthesis reactions are still carried out in organic solvents, solvent 
usage and associated safety and environmental issues are a critical problem in green 
chemistry. Although many chemists are working on developing solvent-less or 
solvent-free organic synthesis routes, solvents are still employed in large volumes in 
manufacturing processes116°1. To minimize the impact of using organic solvents, neoteric 
solvents (e.g. perfluorinated solvents and ionic liquids)'mu and alternative reaction 
media (e.g. supercritical carbon dioxide or water) are also suggested11611 to replace the 
organic solvents. However, their potential risks are still unclear and their high costs 
make them not yet applicable. 
Since the current dependence on organic solvents in general chemical production is still 
high, OSN can have a variety of contributions here. Membrane solvent exchange via 
OSN is one of the feasible green chemical technologies as we demonstrated here. Other 
examples, such as recycling homogeneous catalyst14' 171 and recovery of ionic liquids 
and platinum catalyst11721 via OSN, were also reported. In addition to recycling of 
solutes and solvents in fine chemicals and pharmaceutical processes, OSN was reported 
to be applied in recycling solvents in food manufacturing (e.g. soybean oi111821) and 
refining (e.g. lube oi112' 1831). 
Recently, Clark and Tavener11841 evaluated life cycle of solvents in the chemical 
industries and pointed out still many opportunities for recycling and reuse. OSN has 
many advantages, such as easy integration into different steps of organic synthesis and 
readiness to serve as a pre- or post-reaction step for purification or concentration 
purposes. OSN can be considered as a powerful green chemical technology in the 
following ways: (1) process intensification or integration for organic synthesis; (2) a 
solvent displacement apparatus by step-change improvements; (3) pollution prevention 
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facilities in solvent recycling. More applications of OSN as an effective green chemical 
technology are constantly emerging, and their applications in chemical manufacturing 
processes is expected to appear in the near future. 
It is exciting to see more research in other groups also noticing the importance of 
membrane cascades.F180, 208, 212] and have developed similar OSN applications (e.g. 
removing API from organic solvents [1031) as the main focus in this study. However, the 
OSN membrane cascade was first developed in this study with discussions of the 
different configurations and operations for various applications..In general, the 
feasibility of OSN for two critical separation problems in the pharmaceutical and fine 
chemical manufacturing processes (i.e. solvent exchange and purifications) has been 
experimentally demonstrated in this thesis. Theoretical analysis and process models 
were also provided to accompany the experimental results in each section. However, 
there are still some challenges remaining to facilitate further developments of OSN to 
processes in the pharmaceutical, fine chemical and petrochemical industries. As a result, 
some recommendations for future studies are listed below. 
Firstly, the process simulations can be integrated with the mass transport modelling. 
Either solvent exchange (solvent mixture) or separation of minor components in the 
mixture is a multi-component system. Maxwell-Stefan equations are able to describe the 
species and consider the interactions between solvent and solute. This model should 
consider each species during the permeation and provide an overview of the transport 
through the OSN membranes. In addition, concentration polarization phenomenon 
should be considered in the model. Since the major components were in higher 
concentration through the minor components (e.g. impurity), it is necessary to include 
and experimentally test these effects. Such a model would be beneficial to predict the 
performance of OSN processes more precisely. 
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Secondly, there is room for process optimizations of OSN membrane cascades. The 
more stages and the more solvent introduced, the more parameters and variables in the 
OSN membrane cascades. For example, the feed stream and the diafiltration stream 
could be either co-current, cross-current and counter-current in the head and the tail of 
the cascade. The feed could be also injected to the cascade at a different point, i.e. 
multi-feed points. Subsequent organic synthesis can also be carried out in an OSN 
cascade in a different operation (i.e. temperature or mixing). As a result, principles of 
process system engineering can be applied to meet multiple process objectives in the 
chemical manufacturing. 
Furthermore, development of appropriate green metrics for OSN applications is very 
important. Current green metrics have been primarily derived for chemical reactions.t1991  
Less work has been undertaken considering chemical processes. Green metrics can be 
used to identify the contributions (or impacts) to the environment, and can also quantify 
the resource consumption for an economic-efficient evaluation. So a good metric can 
properly reflect the value of a process and can also help in finding the best applications 
in the chemical industries. 
Last but not least, defect-free OSN membranes are necessary to ensure quality control 
by the membrane manufacturers. One of the main problems during the OSN 
experiments is that the current polymeric membranes still have defects as shown in 
Appendix E. This can cause solute loss in the OSN processes and seriously deteriorate 
the separation performance, e.g. increasing impurity level in the API production or 
decreasing the recovery rate of high value species. There are more and more 
nanostructured materials, e.g. zeolite, ceramic and metal-organic-hybrid composites, 
being proposed as the materials for nanofiltration membranes[21' 22]  Most of them are 
solvent resistant and have potential for use as OSN membranes. For these new materials, 
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the price of raw materials and the fabrication requirements are a barrier at the moment. 
On the other hand, the advantages of polymeric membranes are that the raw materials 
are cheaper and their fabrication methods are more mature. However, a sharp molecular 
weight distribution of polymeric membranes is necessary for specific molecular level 
separations as the pore size distribution of the current commercial membranes are not 
perfect1931. Nevertheless, both material aspects and process aspects of OSN membrane 
processes developments are very important as the global demand of molecular level 
separations in organic solvents is increasing rapidly for variant chemical industries. 
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Appendix A. 
Process simulation the counter-current OSN membrane 
cascade for continuous solvent exchange 
The parameters, variables and algebraic equations used for single-stage, two-stage and 
three-stage cascades in Chapter 3 are listed below. Nominations are listed in the 
beginning of the thesis. (Page 16) 
Ad Single-stage membrane system 
(1) Parameters: QFI, QP19 QP29 WAFI, WBFI, WAP2, WBP2, RAI, RBI 
Variables: 	0 	WAPI9 WBPI> WARI, WBRI 
(2) Definition of membrane rejection 
RAI =1- (WAN/ WARI) (A.1)  
RBI =1- (W. 	API/ WBRI) (A.2)  
(3) Mass balance on flows 
QFI+ QP2= QPI+ QR1 (A.3) 
(4) First stage mass balance on species A and B 
QR.WAFI + QP2.WAP2= QPI 'WAPI + QRI.WARI (A.4)  
QFI WBFI+ QP2.WBP2= QP1.WBPI+ QRI WBR1 (A.5)  
A.2 Two-stage membrane system 
(1) Parameters: QFI9 QPI9 QP2, QP39 WAFI9 WBFI9 WAP3, WBP3, RAI, Rah RA2, RB2 
Variables: QRI, QR2, WAPI9 WBPI9 WARI, WBRI, WAR2, WBR2, WAP2, WBP2 
(2) Definition of membrane rejection in the first and second stage 
RAI =1- (WAPI/ WARI) (A.6)  
RBI =1- (WBPI/ WBRI) (A.7)  
RA2 	(WAP2/ WAR2) (A.8)  
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RB2 =1- (WBP2/ WBR2) 	 (A.9) 
(3) Mass balance on flows 
Qr1+ QP2= QPI+ QRI 	 (A.10) 
QE2+ Qp3= QP2+ QR2 	 (A.11) 
(4) First stage mass balance on species A and B 
QFI'WAF1 + QP2'WAP2= QPI.WAPI + QRI.WAR1 	 (A.12) 
QFI'WBFI+ QP2'WBP2= QPI'WBP1+ QRI'WBRI 	 (A.13) 
(5) Second stage mass balance on species A and B 
QRI .WARI + QP3.WAP3= QP2*WAP2 + QR2.WAR2 	 (A.14) 
QR1'WBR1+ QP3'WBP3= QP2'WBP2+ QR2'WBR2 	 (A.15) 
A.3 Three-stage membrane system 
(1) Parameters: QFI, QPI, QP2, QP3, QP4, WAFT, WBFI, WAP4, WBP4, 
RAI, RBI, RA2, RB2, RA3, RB3 
Variables: 	QRI, QR2, QR3, WAPI, WBPI, WAR1, WBRI, WAP2, WBP2, WAR2, WBR2, 
WAP3, WBP3, WAR3, WBR3 
(2) 	Definition of membrane rejection in the first, second and third stage 
RAI =1- (WAPI/ WAR1) (A.16) 
RBI =1- (WBPI/ WBRI) (A.17) 
RA2  =1- (WAP2/ WAR2) (A.18) 
RB2  =1- (WBP2/ WBR2) (A.19) 
RA3  =1- (WAP3/ WAR3) (A.20) 
RB3  =1- (WBP3/ WBR3) (A.21) 
(3) Mass balance on flows 
QFI+ Qp2= QP1+ QRI (A.22) 
QR1+ QP3= QP2+ QR2 (A.23) 
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QR2+ QP4= QP3+ QR3 
(4) First stage mass balance on species A and B 
QF1*WAFI + QP2.WAP2= QP1 'WAP 1 + QR 1 .WAR1 
QF1'WBF1 + QP2'1ATBP2= QP1.WBP1 + QR1'WBRI 
(5) Second stage mass balance on species A and B 
QR1.WARI + QP3'WAP3= QP2*WAP2 + QR2'WAR2 
QR1'WBR1 + QP3'WBP3= QP2'WBP2 ± QR2"WBR2 
(6) Third stage mass balance on species A and B 
QR2.WAR2 + QP4:WAP4= QP3'WAP3 + QR3'WAR3 
QR2.WBR2 4" QP4'WBP4= QP3'WBP3 + QR3'WBR3 
(A.24) 
(A.25)  
(A.26)  
(A.27)  
(A.28)  
(A.29)  
(A.30)  
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Appendix B 
Alternative configurations for OSN membrane cascade 
Outline 
This appendix provides alternative configurations for OSN membrane cascade. As there 
are several configurations for a membrane cascade as introduced in the Chapter 2, the 
author was inspired and would like to develop variant configurations the OSN 
membrane cascade for extending the applications in the chemical industries. However, 
due to the great diversity of configurations and the broad extent applications, it is not 
possible to experimentally investigate all of them and survey the key operation 
parameters (e.g. flowrate directions of feed and diafiltration solvent) in the limit time. 
As a result, parts of the proposed configurations were experimentally tested, while parts 
of them were only carried out by process modelling on MS Excel SolverTm, as the 
methodology for system performances simulations in the Chapter 3. 
B.1 Introduction 
Configurations of a membrane cascade can be distinguished depend on: (1) the number 
of feed point, and their locations; (2) the flow patterns if more than one stream being 
injected; (3) 
A. Single feed system 
1. feed to head (the first stage) 
2. feed to middle (the second stage) 
3. feed to tail (the last stage) 
B. Double feed system 
♦ Cross-current diafiltration (as shown on Figure 2.24) 
♦ Counter-current diafiltration (as shown on Figure 2.23) 
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In addition, single feed in a three-stage OSN cascade can be distinguished as 
1. feed to head (the first stage) 
2. feed to middle (the second stage) 
3. feed to tail (the last stage) 
Cruz et al. (2005) applied finite volume method to separation process, e.g. adsorption, 
absorption and permeation. Comparing with successive stages method (or mixed cells in 
series model, or cascade of perfectly mixed tanks), the finite volume method are able to 
interpret different configurations of membrane cascade: 
• Cocurrent flow without recycle 
• Cocurrent flow with recycle/purge 
• Countercurrent flow without recycle 
B.3.2 Simulation results 
Process aspects of multistage countercurrecnt and crosscurrent diafiltration were 
introduced by P. Aimar11561. Although the book section are for porous membrane 
(microfiltration and ultrafiltration), some points were found very useful to design and 
operate multistage diafiltration schemes. 
The experimental data of model mixture 1 using STARMEM 228 membranes are shown 
on Table B.1. The effects of changing parameters, such as permeate flowrate and 
rejections, in this configuration also simulated and shown on the same table. Comparing 
the Simulation 3, 5, 6, and 7 on Table 1, the effects of reducing feed flowrate on yields 
and impurity level can be seen. Although the impurity level are enriched from 15.87% 
to 165.6% and the yield of product increased from 68.15% to 96.95%, it is not really 
happened in practical as the low feed flowrate may not supply enough power to the 
system desired pressure, say 30 bar. Simulation 9 predicted the performance in this 
configuration by using the model mixture 2, where shows the yield (73.88%) is 
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improved compared to the same condition of the model mixture 1 (Simulation 8, 
Figure B.1 Schematics of different feed points in a total-recycling three-stage OSN 
membrane cascade 
B.4 Alternative purification schemes of three-stage OSN cascade 
In addition to above subsequent permeating scheme, other configurations in the 
three-stage cascade are interested to be visited and seen the performances. These 
configurations, e.g. different feed point and cross- and counter-current cascade, are then 
investigated and compared by simulations based on experimental data obtained from 
previous experiments. 
B.4.1 Permeate recycling scheme with different feed point 
Based on the results of previous experiments, performances of three-stage cascade can 
therefore be simulated. The simulation results are shown in Table B.1, and compared 
with the experimental data. The first simulations in all tables used the rejections and 
permeate flowrates available from single-stage testing (i.e. Rm= 80.0%, RBI= 100%, 
Qpi= 1.56 ml•min1), while the second simulations were adjusted the permeate flowrates 
from experimental data, and kept the rejections from single-stage testing. The third and 
forth simulations are assumed using a smaller molecule as a model API product, which 
rejections are only 20% or 0 %. 
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B.4.2 Counter-current daifiltration scheme 
The counter-current daifiltration is exactly the same configuration as our previous 
solvent exchange scheme, as shown on Figure B.3. The simulation results are shown on 
Table B.3. 
B.4.3 Cross-current diafiltration scheme 
This configuration is a cascading single-stage continuous diafiltration, as shown on 
Figure B.4. Opposite to the counter-current diafiltration scheme, this configuration can 
be regards as a cross-current diafiltration scheme. Simulation results are shown on 
Table B.4. 
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Table B.1 Comparison simulation results and experimental data of a three-stage OSN cascade, feed to the 1st stage with permeate recycling scheme 
Parameters Variables Impurity 
level in 
QR3 
Total 
yield of 
A QFI CAFI CBFI QPI QP2 QP3 RAi RBI QR3 CAP1 CBPI CAP2 CBP2 CAP3 CBP3 
Unit ml-min-I mg-L-1  mg-L-1  mg•L'1 ml-min-1  ml-min1 % % ml-min4 mg-L-1  mg-L-1  mg-L-1  mg-L-1  mg-L-1  mg-L-1  % % 
Experimental 
data 5.63 628.83 51.10 1.88 1.89 1.71 
83.9, 
87.4, 
89.9 
99.7, 
99.1, 
100 
3.89 306.64 0.27 360.94 0.71 212.85 0 7.13 10.06 
Simulation 1.* 5.63 628.83 51.10 1.56 1.56 1.56 80 100 4.24 120.18 0 121.98 0 155.42 0 8.73 5.38 
Simulation 2.*  5.63 628.83 51.10 1.88 1.89 1.71 80 100 3.92 120.27 0 125.77 0 166.13 0 8.84 6.49 
Simulation I used feed flowrate and concentrations from the three-stage experimenta data, whi e rejections and each permeate flowrates are obtained from the single stage 
Parameters in Simulation 2, except of rejections from the single stage testing, are all based on the three-stage experimental data 
Table B.2 Comparison simulation results and experimental data of a three-stage OSN cascade, feed to the 2nd  stage with permeate recycling scheme 
Parameters Variables Impurity 
level in 
QR3  
Total 
yield of 
A QFI CAF1 CBFI QPI QP2 QP3 RA, RBI QR3 CAN CBPI CAP2 CBP2 CAPS CBP3 
Unit ml-min-1  mg-L-1  mg-L4 mg-1:1  ml-min-1  ml•min-1  % % ml-min-1  mg-1:4 mg-I:1 mg-I:1 mg-L-1  mg-L-1  mg-L-1  % % 
Experimental 
data 5.91 937.6 35.6 1.58 1.64 1.39 
93.5, 
86.4, 
93.4 
99.9, 
95.2, 
99.9 
3.89 306.64 0.27 360.94 0.71 212.85 0 7.13 10.06 
Simulation 1." 5.91 937.6 35.6 1.56 1.56 1.56 80 100 4.24 120.18 0 121.98 0 155.42 0 8.73 5.38 
Simulation 2.*  5.91 937.6 35.6 1.58 1.64 1.39 80 100 3.92 120.27 0 125.77 0 166.13 0 8.84 6.49 
Simulation 1 used feed flowrate and concentrations from the three-stage experimental data, while rejections and each permeate flowrates are obtained from the sing e stage 
*Parameters in Simulation 2, except of rejections from the single stage testing, are all based on the three-stage experimental data 
Calculated based on average permeate flowrate 
Table B.3 Comparison simulation results and experimental data of a three-stage OSN cascade, feed to the 3rd stage with permeate recycling scheme 
Parameters Variables Impurity 
level in 
QR3 
Total 
yield of 
A QFI CAF1 CBFI QPI QP2 QP3 RAi R131 QR3 CAP1 CBP1 CAP2 CBP2 CAP3 CBP3 
Unit ml-min-1  mg-L-1  mg-L-1  mg-L-1  ml•min-1  ml•min-1  % % ml-min-1  mg-l:' mg-L-' mg.E1 mg-L-1  mg-LI mg-U' % % 
Simulation 1.4 5.63 950 50 1.56 1.56 1.56 80 100 4.44 239.9 0 239.9 0 239.9 0 5.63 6.57 
Simulation 1 used feed flowrate and concentrations based on the three-stage experimental data, while rejections and each permeate flowrates are obtained from the single stage 
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• 
HPLC pump-I 
Table B.4 Comparison simulation results and experimental data of a three-stage cross-current OSN cascade, subsequent continuous daifiltration 
scheme 
Parameters Variables Impurit 
y level 
in QR3 
Yield 	of 	A 	in 
permeates Total 
yield of 
A QFI CAFI CBFI QDI 
QPI 
QD2, 
QP2 
QD3, 
QP3 
RAJ, 
==1 i1..... 
RB,  
.... i 	
.3 	3 
r, 
'1123 
r.. 
s-•API CBPI CAP2 CBP2 CAP3 CBP3 QPI QP2 Q p3 
Unit ml•rnin" , _, mg•L mg.L.- , mg.I.: , ml-min' 1 ml-min" 1 % % ml•initi mg.1.-1  mg1:1  mg•L-I  mg.1:1 -1  mg-L mg.L.-1  % % % % % 
Simulation 1.* 	6 950 50 1.5 	, 1.5 1.5 80 100 6 180.95 0 172.34 0 164.13 0 6.09 4.76 4.76 4.76 13.62 
Simulation 2.' 	6 950 50 1.5 1.5 1.5 12.4 99.2 6 682.7 0.399 560.0 0.398 459.4 0.397 9.48 17.97 17.97 17.97 44.79 
three-stage data 
+ Simulation 2 used rejections from the m1)&1 mixture 2 in single stage (STARMEM 240) 
Fresh solvent adding 
001, 
CApi=0, 
CBFI=O 
Fresh solvent adding  Fresh solvent adding 
QD2, 	 003, 
CAp2=0, CAp3=0, 
CBF2=O 	 CBF3.0 
QFI 
Feed CAN 
HPLC pump-2 
Flowthrough stirred 
membrane cell 1 
• 4.R41, RBI 
OP1 
CAN  
Cspi  
Permeate 1 
HPLC pump-3 
Poll through stirred 
membrane cell-2 
• •''. 
• • Rv, Re2 
CAR2 
CBP2 
Permeate 2 
HPLC pump-4 
Flowthrough stirred 
membrane 
.."R., R. 
QP3 
Cpp3 
CBP3 
Permeate 3 
Retentate 
QR3 
CARS 
CBR3 
Figure B.2 Subsequent continuous daifiltration (cascading CD) in a three-stage cross-current OSN cascade 
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Table B.5 Comparison simulation results and experimental data of a three-stage OSN cascade, counter-current daifiltration scheme 
Parameters Variables ImpurityYield 
level in 
n 
,411.3 
of A in permeates Total 
yield of 
A QF1 CAFI CBFI QPI QP2 QP3 QD3 
RA,, 
i=1-3 
RBI 
i=1-3  Q123 CApI CB1,1 CAP2 CBP2 CAP3 CBP3 QP1 Qp2 QP3 
Unit mlmin-1  mg-L-I mg.1:1 mg.1:1 mlmin-I ml-min-1  ml-min-1  % % ml-min-I mg-1...4 mg-1.:' mg-1.4 mg-1:1 mg-1.:1 mg-U' % % % % % 
Simulation 1. 6 950 50 1.5 1.5 1.5 6 12.4* 99.2+ 10.5 814.8 0.4 735.6 0.4 373.6 0.23 5.26 5.72 0.63 0.20 12.37 
Simulation 2. 6 950 50 1.5 1.5 1.5 4.5 12.4 99.2 9 817.2 0.4 748.6 0.4 435.5 0.4 4.51 5.73 0.64 0.27 13.02 
Simulation 3. 6 950 50 1.5 1.5 1.5 1.5 12.4 99.2 6 825.4 0.4 794.1 0.4 651.4 0.4 3.01 5.79 0.67 0.57 15.93 
All rejections are used from the m()J.,:l misrule 2 in sing e stage (STARMEM 240), effects of different adding solvent flowrate of the last stage are investigated here 
Fresh solvent adding 
HPLC pump-I 
C1F-1 
Feed CAF,  
CBF1 
0133, 
CAp3=0, 
CBF3.0 
Permeate ¢2 recycling 
4 	4 
HPLC pump-2 
Flowthrough sib red 
membrane cell 1  
• 
0°  RA1, R81 
Permeate 3 recycling 
HPLC pump-3 
Ehbythrough stirred 
niembrane cell-2 
1 
..•••• 
• .RA2, RE, 
QP1 	 Qp2 
CAp1 CAP2 
Flo ethrough stirred 
membrane cell-3 
,,•* %3, R83  
Qp3 
CAP3 
HPLC pump-4 
(Waste stream) 
QR3 
CAB3 
CBR3 
	 10.  Retentate 
CBP1 	 CBp2 	 CBp3 
Permeate 1 	Permeate 2 	Permeate 3 
(Product stream) 
Figure B.3 Counter-current three-stage cascade daifiltration (similar to solvent exchange scheme 
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Appendix C 
Recovering monomers from polymer mixtures via 
OSN cascade 
Outline 
This appendix is an uncompleted work developing an OSN membrane cascade for the 
application of recovering monomers from polymerization reaction mixtures. As styrene 
monomers are important raw materials in many reactions, it is very important to recover 
them in petrochemical and fine chemical industries. However, there is not enough data 
to elucidate the all the configurations proposed here. Part of presented experimental data 
and simulation results could offer further study on this application in the future. 
C.1 Background 
C.1.1 Introduction 
The recovery of monomers from polymer mixtures is a critical issue in fine chemical, 
petrochemical and pharmaceutical manufacturing as both of them have similar physical 
and chemical properties. Although traditional chromatographic methods can separate 
them, it generally entails significant cost and yield penalty in process scale-up. 
Polystyrene is the forth largest thermoplastic by production volume and is also one of 
the most common plastics used in our daily life. It is generally made from its monomer 
are by repeated polycondensation (Dow process). However, unreacted styrene 
monomers present in product stream with low molecular weight of polymer in the 
toluene, benzene and ethylbenzene mixtures. Conventional vaccum distillation is used 
as a recovery unit after production, but the separation is difficult due to the similar 
boiling points of styrene(145 —146°C) and ethylbenzene. (136°C). 
Styrene monomer is a valued raw material for many other basic plastic and rubber 
products, such as acrylonitrile butadiene styrene (ABS), expandable polystyrene (EPS), 
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styrene butadiene rubber (SBS), styrene-acrylonitrile, unsaturated polyester resins, and 
styrene butadiene latices. Ethylbenzene is converted to styrene monomer by 
dehydrogenation. Therefore, the purification and recycling of styrene monomers is an 
important issue either from an economic or an environmental point of view. As heat will 
begin polymerization of styrene, an athermal purification process, such as a membrane 
process, is suitable for recycling styrene monomer from mixtures. 
For gaseous monomer purification and recycling, thin-film composite membranes have 
been used in the vent of polyolefin plants[200, 201]. Beerlager821 have used separate 
polystyrene by polyimide ultrafiltration membranes, but their purpose is to characterize 
pore size distribution and investigate flow-induced deformation in ethyl acetate. Wan et 
al.(2005) also used three kinds of ultrafiltration membranes (i.e. 100 kDa and 300 kDa 
PES membranes, and 100 kDa PVDF membrane) to separate monoclonal antibody 
alemtuzumab monomer and dimer (including other higher order oligomers are all called 
as 'dimer' in their report). However, membrane processes applied to liquid monomers 
purification and recycling, especially in organic solvents, is still in its infancy. 
Organic solvent nanofiltration (OSN) membranes are recently commercial available 
materials which allow separations at around nanometer scale in organic solvents. OSN 
membranes have been successfully applied to different fields, such as refining[l • 21, 
organometallic catalysts recycling[4, 2°2],  chiral compound separation and solvent 
exchangeI51. One potential application is to separate monomers from polymer mixtures. 
This study proposes an OSN membrane cascade to demonstrate this application, and aims 
to meet practical needs, in terms of high throughput, good scalability and lower yield 
penalty, by testing performances of various schemes. Objectives in this study include: 
• Demonstrate the feasibility of OSN on an membrane cascade in monomer and dimer 
separation. 
• Testing different configuration of the cascade to optimize process performance. 
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• Investigate key parameters, e.g. feed point and different cut-off of membranes 
(rejection). 
• Comparing with discontinous and continous diafiltration. 
Two parts will be included in this paper. The first part is experimentally tests the 
feasibility of purification of monomer from dimer via an OSN cascade. Different 
cascade configurations are tested in this stage. The second part is comparing the results 
with diafiltration. 
C.2 Methodology 
C.2.1 Apparatus 
A three-stage membrane cascade was set up for this study, consisting of a series of 
cross-flow stirred cells. Each cell holds a flat sheet membrane with an effective area of 
51 cm2. A feed stream comprising monomer and dimer mixtures stream was fed into the 
cascade by a high pressure liquid chromatography (HPLC) pump, i.e. Gilson 302 or 307. 
The system pressure was controlled by a pressure release valve in the end retentate 
stream. Individual temperature and pressure of each cell are monitored by pressure 
gauges and temperature controllers. A METcell, a dead-end membrane cell supplied by 
Membrane Extraction Technology Ltd. (UK), was used in preliminarily work to 
determine the best experimental conditions. This cell had the same membrane area as 
above cross-flow stirred membrane cell, and was tested in diafiltration mode. Then, the 
same conditions was investigated further in the cross-flow cascade. 
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Figure C.1 (a) Initial configuration of a three-stage membrane cascade for 
monomer purification; (b) Modified configuration 
C.2.2 Materials and chemicals 
Two commercially available solvent stable membranes were used in this study: 
STARMEMTm 120 and 122 from Davison Membranes (Littleton, CO, USA), polyimide 
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membranes with nominal MWCO of 200 and 220 g•mori respectively). Styrene 
monomer 	(a-methylstyrene, 	Mw=118.18 	g•mol- I ) 	and 	styrene 	dimer 
(2,4-dipheny1-4-methyl-1-butane, Mw=236.36 g•mol-1) obtained from Sigma-Aldrich 
UK are used in this study. Their boiling points for monomer and dimer are 165.4°C 
(164-168°C) and 161°C, respectively. 
C.2.3 Experimental procedures 
A mixture of monomer and dimer can be fed into each stage of the system. There are 
similar schemes used in gas separation, i.e. stripping and enriching secession. This 
study will be conducted to test to feed in the middle and one way for stripping 
(purification) microsolutes while another way for (concentration) macrosolutes. In 
addition to feed point selection, membrane rejection will be tested since each section 
can be optimized with proper OSN membranes either for the purpose of purification or 
concentration. 
In general, standard polystyrene contains 400 to 1,000 ppm styrene monomers, 400 to 
1,000 styrene dimmers and 2,500 to 8,000 styrene timers. The mixture of styrene needs 
to be separated for product purification and raw material recycling. A two-way 
separation scheme in OSN membrane cascade is proposed to test in this case. The 
mixture is fed in the middle stage, while one way is used as a stripping section and the 
other way is used as an enriching section. 
C.2.4 Analytical method 
Concentrations of styrene monomer and dimer were analysed by using a gas 
chromatograph fitted with a flame ionisation detector (Agilent 6850). As shown in 
Table C.1, Figure C.2 and C.3, calibration curves were done to cover full range of 
monomer and dimer mixtures. The best analytic conditions on GC-FID were gained by 
tri-and-error, as shown on Table C.2. 
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Table C.1 Standard monomer (SM), dimer (SD) in toluene make-up concentrations 
omponents 
Sample 
Styrene 
monomer 
[g/1-] 
Styrene 
dimer 
[g/L] 
Toluene 
[ml] 
Styrene 
monomer 
[wt.%] 
Styrene 
dimer 
[wt.%] 
Toluene 
[wt.%] 
1.  9.07 1.11 10 10.39 1.27 88.34 
2.  7.88 2.23 10 9.00 2.54 88.45 
3.  6.92 3.10 10 7.89 3.53 88.58 
4.  6.03 4.04 10 6.89 4.62 88.49 
5.  5.56 5.09 5 6.28 5.76 87.96 
6.  4.02 6.06 10 4.56 6.88 88.56 
7.  3.10 7.08 10 3.52 8.05 88.43 
8.  1.89 8.17 10 2.14 9.24 88.62 
9.  1.06 9.00 10 1.20 10.23 88.56 
10.  12.85 0.31 5 14.58 0.35 85.07 
Table C.2 GC-FID condition 
Temp. raising rate[°C•min-l] Next temp.[T] Hold temp.[T] Run time[min] 
Initial 90 4.0 4.00 
Ramp 1. 25.0 163 0.0 6.92 
Ramp 2. 35.0 200 0.0 7.98 
Ramp 3. 15.0 265 1.0 13.3 
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Figure C.2 Calibration curve of a-methylstyrene monomer (SM) in toluene 
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Figure C.3 Calibration curve of a-methylstyrene dimer (SD) in toluene 
C.3 Results and discussion 
Initial results have been tested by STARMEMTm 120 in a METce// at different pressure. 
Nair[2°31 has reported the best testing condition for METcell is STARMEMTm 122 at 60 
bar, and a permeate of 99.2 wt.% monomer was obtained after 500 ml had been 
processed. The feed stream he used was 95/5 wt.% monomer/dimer. 
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The monomer purification experiment in a three-stage membrane cascade was initially 
tested as a configuration shown on Figure C.3(a). The same membrane were used, i.e. 
STARMEMTM 122, however system pressure was controlled at 30 bar. The results of 
initial configuration (Figure C.3(a)) were shown on Table C.3. The feed concentration 
of monomers and dimers are 10.8 wt.% and 0.46 wt.% respectively. Mass balance and 
flux (or flowrate) measurements were summarized in Table C.4. It was not surprised 
that both monomer and dimer concentration in permeate 2 &3 were higher than 
permeate 1. This was due to the permeate 3 being internal recycled to cell 2. 
Table C.3 Monomer and dimer rejections in METcell -.. 	 
Ted Its ee~itinn~ Flux [1,m-2.h-'] Rejection [%] Mass balance [Vol 
Pressure 
[bar] 
Membrane pre-conditional mixture monomer dimer monomer dimer 
30 STARMEM 120 43.7 32.2 0.3 53.6 99.0 103.1 
40 STARMEM 120 49.6 47.5 2.2 59.4 92.4 87.7 
60 STARMEM 120 45.8 23.3 3.7 73.7 94.8 92.1 
30 STARMEM 122 108.1 93.4 1.7 20.6 93.0 89.0 
60 STARMEM 122 N/A 48.3 33.9 77.6 100.0 100.0 
Table C.4 Initial concentration results of monomer purification in a three-stage cascade 
Permeate 1 Permeate 2 Permeate 3 Retentate 
First sampling 
(at around 20 min) 
M: 1.01 wt.% 
D: 0.02 wt.% 
M: 6.25 wt.% 
D: 0.15 wt.% 
M: 9.97 wt.% 
D: 0.25 wt.% 
M:9.31 wt.% 
D: 0.52 wt.% 
Second sampling 
(at around 40 min) 
M: 3.04 wt.% 
D: 0.06 wt.% 
M: 7.92 wt.% 
D: 0.25 wt.% 
M:10.8 wt.% 
D: 0.28 wt. %o 
M:11.1 wt.% 
D: 0.61 wt.% 
Inside each cell 
after filtration 
M: 5.24 wt.% 
D: 0.37 wt.% 
M: 9.08 wt.% 
D: 0.46 wt.% 
M: 10.6 wt.% 
D: 0.61 wt.% 
Note: M= a-methylstyrene monomer (Cm.; or CARS, where 2, c. 3). D= a-methylstyrene dimer (CBpi or CBR3). 
Table C.5 Flowrate and flux results of monomer purification in a three-stage cascade 
NNNN, Feed Permeate 1 Permeate 2 Permeate 3 Retentate Mass balance 
Total 
volume 
495.5 ml 180 ml 242 ml 6 ml 48 ml 104.1% 
Flow or 
flowrate 
62 [Inl'illini:L 8.0 [ml-min ], 
9.1 [ml-min 1], 
Total =8.8 
36.8 [Lm-2.11-1], 
36 0 [Lm-2.h-I ], ' 34.9 [Lm-2.111]. 
73.5 [Lm-2.h-1], 
63.0 [Lm-2.11-1], 
57.9 [Lem-2.11-1]. 
47.1 Rern-2.h-1], 
46.4 [L.m-2.11-11, 
45.2 [1,-m-2•11-1]. 
, 	,03; 	. , 
Lim.nhn II 
Note: Total volume includes sampling volume 
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Appendix D. 
Deficiencies of polymeric OSN membranes 
Two photos taken in the laboratory shows the importance to make QUALIY and 
RELIABLE OSN membranes, and then we are able to use them to develop more 
applications! 
Ideally the OSN membrane should be deficient-free and solvent sable, which means no 
swelling, with sharp pore size distributions. 
Figure D.1 Deficiencies found on commercial STARMEM 240 
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